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Abstract

 

Developments in the field of liquid detergents and cosmetics have increased the demand for 

surfactants, processing aids and emollients. Alcohols are often used in liquid products where 

they serve as solvents for the detergent ingredients, adjust the viscosity and prevent product 

separation. Industrial scale oxygenation of the alkane to the alcohol is often incomplete, resulting 

in a significant amount of residual alkane. Application of these alcohols often requires a low 

residual alkane content and a post-production separation process is thus required. 

Traditional separation methods such as distillation and crystallisation are not technically viable 

as crossover melting and boiling points prevent the successful implementation of such processes 

and it is envisaged to use supercritical extraction to separate a mixture of n-alkanes and 1-

alcohols. 

The project scope revolves around a product stream consisting of detergent range alcohols and 

corresponding n-alkanes that need to be separated. To model such a system, a typical detergent 

range alkane – alcohol feed with an average of 13 carbon atoms was selected, although a large 

number of the molecules have between 12 and 14 carbon atoms each.  

Generally the presence of the hydroxyl group as well as an increase in the number of carbon 

atoms decreases the solubility in supercritical solvents [17]-[19]. The most difficult separation 

will therefore be that of the alcohol with the least number of carbon atoms, that is 1-dodecanol 

(alcohol with 12 carbon atoms, CH3-(CH2)9-CH2-OH ) and the alkane with the most number of 

carbon atoms, that is n-tetradecane (alkane with 14 carbon atoms, CH3-(CH2)12-CH3 ). To model 

the system, it is assumed that the hydrocarbon backbone is linear and the alcohol is primary. 

Therefore 1-dodecanol and n-tetradecane are used. If it is possible to separate 1-dodecanol and n-

tetradecane with the use of supercritical fluids, it should be possible to separate an industrial 

mixture.  

The deliverables of this study are: a comparison of the high pressure solubility of n-tetradecane 

and 1-dodecanol with a selection of possible solvents; a selection of potential solvents to be 

tested on a pilot plant to confirm practical separation.  
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From the literature and measured phase equilibria, all three solvents (carbon dioxide, ethane and 

propane) have the ability to distinguish (based on a difference in the pressure required for 

solubility) between 1-dodecanol and n-tetradecane. Both carbon dioxide and ethane have 

favourable temperature considerations. Propane has superior solubility of n-tetradecane and 1-

dodecanol. Carbon dioxide demonstrates the highest selectivity.  

 

Pilot plant experiments have shown that both carbon dioxide and ethane have the ability to 

separate a 50-50% (mass percentage) mixture of 1-dodecanol and n-tetradecane. Both solvents 

perform at their best at low temperatures. Carbon dioxide shows the best results at low 

temperature and conditions of reflux. The highlight of pilot plant experiments with supercritical 

carbon dioxide is achieving a selectivity of 16.4 with the mass percentage of n-tetradecane at 5% 

and 82% for the bottoms and overheads product respectively. Very good separation is achieved 

using supercritical ethane as solvent even without reflux. Attention is drawn to pilot plant 

experiments where the selectivity is as high as 82 with the mass percentage of n-tetradecane in 

the bottoms and overheads product at 1% and 82% respectively.  

It is recommended to measure ternary phase equilibria for the system n-tetradecane, 1-dodecanol 

and carbon dioxide/ethane to establish the interaction between n-tetradecane and 1-dodecanol. 

The measured binary phase equilibrium data need to be expanded to include the vapour mass 

fraction composition in the isothermal solubility data.  
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Opsomming

 

Die ontwikkeling van vloeibare wasmiddels het bygedra to ‘n verhoogde aanvraag na 

oppervlakmiddels, vloeistofaanvullings en stabiliseerders. Alkohole word dikwels gebruik in 

vloeistowwe waar dit aangewend word as oplosmiddels, vir die aanpassing van die mengsel se 

viskositeit en om te verhoed dat verskillende bestanddele van mekaar skei. Tydens die 

vervaardiging van liniêre 1-alkohole, is die eindproduk dikwels ‘n ongewensde mengsel van 1-

alkohole en korresponderende n-alkane. Die toepassing van hierdie liniêre 1-alkohole vereis 

dikwels ‘n hoë suiwerheid en ‘n skeidingsmetode word benodig om die verlangde suiwerheid te 

bewerkstellig. 

Tradisionele skeidingsmetodes soos distillasie en kristallisasie is nie die aangewese metode vir 

hierdie toepassing nie, aangesien daar ‘n oorvleueling van smelt- en kookpunte is. Superkritiese 

ekstraksie word as alternatiewe skeidingmetode veronderstel om skeiding van n-alkane en 1-

alkohole te bewerkstellig.  

Die omvang van hierdie projek is gebaseer op ‘n bestaande produkstroom wat ‘n mengsel van n-

alkane en 1-alkohole in ‘n tipiese wasmiddel kettinglengte verspreiding. Om so ‘n sisteem voor 

te stel, is ‘n tipiese wasmiddel kettinglengte verspreiding alkaan – alkohol voer met ‘n 

gemiddelde kettinglengte van 13 koolstof atome gekies, alhoewel baie molekules 12 en 14 

koolstof atome het.   

Die teenwoordigheid van ‘n hidroksielgroep en ‘n verhoging in die hoeveelheid koolstofatome 

veroorsaak gewoonlik ‘n verlaagde oplosbaarheid in die superkritiese oplosmiddel [17]-[19]. Die 

moeilikste skeiding sal dus wees tussen die alkohol met die kleinste hoeveelheid koolstof atome, 

1-dodekanol (alkohol met 12 koolstofatome, CH3-(CH2)9-CH2-OH), en die alkaan met die 

meeste koolstof atome, n-tetradekaan (alkaan met 14 koolstofatome, CH3-(CH2)12-CH3). Dit 

word aanvaar dat die koolwaterstof ruggraat liniêr is en dat die alkohol primêr van aard is. As die 

skeiding tussen 1-dodekanol and n-tetradekaan moontlik is, sal ‘n industriële mengsel van 

wasmiddel kettinglengte verspreiding van alkane en alkohole ook moontlik wees.  
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Die uitkomste van hierdie studie is: ‘n vergelyking van die hoë druk oplosbaarheid van n-

tetradekaan en 1-dodekanol in ‘n verskeidenheid oplosmiddels; asook ‘n seleksie van potensiële 

oplosmiddels wat getoets moet word op ‘n loods-aanleg om praktiese skeiding te bevestig.  

Na aanleiding van die data wat gemeet is sowel as die fase-ewewig data voorgestel in die 

literatuur, is dit duidelik dat koolstofdioksied, etaan en propaan die vermoë beskik om tussen n-

tetradekaan en 1-dodekanol te onderskei. Beide koolstofdioksied en etaan toon gunstige 

temperatuur oorwegings. Propaan toon beter oplosbaarheid vergeleke met koolstofdioksied en 

etaan. Koolstofdioksied vertoon die hoogste selektiwiteit.  

 

Loods-aanleg eksperimente het gewys dat beide koolstofdioksied en etaan die vermoë het om ‘n 

50-50% (massa persentasie) mengsel van n-tetradekaan en 1-dodekanol te skei. Beide 

oplosmiddels toon die beste resultate teen ‘n lae temperatuur. Koolstofdioksied vertoon die beste 

resultate by ‘n lae temperatuur en met terugvloei. Die hoogtepunt van die loods-aanleg 

eksperimente met superkritiese koolstofdioksied is ‘n selektiwiteit van 16.4 met die massa 

persentasie n-tetradekaan onderskeidelik 5% en 82% in bodem en oorhoofse produk. Etaan wys 

baie goeie skeiding selfs sonder terugvloei. ‘n Selektiwiteit so hoog as 82 is verkry met die 

massa persentasie n-tetradekaan onderskeidelik 1% en 82% in bodems en oorhoofse produk. 

Dit word aanbeveel om ternêre fase-ewewigsdata te meet vir die sisteme n-tetradekaan, 1-

dodekanol met koolstofdioksied en etaan om die interaksie tussen n-tetradekaan, 1-dodekanol te 

bepaal. Die gemete fase-ewewigsdata moet verder uitgebrei word om die dampfase fraksie van 

die fase-ewewigsdata te kwantifiseer.  
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Glossary 

 

Mixture critical pressure/point 

The maximum pressure (lowest solubility point) in an isothermal binary phase 

equilibrium data set  

Mixture critical region 

 The mass fraction range in the region of the mixture critical pressure  

Relative solubility 

A mathematical relationship between the vapour and liquid phase solubility of two 

components in the same solvent   

Solvent 

 The substance that solubilise the solute 

Supercritical 

 A substance above its critical pressure and critical temperature 

Supercritical Fluid 

 A solvent in a supercritical state 

Supercritical Fluid Extraction 

 An extraction process that utilise a supercritical solvent to achieve extraction/ separation 

Solubilise/Solvate 

 The action/event of a solute becoming soluble in a solvent 

Solubility 
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The pressure required to attain a single phase from a solute-solvent mixture at a specific 

pressure, temperature and mass fraction of solute. 

Selectivity  

 The preferential solubility of one solute above another solute in a solvent 
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1 Introduction  

 

1.1 Background 

Developments in the field of liquid detergents and cosmetics have increased the demand for 

surfactants, processing aids and emollients. Surfactants or surface-active agents improve the 

wetting ability of water, loosen and remove dirt with the aid of wash action and emulsify, 

solubilise and/or suspend impurities in the wash solution. Processing aids provide the product 

with the required physical properties for its intended use. Alcohols are often used in liquid 

products where they serve as solvents for the detergent ingredients, adjust the viscosity and 

prevent product separation. Emollients are substances that soften and sooth the skin and 

provide lubrication. Lauryl-alcohol (1-dodecanol) and myristyl-alcohol (1-tetradecanol) are 

often used as emollients and surfactants in cosmetics [1].  

Historically, saturated alcohols arose from natural sources by the saponification of waxes or 

the reduction of long chain acids derived from natural oil and fats. Recent improvements in 

production methods include [2]: 

• the oxo-process from hydroformylation; 

• paraffin oxidation; 

• hydrogenation of long chain aldehydes, esters and carboxylic acids; 

• natural sources;  

• the Ziegler process.  

Saturated alcohols with between approximately 8 and 20 hydrocarbon atoms (particularly 

those with 12 to 14 carbon atoms) are often used in the production of detergents, either 

directly as an alcohol or after ethoxylation as an alcohol ethoxylate [3]-[6]. These alcohols 

are often produced by oxygenating alkanes, or rather a mixture of alkanes, with air or oxygen 

in the presence of a catalyst such as boric acid [7], [8]. Equation 1-1 gives the alcohol 

ethoxylation reaction from a linear alcohol [2]. 

Equation 1-1 Alchohol ethoxylation reaction from a linear alcohol 

R-OH + m (ethylene oxide) → R-(O-CH2-CH2)m-OH 
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Industrial scale oxygenation of the alkane to the alcohol is often incomplete, resulting in 

significant amounts of residual alkane. Application of these alcohols often requires a low 

residual alkane content and a post-production separation process is thus required.  

Typically, the oxygenation process results in a product stream with a distribution of both 

alkanes and alcohols around the mean hydrocarbon backbone. A separation technique is 

required that is able to distinguish between the alkane and the alcohol fraction in this product 

stream. The separation technique should be more sensitive to the hydroxyl end group (that is 

the difference between the alkane and alcohol) and less sensitive to the length of the 

hydrocarbon backbone. Table 1-1 shows the melting points and normal boiling points of the 

compounds being considered. Although a difference in melting and boiling point is seen 

between the alkane and the alcohol, both the melting and boiling points are just as sensitive to 

the hydrocarbon backbone.  

Table 1-1:  Physical properties of detergent range alkanes and alcohols [9], [10] 

Compound Melting Point [K] Normal Boiling Point [K]

n-Decane (C10 alkane) 243 447

n-Dodecane (C12 alkane) 264 489

n-Tetradecane (C14 alkane) 279 526

n-Hexadecane (C16 alkane) 291 560

1-Decanol (C10 1-alcohol) 280 504

1-Dodecanol (C12 1-alcohol) 297 532

1-Tetradecanol (C14 1-alcohol) 313 562

1-Hexadecanol (C16 1-alcohol) 322 607  

Traditional separation methods such as distillation and crystallisation are thus not technically 

viable as crossover melting and boiling points prevent the successful implementation of such 

processes. The melting point of n-tetradecane (279 K) is almost the same as the melting point 

of 1-decanol (280 K). Crystallisation at a temperature of approximately 280 K should achieve 

a separation into an alcohol rich stream (1-hexadecanol, 1-tetradecanol, 1-dodecanol and n-

hexadecane) and an alkane rich stream (n-hexadecane, n-tetradecane, n-dodecane, n-decane 

and 1-dodecanol) with a poor selection between 1-decanol and n-tetradecane. The normal 

boiling point of n-tetradecane (526 K) is similar to the normal boiling point of 1-dodecanol 

(532 K). Distillation at a temperature of approximately 528 K should achieve a separation 

into an alkane rich stream (comprising 1-decanol, n-tetradecane, n-dodecane and n-decane) 

and an alcohol rich stream (comprising primarily out of n-hexadecane, 1-dodecanol, 1-

tetradecanol and 1-hexadecanol) with a poor selection between n-tetradecane and 1-
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dodecanol. The melting points of the compounds (Table 1-1) are fairly low (280 K) and 

would probably require cryogenic cooling when using crystallisation. The normal boiling 

points of the compounds (Table 1-1) is very high (528 K) and using distillation as a 

separation technique will require excessive energy for heating requirements to maintain such 

high temperatures. This project envisages separating the alkanes and alcohols using 

supercritical fluids.  

1.2 Supercritical fluid and extraction 

A supercritical fluid is any substance at a temperature and pressure above its thermodynamic 

critical point. The critical temperature is defined as the temperature above which a liquid-

vapour meniscus cannot be formed by changing the pressure at constant temperature. 

Similarly, the critical pressure is defined as the pressure above which a liquid-vapour 

meniscus cannot be formed by changing the temperature at constant pressure [11]. Figure 1-1 

illustrates the region of a supercritical fluid:     

TcTtp

Ptp

Pc

 

Figure 1-1:  Pressure temperature phase diagram, adapted from [12] 
 

Mathematically the critical point can be defined as the temperature and pressure where the 

following is true [11]: 
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Equation 1-2 
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Consider the pressure - specific volume diagram for propane shown in Figure 1-2.  

 

Figure 1-2:  Pressure-specific volume diagram for propane (logarithmic scale for both abscissa and 
ordinate) [13]  
 

Equation 1-2 describes where the gradient of the saturation curve (pressure versus specific 

volume) is zero. Equation 1-3 confirms that the calculated point where the gradient is zero 

on the saturation curve (as calculated by Equation 1-2) is not a local minimum or maximum 

but represents the mixture critical point. One can see that below the saturation curve, both the 

liquid and vapour phases are present. This area also shows the transition between saturated 

liquid (left hand side of saturation curve) and saturated vapour (right hand side of saturation 

curve). To the left of the saturated liquid line there is a region of compressed liquid and to the 



 

 

5

right of the saturation line is a region of superheated vapour. As the temperature increases, 

the specific volume values of the saturated liquid and saturated vapour become closer to one 

another. A point is reached where one can no longer distinguish between vapour and liquid. 

This point is deemed the critical point and occurs at a specific temperature and pressure (e.g. 

369.8 K and 42.5 bar respectively for propane). At temperatures and pressures above this 

point the fluid is classified as supercritical.     

Near the critical point, a small change in either temperature or pressure results in a large 

change in density. The variation in solvent strength of a supercritical fluid from liquid like to 

gas like values may be described qualitatively in terms of the density, ρ, or in terms of the 

solubility parameter, δ, (square root of the cohesive energy density). This parameter is shown 

in the Figure 1-3. 

 

Figure 1-3:  Solubility parameter of CO2 as a function of the pressure of the gas, liquid and supercritical 
states (squares: -30 oC; circles: 31 oC; triangles 70 oC) [10] 
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The solubility parameter (δ) is mathematically presented by the following [10]: 

Equation 1-3   
2

1

2

1

..







 +−−=






 −=
ν

ν
ν

δ PhTRhuu igig

 

With: 

u : internal energy 

v : molar volume 

h : enthalpy 

T : temperature 

R :ideal gas constant 

ig :ideal gas 

Above the critical temperature, it is possible to adjust the solubility parameter continuously 

over a wide range with either a small isobaric temperature change of a small isothermal 

pressure change. To optimise the properties of supercritical fluids, a process would ideally be 

operated at a solvent reduced temperature of 1 to 1.2 while the solute should be in the liquid 

phase (for pumping purposes), thus setting the minimum operating temperature just above the 

melting point of the compound. These constraints will govern the temperature range in which 

phase equilibria will be scrutinized.  

Only a single phase is present at supercritical conditions for a pure component. This fluid is 

neither a gas nor a liquid and is best described as intermediate between these two states. 

Supercritical fluid solubility behaviour approaches that of the liquid phase (high densities), 

while penetration into a solid matrix is facilitated by the gas-like transport properties (high 

diffusivities, low viscosities). Characteristic values for the gaseous, liquid, and supercritical 

state are listed in Table 1-2. In the supercritical state, liquid-like densities are approached, 

while viscosity is near that of normal gases, and diffusivity is about two orders of magnitude 

higher than in typical liquids. The phase behaviour of a supercritical fluid can be described as 

that of a very mobile liquid and consequently the rates of extraction and separation are 

significantly faster than conventional liquid-liquid extraction processes.  
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Table 1-2:  Characteristic values of gas, liquid and supercritical state [14]  

State of fluid Density [g/cm
3
] Diffusivity [cm

2
/s] Viscosity [g/cm.s]

P = 1 atm; T = 15 - 30 
o
C (0.6 - 2.0) x 10

-3
0.1 - 0.4 (0.6 - 2.0) x 10

-4

P = 1 atm; T = 15 - 30 
o
C 0.6 - 1.6 (0.2 - 2.0) x 10

-5
(0.2 - 3.0) x 10

-2

Pr = 1; Tr = 1 0.2 - 0.5 0.7 x 10
-3

(1 - 3) x 10
-4

Pr = 4; Tr = 1 0.4 - 0.9 0.2 x 10
-3

(3 - 9) x 10
-4

P = 90 atm; T = 35 
o
C 0.67 0.69 x 10

-3
5.23 x 10

 -4

Gas

Liquid

Supercritical fluid

Carbon dioxide 

 

 

The basic principle of supercritical extraction is that when a feed material is contacted with a 

supercritical fluid, the more volatile substances will solubilise into the supercritical phase. 

After solution of the more soluble material, the supercritical fluid containing the dissolved 

substances is removed from the solute usually by means of a temperature and/or pressure 

change. The solvent may be recompressed and reheated to the extraction conditions and 

recycled. Supercritical fluid extraction often results in negligible residual solvent present in 

extract. This is due to the rapid solvent physical property change associated with the change 

in pressure and/or temperature.  

Similar to liquid-liquid extraction, the driving potential for mass and heat transfer in 

processes with supercritical fluids is determined by the difference from the equilibrium state. 

The equilibrium state provides information about: (i) the capacity of a supercritical (gaseous) 

solvent, which is the amount of a substance dissolved by the gaseous solvent at 

thermodynamic equilibrium; (ii) the amount of solvent, which dissolves in the liquid or solid 

phase; (iii) and the equilibrium composition of these phases; (iv) the selectivity of a solvent, 

which is the ability of a solvent to selectively dissolve one or more compounds and, (v) the 

dependence of these solvent properties on conditions of state (p, T) reference. If capacity and 

selectivity are known, a good guess can be made about whether a separation problem can be 

solved with supercritical fluids [14]. 

The advantages associated with the use of supercritical fluids as an alternative separation 

technology include the following [10]: 
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• It is easy to control the solvation power of a supercritical fluid with small adjustments 

in pressure and/or temperature.  

• A supercritical fluid can easily be recovered from the extract due to its volatility at 

ambient pressures. 

• Supercritical fluids often result in negligible solvent residue in the extracted product.  

• High boiling components are extracted at relatively low temperatures.  

• Thermally labile compounds can be extracted with minimal damage since low 

temperatures can be employed during an extraction. 

• Smaller equipment 

There are also some drawbacks associated with supercritical fluid extraction. The 

disadvantages include the following: 

• Elevated pressures are required.  

• Energy integration is required since the solvent undergoes compression and heating as 

well as expansion and cooling in the same closed loop.  

• A high capital investment is required for equipment.  

Crause et al. [15] showed that although the capital costs are high, supercritical fluid 

extraction processes are economically competitive to other separation techniques used. 

1.3 Applications of supercritical fluids 

During the commercialisation of a process that uses supercritical fluids, an economic 

evaluation should indicate whether the advantages offset the penalty of high pressure 

operations. A variety of supercritical fluid processes have been commercialised. Details of a 

few such applications are given below [16]:  

• Supercritical Fluid Chromatography  

o successful separation oligomers and high molecular weight polymers  

• Fractionation 

o separation of heavy components of crude oil  

• Reactions 

o homogeneous polymerization of polymers such as fluoroacrylates 

o hydrothermal oxidation unit to treat alcohol and amine contaminated water 

• Applications in the material and polymer industry 
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o Expansion from supercritical solutions to precipitate solids 

• Food applications  

o Extraction of essential oils, vanilla, basil, ginger, chamomile and cholesterol 

• Pharmaceutical applications 

o Extraction of vitamin E from soybean oil 

• Environmental applications 

o soil remediation and activated carbon regeneration 

1.4 Problem statement 

This study undertakes the investigation into whether supercritical extraction is a technically 

viable separation method to separate a mixture of detergent range 1-alcohols and the 

corresponding n-alkanes. 

1.5  Project scope 

The project scope revolves around a product stream consisting of detergent range alcohols 

and corresponding n-alkanes that need to be separated. To model such a system, a typical 

detergent range alkane – alcohol feed with an average of 13 carbon atoms in the molecules 

was selected with a large number of the molecules having between 12 and 14 carbon atoms. 

This molecular weight range is very common for use in detergent range products [3]-[6]. 

Simplifying the problem, only alkanes and alcohols with between 12 and 14 carbon atoms 

will be considered. 

It has previously been shown that supercritical propane has the ability to fractionate alcohol 

ethoxylates according to the number of ethylene oxide units present [17]-[19]. It has also 

been shown that the phase equilibria of waxy and detergent range alcohols in supercritical 

propane differ from that of the corresponding alkane in supercritical propane [20], [21]. This 

suggests that it may thus be possible to separate detergent range alcohols from their 

corresponding alkanes using supercritical fluids. 

Generally the presence of the hydroxyl group as well as an increase in the number of carbon 

atoms decreases the solubility in supercritical solvents [22]-[24]. The most difficult 

separation will therefore be that of the alcohol with the least number of carbon atoms, that is 

1-dodecanol (alcohol with 12 carbon atoms, CH3-(CH2)9-CH2-OH ) and the alkane with the 

highest number of carbon atoms, that is n-tetradecane (alkane with 14 carbon atoms, CH3-

(CH2)12-CH3 ). To model the system, it is assumed that the hydrocarbon backbone is linear 
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and the alcohol is primary. 1-Dodecanol and n-tetradecane are thus used. If it is possible to 

separate 1-dodecanol and n-tetradecane with the use of supercritical fluids, it should be 

possible to separate an industrial mixture.  

To minimize the possibility of thermal decomposition, the operating temperature of the 

process should be kept as low as possible, preferably just above the melting point of the 

alkane – alcohol mixture. At the same time, the advantages of supercritical fluids are best 

utilised when the process operates just above the solvent critical temperature (from the 

physical properties of pure supercritical fluids).  

This is a preliminary study on the potential applicability of supercritical fluid extraction to 

separate a mixture of n-alkanes and 1-alcohols. The aim of this project is not to optimize such 

an extraction process, but to prove that the separation concept is viable and provide insight 

for future work. The project will therefore provide valuable information for future 

investigation. 

1.6 Objectives 

The aim of this study is to determine the technical viability of using supercritical fluids to 

separate detergent type alcohols from their corresponding alkanes by considering a mixture of 

tetradecane and 1-dodecanol. The work constitutes two parts:  

• A comparison of the high pressure solubility of n-tetradecane and 1-dodecanol with a 

selection of possible solvents. This will give insight on the capacity and selectivity of 

different solvents.  

• Pilot plant testing of the ability of potential solvents suggested by solubility data to 

separate a 50% - 50% (mass) mixture of n-tetradecane and 1-dodecanol.  

1.7 Structure of this study 

A schematic representation of the layout of this work is given below illustrating the sequence 

of presentation and how the aims stated above will be achieved. 
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Investigate the feasibility of using supercritical fluid extraction as an alternative to 
conventional separation technology

↓

Perform a literature survey on available solute-solvent phase equilibrium data

↓

Preliminary solvent selection based on solvent critical properties and solute criteria

↓
Conduct phase equilibrium measurements for n-tetradecane and 1-dodecanol in 

supercritical solvent and suggest a separation method

↓
Test suggested separation method on pilot plant scale to confirm practical separation 

can be achieved using supercritical fluids

↓
Conclusions of technical viability of supercrtical extraction and recommendation and 

direction of further studies 
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2 Phase equilibrium data available from literature  

 

2.1 Classification of vapour liquid phase diagrams for binary mixtures 

Binary phase behaviour are categorised into six types of pressure-temperature diagrams [25], 

[26]. The Van der Waals equation of state can qualitatively model five of six types of 

diagrams (shown in Figure 2-1). Phase equilibrium data can be evaluated and solubility 

trends possibly explained if the type of phase behaviour can be identified or allocated (based 

on solubility trends) to a specific binary mixture.  

 

Figure 2-1:  Pressure-temperature diagrams of the five types of binary phase behaviour. C1 and C2 are 
the critical points of the more and the less volatile components respectively. [25] 
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The sixth type of phase equilibrium is not very common and can only be predicted by angle 

dependent potential functions. Type VI behaviour is found in some aqueous mixtures for 

example the H2O – n-butanol system.  

Type I phase behaviour is characterised by a continuous critical locus between the two pure 

component critical points, and complete miscibility of the light and heavy components in the 

liquid phase (Figure 2-1a). This type of phase behaviour only occurs when the two 

components are from the same homologous series and have a similar molecular size and 

interaction energy, or the two components critical properties are of comparable magnitude 

[26]. At pressures above the light component critical point, the vapour-liquid envelope does 

not reach a mixture composition of x = 0 (zero heavy component) as the vapour pressure 

curve of the light component is never crossed. The mixture critical curve/critical locus runs 

from the heavy component critical point (C2) to the light component critical point (C1). For 

temperatures between these critical points, vapour-liquid curves pass through a maximum 

(mixture critical point) where the slope is equal to zero (dP/dx = 0). Examples of binary 

mixtures that exhibit type I phase behaviour include methane – ethane [27], carbon dioxide – 

hexane [28] and ethane – n-alkane systems up to n-C17 [29].  

Type II phase behaviour (Figure 2-1b) is similar to type I behaviour except for a liquid-

liquid immiscibility appearing at low temperatures. A liquid-liquid-vapour equilibrium line 

(LLV) can be found in the diagram along which three phases (two liquid phases and a vapour 

phase) are in equilibrium. The end of the LLV line is called the UCEP (upper critical end 

point) where the two liquid phases merge into one liquid phase. The LL (liquid-liquid) line in 

the diagram is called a UCST (upper critical solution temperature) line where two liquid 

phases critically merge and no differentiation can be made between the two. A single liquid 

phase is formed as the system temperature is raised beyond this critical solution temperature. 

An example of this type of phase behaviour is carbon dioxide – 1-butanol [30], carbon 

dioxide – n-heptane [31] and various carbon dioxide – n-alkane systems up to n-C12 [32].  

Type III phase behaviour usually occurs for mixtures with large immiscibility such as water – 

n-alkane mixtures [33]. The LLV line moves up to higher temperatures and finally interferes 

with the mixture critical curve and results in a discontinuous critical curve. From the critical 

point of the less volatile component (C2), the critical curve can exhibit a positive or negative 

slope. The critical curve gradually changes its nature from LV to LL as it extends to higher 

pressures (Figure 2-1c). The critical curve from the critical point of the more volatile 
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component (C1) moves towards the UCEP. In this type of phase behaviour, the UCEP 

determines where the liquid and vapour phase critically merge in the presence of another 

liquid phase to form a single fluid phase. With an increase in the difference in critical 

properties of the components, the LLV line will extend over a larger temperature range. The 

UCEP moves to a higher temperature and the critical mixture curve that originates at the low 

volatility component critical point will follow this UCEP. For temperatures above the 

temperature of the UCEP, the critical mixture curve will not intersect the LLV line. This type 

of phase behaviour indicates that at high temperatures the discontinuous critical curve 

changes to two vapour-liquid hyperbolic domes [26]. Examples of the phase behaviour as 

described by type III are: ethane – methanol [34], carbon dioxide – n-hexadecane [35] and 

carbon dioxide – 1-hexanol [36].  

Type IV phase behaviour (Figure 2-1d) is characterised by the existence of a primary LLV 

equilibrium area near the critical point. There is also a secondary liquid immiscibility at 

lower temperatures. There are two mixture critical lines. There is a mixture critical line from 

the heavy component critical point (C2) that intersects the primary LLV line at a lower 

temperature called the LCST (lower critical solution temperature). There is also a mixture 

critical line from the light component critical point (C1) to the upper critical solution 

temperature (UCST). Type IV has a UCST line similar to type II at lower temperatures. 

Type V phase behaviour (Figure 2-1e) is similar to Type IV. The mixture critical curve has 

two parts. The first extends from the heavy component critical point (C2) to the LCST. The 

second mixture critical curve moves from the light component critical point (C1) to the 

UCST. The difference between Type V and type IV is that the secondary LLV equilibrium 

cannot be observed due to the high crystallization temperature of the heavy component or the 

non-existence thereof. It is likely that most type V systems would show this additional 

immiscibility if the onset of solid phases did not intervene [33]. Binary hydrocarbon mixtures 

with large size differences exhibit Type V phase behaviour. 

Type IV (or type V) phase behaviour is usually observed with a substantial difference in the 

critical properties of the two components. This can be attributed to large differences in 

molecular size, structure, or intermolecular forces. Mixtures of ethane with ethanol, 1-

propanol, and 1-butanol [37] show type IV behaviour since the alcohol-alcohol hydrogen 

bonding interactions overcome alcohol – hydrocarbon interactions. 
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2.2 Preliminary solvent screening  

The criteria used during the selection of a suitable solvent for a supercritical extraction 

process are similar to those used when considering solvents for regular liquid-liquid or gas 

extraction. The principle considerations are as follows [38]:  

• Ability of solvent to solvate the solute 

o Pressure required for solubility 

• Selectivity 

o Good relative solubility of the alcohol to the alkane or vice versa 

o Solubility difference between alcohol and alkane should be as large as 

possible to accomplish easy separation   

• No chemical reaction should occur between solvent and solute 

• The separation process should be conducted in a temperature range where the solute 

and its major constituents are in a liquid phase. 

• The process needs to be conducted above but as close as possible to the solvent 

critical point. This eases the manipulation of the solute solubility in the solvent and 

facilitates easier solvent removal. 

• Economic considerations  

o Solvent replacement value 

o Low operating pressure to minimize capital costs.  

• Toxicity 

• Flammability 

It should be noted that there may not be an ideal solvent and that all of the above criteria may 

not be satisfied.  

To optimise the properties of supercritical fluids, a process would ideally be operated at a 

solvent reduced temperature of 1 to 1.2 while the solute should be in liquid phase (for 

pumping purposes). 

Carbon dioxide is a popular supercritical fluid owing to its convenient critical parameters 

(refer to Table 2-1) of non-flammability, non-toxicity and cheapness. It is a non-polar 

molecule, but can be used as a weak polar solvent due to its large quadruple moment and may 
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be superior in dissolving the n-alcohols with its weak polar nature. Carbon dioxide may thus 

serve as a possible solvent and merits further investigation. 

Low molecular weight alkanes, such as methane, ethane, propane and butane may be used as 

supercritical solvents. These compounds generally dissolve hydrocarbon chains better than 

carbon dioxide. Liquid petroleum gas (LPG) will be considered industrially if propane is a 

successful supercritical solvent since it less expensive than propane.  

The solvent critical properties can be viewed in the Table 2-1. 

Table 2-1:  Critical properties of solvents under investigation [39]  

Compound Chemical Formula Tc, K Pc, bar

methane CH4 190.6 45.9

ethane CH3-CH3 305.3 48.5

propane CH3-CH2-CH3 369.8 42.1

n-butane CH3-(CH2)2-CH3 425.1 37.7

carbon dioxide CO2 304.2 73.9  

From Table 1-1 (Chapter 1, page 2) the melting point for 1-dodecanol is 297 K. A reduced 

temperature of greater than 1.55 is required for methane (critical temperature of 190.6 K from 

Table 2-1) as solvent to maintain the solute (1-dodecanol) in a liquid phase. This reduced 

temperature is outside the preferable operating range of 1 to 1.2. Methane is eliminated as 

possible solvent due to low critical temperature. Methane is also eliminated because is a lot 

more difficult to recycle. It requires either a cryogenic cooling cycle or a flameproof 

compressor. Butane is also eliminated because of the high critical temperature (resulting in 

high operating temperatures) making it too energy intensive and increasing the possibility of 

thermal degradation. Ethane and propane will be considered as possible solvents.  

2.3 Available literature data and analysis 

2.3.1 Data trends and analysis techniques  

Solubility, for the purpose of this study will be defined as the pressure required (PA) to 

solubilise a specific mass fraction (XA) of solute (A) in solvent (B) at a specific temperature. 

Figure 2-2 illustrates this definition. An increase in solubility will therefore signify a 

reduction in the pressure required (PA) to solubilise a specific mass fraction XA. 

Consequently, a decrease in solubility implies a higher or increased pressure (PA) required to 

solubilise a specific mass fraction XA. 
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Figure 2-2:  Solubility definition 

Literature data for different solvent-solute combinations are available at discrete temperature 

and mass/mole fraction values. To directly compare the difference in solubility of a specific 

alkane and alcohol, values for temperature and mass fractions need to be similar.  

Two trends arose for propane as solvent: 

• Pressure carbon plots revealed that a linear relationship exist between the bubble/dew 

point pressure and the carbon number of the solute [24]. 

• A linear relationship exists between the bubble/dew point pressure and temperature of 

the solvent/solute mixtures within a limited temperature range (45 K) and at constant 

composition [40]. 

Similar trends are found in the ethane–n-alkane homologous series [41].  

Figure 2-3 shows a linear temperature – pressure relationship at constant composition for 

ethane and hexadecane. Solubility data from different sources can thus be combined to 

calculate temperature dependence of a specific system at a specific mass fraction solute.  



 

 

18

y = 1.259x - 342.98

R
2
 = 0.9994

0

20

40

60

80

100

120

310 315 320 325 330 335 340 345 350 355

Temperature [K]

P
re

ss
u

re
 [

b
a

r]

 

Figure 2-3:  Linear relationship between solubility and temperature. (Ethane/n-Hexadecane, x=0.4, [22])  
 

The temperature dependence calculated for discrete mass fractions of solute in the solvent are 

used to generate solubility data for these mass fractions at any temperature in the range 

evaluated. With a known temperature dependence of a specific system, isothermal solubility 

data based on carbon number can be generated (combining all the solubility data for the 

specific mass fractions in an isothermal set).  

Different sources of literature data for ethane with selected solutes are combined in Figure 2-

4 and a linear relationship is observed. Such a trend enables data from different sources to be 

combined to generate new data. As a hypothetical scenario, complete solubility data for 

ethane with solutes n-decane (nC10), n-dodecane (nC12) and n-hexadecane (nC16) may be 

available. The specific data of interest may be ethane with n-tetradecane (nC14). Data 

interpolation can thus be used with previously determined trends.  
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Figure 2-4:  Linear relationship between solubility and carbon number (ethane, x=0.5), n-octane [42]; n-
decane [43]; n-hexadecane [22], [44]; n-tetracosane [22]  
 

A similar trend exists for propane – 1-alcohol [24] and it is expected that the ethane – 1-

alcohol homologous series will also display a linear relationship. 

Carbon dioxide does not obey this linear relationship of bubble/dew point pressure with a 

difference in carbon number. If a relationship exists, it is more complex and outside the scope 

of this study. The pressure temperature relationship for a specific mass fraction (similar to 

Figure 2-3) is also not linear and requires a polynomial fit [23].  

2.3.2 Solvents under investigation 

Six possible combinations of binary equilibrium data are evaluated:  

• carbon dioxide – n-tetradecane 

• carbon dioxide – 1-dodecanol 

• ethane – n-tetradecane 

• ethane – 1-dodecanol 

• propane – n-tetradecane 

• propane – 1-dodecanol   
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A literature survey showed that scattered data are available for some of these binary systems 

in the desired temperature range.  

Literature data for 1-dodecanol was evaluated through a survey of alcohols consisting of a 

linear carbon backbone of 8 to 16, whilst n-tetradecane is evaluated through a survey of 

alkanes consisting of a linear carbon backbone of 8 to 20. The data is limited to the 

following:  

2.3.2.1   Carbon dioxide (CO2) 

There are abundant literature solubility data available for alkanes and alcohols in carbon 

dioxide. The temperature range of interest is 310 – 350 K. The main focus is literature 

sources with isothermal data over a range of solute mass fractions. There are also some 

sources with published data at constant mass fractions over a range of temperatures. The data 

can easily be interpolated to the desired temperatures of interest (mass fraction specific).   

Table 2-2 shows the available literature data for the solubility of alkanes in carbon dioxide.  

Table 2-2:  Available literature data for the solubility of n-alkanes in carbon dioxide 

Heavy component mass fraction Reference

0.2 to 0.94 [45]

0.05 to 0.52 [46]

0.006 to 0.86 [47]

0.03 to 0.48 [23]

0.06 to 0.97 [48]

Tetradecane (nC14) 344 0 to 1 [107]

0.05 to 0.66 [23]

Range of available data
n-Alkane

313 - 343

318

313 - 323

Octane (nC8)

Decane (nC10)

Decane (nC10)

Dodecane (nC12)

Dodecane (nC12)

Hexadecane (nC16)

Temperature [K]

313 - 348

310 -393

344

 

Figure 2-5 shows the combined acquired data from literature for n-dodecane and n-

hexadecane with carbon dioxide. This figure clearly shows the very low solubility of alkanes 

in carbon dioxide (from the high pressure required for total solubility). 



 

 

21

 

  

0

20

40

60

80

100

120

140

160

180

0 0.2 0.4 0.6 0.8 1

P
re

ss
u

re
 [

b
a

r]

Mass fraction solute

C16 313 K

C16 323 K

C12 313 K

C12 323 K

C12 318 K

 

Figure 2-5:  Solubility of n-dodecane and n-hexadecane in CO2, n-hexadecane [23]; n-dodecane at 313 and 
323 K [23]; n-dodecane at 318 K [48] 
 

There is a dramatic decrease in solubility of the alkane in supercritical carbon dioxide as the 

carbon number increases (compare the difference in solubility of n-dodecane and n-

hexadecane at 313 and 323 K respectively). The solubility of n-dodecane is only slightly 

affected by a change in mass fraction in the mixture critical region (0.05 to 0.5 mass fraction 

alkane). On the other hand, the isothermal solubility curves of n-hexadecane in carbon 

dioxide are not as flat and show a smaller, yet more prominent mixture critical region. From 

section 2.1 (page 13) it is reported that carbon dioxide – n-alkane systems up to n-C12 exhibit 

Type II phase behaviour. It is also reported that carbon dioxide – n-hexadecane exhibit Type 

III behaviour. This serves as a possible explanation why the isothermal solubility curve for n-

hexadecane has a more prominent mixture critical region. It also serves as an explanation for 

the difficulty encountered using data interpolation to obtain a relationship between the 

bubble/dew point pressure and the carbon number of the solute.  

A temperature inversion occurs if an increase in temperature results in an increase in 

solubility. Previous studies did not find any temperature inversions for linear alkanes in 

carbon dioxide [23]. From available literature data, the phase behaviour of n-tetradecane with 
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carbon dioxide as solvent would be expected to be an intermediate of the behaviour of 1-

dodecane and 1-hexadecane respectively. It is also expected that there will be no temperature 

inversions for the system carbon dioxide and tetradecane based on the available literature 

data. For the available literature data (at temperatures evaluated), no three phase regions are 

observed. The carbon dioxide – n-hexadecane (Type III) system may exhibit a three phase 

region at higher temperatures but this is not evident from the available literature data. 

Table 2-3 shows the available literature data for the solubility of alcohols in carbon dioxide.  

Table 2-3:  Available literature data for the solubility of 1-alcohols in carbon dioxide 

Heavy component mass fraction Reference

0.016 - 0.72 [49]

0 - 0.95 [50]

0 - 0.92 [51]

0.1 - 0.92 [52]

0.02 - 0.31 [53]

0 - 0.92 [50]

0 - 0.96 [54]

0.01 - 0.21 [53]

0.01 - 0.83 [54]

0.001 - 0.1 [53]

0.002 - 0.06 [53]

0.002 - 0.08 [56]

323

348 - 453

308 - 328

323

353

323

323

318 - 338

1-Alcohols
Range of available data

Temperature [K]

308 - 348

308 - 328

313 - 348

313 - 353

Octanol (C8-OH)

Octanol (C8-OH)

Octanol (C8-OH)

Octanol (C8-OH)

Nonanol (C8-OH)

Decanol (C10-OH)

Decanol (C10-OH)

Undecanol (C11-OH)

Dodecanol (C12-OH)

Tridecanol (C13-OH)

Pentadecanol (C15-OH)

Hexadecanol (C16-OH)  

Figure 2-6 shows the combined acquired data from literature for 1-octanol and 1-dodecanol 

with carbon dioxide. The data is well defined for a complete mass fraction range of 1-octanol. 

The 1-dodecanol data is well defined at 352.2 K for a complete mass fraction range, but 

measurements at other temperatures are required. This figure clearly shows the very low 

solubility of alcohols in carbon dioxide. 

Temperature has a significant influence on solubility of alcohols. Literature data for 1-octanol 

(which is well defined at different temperature intervals) show a temperature inversion 

occurring in the mixture critical region. This can be seen from the lower solubility at lower 

temperature (solubility at 313 K is less than the solubility at 328 K for the mass fractions 0.2 

to 0.6).  
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Figure 2-6:  Solubility of 1-octanol [51] and 1-dodecanol [55] in CO2 

 

Figure 2-7 shows the literature data for the solubility of 1-hexadecanol in carbon dioxide. 

The data are in the very low mass fraction range of the solute and represent the vapour phase 

composition. From the data, a temperature inversion is visible. This indicates that the 

solubility of 1-hexadecanol (for this low mass fraction) is better at a higher temperature. 

Since both 1-octanol and 1-hexadecanol show a temperature inversion, it is expected that 

there will also be a temperature inversion with 1-dodecanol in carbon dioxide. The 

temperature inversion region (range of temperature mass fraction of solute) in 1-hexadecanol 

is larger than in 1-octanol. It is expected that a larger temperature and mass fraction region of 

temperature inversion will occur for 1-dodecanol than for 1-octanol. 
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Figure 2-7:  Solubility of 1-hexadecanol in CO2 (low mass fraction – vapour phase), [50] 
 

In Figure 2-8, the vapour phase composition of 1-nonanol, 1-undecanol, 1-tridecanol and 1-

pentadecanol in carbon dioxide at 323.15 K is presented. The solubility of the 1-alcohols 

decreases with an increase in the carbon number. The available data suggest that the phase 

behaviour of 1-dodecanol with carbon dioxide as solvent would be similar to the behaviour of 

1-octanol. Solubility would be lower (higher pressure) due to the increase in the length of the 

carbon backbone.  
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Figure 2-8:  Solubility of 1-alcohols in carbon dioxide at 323.15 K (low mass fraction – vapour phase) [53]  
 

Literature data show a clear difference in the solubility of n-dodecane and 1-dodecanol as 

well as for n-octane and 1-octanol. This difference can be viewed in Figure 2-9. The data for 

the n-dodecane and 1-dodecanol is not isothermal (difference of 10 K). It is expected that 

isothermal data will also show the difference in solubility although the difference will be 

smaller owing to less soluble n-dodecane at higher temperatures. These two solute 

combinations have the same hydrocarbon backbone and show that the hydroxyl end-group 

has a significant difference in solubility when using carbon dioxide as solvent. 

Available literature is insufficient for data sets of interest (i.e. CO2/n-tetradecane and CO2/1-

dodecanol). The vapour-liquid equilibria of both the alkane and the alcohol solubility data 

need to be measured in its entirety to comment on possibility of separation and selectivity. 
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Figure 2-9:  Solubility of n-octane [45], 1-octanol [51], n-dodecane [23], 1-dodecanol in CO2, [55] 
 

2.3.2.2   Ethane (C2H4) 

There exists abundant literature data for the solubility of alkanes in ethane, but only limited 

data for alcohols in ethane. The temperature range of interest is similar to that of carbon 

dioxide (due to a similar critical temperature). Data will be scrutinised from 310 to 350 K.  

Table 2-4 shows the available literature data for the solubility of alkanes in ethane. The mass 

fraction range refers to the mass fraction of n-alkane in ethane. 
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Table 2-4:  Available literature data for the solubility of alkanes in ethane 

Heavy component mass fraction Reference

0.002 - 0.97 [42]

0.02 - 0.92 [45]

0.007 - 0.98 [43]

0.35 - 0.95 [57]

310 - 360 0.014 - 0.3 [58]

0.28 0 0.99 [59]

0.6 - 0.7 [60]

0.3 - 0.55 [61]

0.035 - 0.515 [22]

0.28 - 0.97 [44]

Decane (nC10)

Dodecane (nC12)

Octane (nC8)

Octane (nC8)

Decane (nC10)

n-Alkane
Range of available data

Temperature [K]

Dodecane (nC12)

Dodecane (nC12)

313 - 373

313 - 338

311 - 378

310 - 360

323 - 373

310 - 340

310 - 320

Decane (nC10)

Hexadecane (nC16)

Hexadecane (nC16)

313 - 352

268 - 452  

Figure 2-10 shows combined acquired data from literature for n-decane and n-hexadecane 

with ethane as supercritical solvent. 
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Figure 2-10:  Solubility of n-decane (a), [43]; n-decane (b), [58] and n-hexadecane [22] in ethane 

The solubility data for n-decane (a) consist of vapour (lower phase envelope, left) and liquid 

phase (upper phase envelope, right) compositions at a specific pressure. For a given pressure, 

there are two solubility values (one for the vapour phase composition and the other for the 

liquid phase composition). Solubility data for n-hexadecane is well defined at both 

temperatures (313 and 343 K) for solute mass fractions greater than 0.05. There is however 

little indication of the solubility behaviour of the vapour phase. The high solubility of alkanes 

in ethane (from low solubility pressure) compared to carbon dioxide is shown in Figure 2-10. 
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The decrease in solubility of the alkane in ethane as the carbon number increases is not as 

large as the decrease in solubility of the alkane in carbon dioxide. The mixture critical 

pressure is approximately 83 and 162 bar at 313 K for n-dodecane and n-hexadecane in 

carbon dioxide respectively (from Figure 2-5, page 21). On the other hand the mixture 

critical pressure for n-decane and n-hexadecane in ethane is approximately 53 and 55 bar at 

313 K respectively (from Figure 2-10). This difference is much smaller compared with 

carbon dioxide even with an increased difference between the carbon numbers.  

Temperature has a significant influence on the solubility of the solute. The difference in 

solubility is larger at higher temperatures. At 311 K, the mixture critical pressure for n-

decane is approximately the same (53 bar) as the mixture critical pressure for n-hexadecane at 

313 K (Figure 2-10, note the 2 K difference). On the other hand the approximate mixture 

critical pressure of n-decane (at 344 K) is 83 bar compared to the approximate mixture 

critical pressure of 92 bar for n-hexadecane (at 343 K) from Figure 2-10 (note the 1 K 

difference). The available literature data for, n-decane and n-hexadecane (omitted isothermal 

data can be viewed in the appendix) does not suggest any temperature inversion occurring. 

For the available literature data (at temperatures evaluated), there are no three phase regions 

observed. Ethane – n-alkane systems up to n-C17 exhibit type I phase behaviour [29].  

Figure 2-11 shows the available solubility data for n-octane in supercritical ethane. From the 

figure, the limited data points in the mixture critical region for most of the isotherms save 338 

K are evident. To obtain isothermal data, literature data are interpolated for a specific solute 

mass fraction to obtain temperature dependence. This temperature dependence is then used to 

generate a complete set (over the entire mass fraction range) of isothermal data for a specific 

solute. From Figure 2-11 one can see that this interpolation (based on temperature 

dependence) for n-octane is not possible for the entire mass fraction range since there are not 

enough data points for the interpolation.  
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Figure 2-11:  Solubility of n-octane in ethane [42] 

Schwarz et al. provide a correlation to predict pressure carbon plots of n-decane (nC10) to n-

hexatriacontane (nC36) [58]. The method is able to predict the phase equilibria with an 

accuracy of 4 bar or ±4%. The correlations were fitted to data of both Type I and Type V. For 

ethane there is a transition from Type I to Type V phase behaviour that occurs between n-

octadecane (nC18) and n-nonadecane (nC19) [26]. The correlation fit is empirical and for 

temperatures and pressures outside the three-phase region the correlations presented hold 

true. This type of correlation, although derived empirically, has a theoretical background and 

is based on the concept of group contribution and adheres to the principle of corresponding 

states [62]. The correlations can thus be used with confidence, within the limits that they have 

been developed, across the different types of phase behaviour. For alkanes higher than n-

pentacosane (nC25), the critical end points either do not exist or are hidden through 

solidification of the n-alkane. It should be noted that the three-phase region is very small, 

limited to n-octadecane (nC18) through n-tetracosane (nC24) and generally at temperatures 

below the range investigated to obtain the correlation [58]. Similar correlations were 

developed and successfully implemented for propane–n-alkanes, also across different types 

of phase behaviour [63].   

Figure 2-12 shows the predicted solubility of n-tetradecane in ethane. 
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Figure 2-12:  Solubility of n-tetradecane through linear interpolation of both carbon number and 

temperature [58] 

 

Figure 2-13 shows the only available literature data for the 1-alcohol (1-octanol) in 

supercritical ethane for the carbon number range of interest.  
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Figure 2-13:  Solubility of 1-octanol in ethane [51]  

An interesting result in the alcohol data is the vapour phase composition (to the left of the 

mixture critical point). For the n-alkane solubility (vapour phase composition), a decrease in 

pressure (solubility) increases the amount of solute soluble. This is more prominent at higher 

temperatures (compare vapour phase composition of n-octane at 313 and 373 K, Figure 2-

11). The vapour phase composition of 1-octanol approaches a zero mass fraction of solute as 

the pressure decreases. This is similar to the observed phase behaviour of the 1-alcohol 

vapour phase solubility in carbon dioxide (Figure 2-7 and 2-8). By implication, this will 

result in a lower vapour loading of 1-octanol/1-alcohol compared to the corresponding n-

alkanes at a specific pressure. 

The literature data show a clear difference in the solubility of n-octane and 1-octanol. This 

difference can be viewed in Figure 2-14. These two solute molecules have the same 

hydrocarbon backbone and show that the hydroxyl end-group makes a significant difference 

in solubility when using ethane as solvent (note the difference of 5 K). 
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Figure 2-14:  Solubility of n-octane [42], 1-octanol [51] in ethane 

The available literature phase equilibrium data is insufficient for the data sets of interest (that 

is C2H6/n-tetradecane and C2H6/1-dodecanol). The vapour-liquid equilibria of the alcohol 

with ethane need to be measured in its entirety.  

2.3.2.3   Propane (C3H8) 

Solubility data available for the required alkane in propane is scarcely found in literature. A 

complete set of data was found for the 1-alcohol – propane combination of interest (1-

dodecanol and propane). The desired temperature range corresponding to reduced 

temperatures of 1 to 1.2 is 369 – 410 K [20].  

Figure 2-15 shows the solubility of 1-dodecanol in propane. The data are well defined for a 

complete mass fraction range at different temperatures. This figure shows the very high 

solubility of 1-dodecanol in propane (from low solubility pressure). The effect of change in 

mass fraction on solubility of 1-dodecanol is more prominent at higher temperatures. There is 

also a clear distinction between solubility at different temperatures. The data does not seem to 

suggest any temperature inversion or three phase region. A higher solubility is achieved with 

propane compared to ethane; however the temperature is also significantly higher. 
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Figure 2-15:  Solubility of 1-dodecanol in propane [20] 

It has also been shown that the phase equilibria of waxy and detergent range alcohols in 

supercritical propane differ from that of the corresponding alkane in supercritical propane 

[20], [21]. Measurements of vapour-liquid equilibria for n-tetradecane need to be measured in 

its entirety to comment on possibility of separation and selectivity, although it has been 

shown that the phase equilibria of detergent range alcohols in supercritical propane differ 

from that of the corresponding alkane in supercritical propane [20], [21].  

2.3.3 Conclusions from literature data 
 

The following is concluded from the literature data evaluated: 

• All three solvents (carbon dioxide, ethane and propane) have the ability to distinguish 

(based on a difference in the pressure required for solubility) between a 1-alcohol and n-

alkane with the same linear carbon backbone.  

• Carbon dioxide has the lowest solubility of both alkanes and alcohols while propane 

shows very good solubility.  
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• Literature data suggest that in all likelihood a temperature inversion occurs for 1-

dodecanol and carbon dioxide at low temperatures. For all other systems an increase in 

temperature leads to an increase in bubble/dew point pressure (lower solubility) and no 

temperature inversions or three phase regions were observed in the literature data.  

• Equilibrium data with carbon dioxide does not obey linear trends of solubility versus 

carbon number.  

• Data is incomplete and additional vapour-liquid equilibrium data need to be measured for 

n-tetradecane and 1-dodecanol with carbon dioxide; low mass fraction range of n-

tetradecane with ethane and the entire system of 1-dodecanol with ethane and n-

tetradecane with propane.  

• It must be noted that propane has a much higher critical temperature compared to ethane 

and carbon dioxide. This will cause increased energy input to maintain solvent 

temperature and a greater cooling requirement since the solvent recycle loop operates in 

the liquid state. Propane exhibits a very high solubility and will therefore require lower 

energy consumption for compression and pumping. Normally, compression duties are low 

compared to heating duties yet compression requires a large capital input. Considering 

temperature as the only solvent selection criteria, carbon dioxide and ethane should be 

preferred above propane.  
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3 Solubility measurement and binary phase equilibria 

 

3.1 Introduction 

This chapter entails the measurement and evaluation of binary phase equilibrium data. In 

chapter two, literature phase equilibrium data were evaluated for various n-alkanes and 1-

alcohols with carbon dioxide, ethane and propane. This was done to establish typical phase 

behaviour of the solutes with a particular solvent and to generate interpolated data to reduce 

the amount of phase equilibria that need to be experimentally determined. The experimental 

method used to obtain the missing data or isothermal sets of data is explained and the data are 

presented for individual binary phase equilibria as well as the n-alkane/1-alcohol 

combinations. Isothermal data for the different solvents are compared and solvents with the 

potential to serve in a supercritical extraction process are recommended for further test work 

to be conducted on a pilot plant scale experimental set-up.  

3.2 Experimental methods available to measure phase equilibria 

There are several experimental methods available to measure high pressure fluid phase 

equilibria. These methods can be divided into analytical or direct sampling methods, and 

synthetic or indirect methods based on the manner in which the composition is determined. 

Comprehensive reviews of such methods can be found elsewhere [64]-[66]. A short overview 

is presented here. 

3.2.1 Analytical Methods 

Analytical or direct sampling methods are subdivided into static, recirculation, and flow 

methods based on the technique used to get corresponding liquid and vapour phases into 

equilibrium.  
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3.2.1.1 Static method 

A schematic representation of the static method is shown in Figure 3-1. 
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Figure 3-1:  The static method used for phase equilibrium measurement 
 

A vapour-liquid mixture is placed in an equilibrium cell which is temperature and pressure 

controlled. An agitation device is used to enhance the equilibrium achievement. After 

equilibrium is reached, small samples of both the vapour and liquid phase are withdrawn, and 

their composition is analysed. Although this is a fairly simple method, care must be taken not 

to cause a serious disturbance of the equilibrium condition while sampling. This will 

adversely impact on the accuracy of measurement. 

Various phase equilibrium measurements using a static analytical method are found in 

literature [67]-[70]. A review of some static analytical methods used can be found elsewhere 

[71], [72].  

3.2.1.2 The recirculation method 

A schematic representation of the recirculation method used to measure phase equilibria is 

shown in Figure 3-2. 
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Figure 3-2:  The recirculation method used for phase equilibrium measurement 
 

This method is similar to the static method with the main difference being that both the 

vapour and liquid phases are countercurrently in circulation. This ensures proper mixing of 

the phases to ensure the attainment of equilibrium. The analysis of both phases is 

accomplished through a small amount of the circulating phases passing through sample 

valves. The sample valves are connected on-line to an analytical device. The circulating 

pumps should not cause undesirable pressure gradients across the equilibrium cell [72] A 

review of some recirculation methods are found elsewhere [73]-[75].  

3.2.1.3 The flow method 

A schematic representation of the flow method is shown in Figure 3-3. 
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Figure 3-3:  The flow method used for phase equilibrium measurement 
 

In the flow method, high pressure pumps introduce the components into a static mixer. The 

components are then separated into a liquid and vapour phase in an equilibrium cell. The 

heavy phase (liquid) is continuously withdrawn from the bottom of the equilibrium cell and 

the vapour is continuously withdrawn from the top of the cell. Both the liquid and the vapour 

phases are depressurized, accumulated, and analyzed. Sampling procedures do not disturb the 

equilibrium inside the cell and subsequently, large sample sizes can be generated for analysis 

[65]. Examples of phase equilibrium measurement using the flow method can be found 

elsewhere [76]-[79].  

3.2.2 Synthetic Methods 

In the synthetic or indirect methods, a mixture of known composition is pressurized in an 

equilibrium vessel to obtain a homogeneous phase at constant temperature. In the course of a 

volume manipulation, equilibrium data is acquired by a visual observation of a phase change 

or changes in physical properties (such as density) [80].  

Synthetic methods can be used when the co-existing phases have a similar density [81] such 

as in the mixture critical region [65]. Co-existing phases in an iso-optic (approximately the 

same refractive index) system, complicates the visual observation of phase change [82]. 
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Evaluating multi-component systems using synthetic methods is not practical since additional 

experiments are required to determine tie-lines [83].  

Examples of high pressure phase behaviour measurements using synthetic methods can be 

found elsewhere [75], [84]. 

The major advantage of synthetic methods is that complicated sampling and analytical 

devices are not required and the phase equilibrium is not disturbed during the sampling of the 

phases.  

3.3  Phase equilibrium measurements 

3.3.1  Experimental set-up and procedures 

A static synthetic method was used to measure the solubility data. The experimental set-up 

consists of a variable volume high-pressure phase equilibrium cell with a range of operation 

of 300 – 460 K and up to 275 bar. The accuracy of the measurements can be summarized as 

follows [11].  

• The uncertainty in the phase transition pressure is approximately 0.6 bar.  

• The accuracy of the temperature measurement is better than 0.1 K. 

• It is estimated that the maximum error in the mass fraction is approximately 1%. 

 

The experimental set-up for the phase equilibrium measurement is shown in Figure 3-4. 

 
Figure 3-4:  Schematic representation of the experimental set-up for phase equilibrium measurement 
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The phase equilibrium cell consists of a piston and a cylinder which, together with a quartz 

sight glass, forms the pressure chamber. The volume of the cell can be changed by changing 

the position of the piston in the cylinder. The solubility experiments are conducted as 

follows: a known amount of solute is inserted into the cell with the piston at the maximum 

position. A vacuum is drawn and the cell purged to reduce impurities. Solvent is loaded with 

the aid of a gas bomb. A heating medium is circulated through a jacket to heat up the cell and 

its contents to experimental conditions and to maintain thermal equilibrium. Externally 

applied compressed nitrogen controls the pressure inside the cell by changing the volume of 

the pressure chamber. The cell is insulated to minimize heat loss and a magnetic stirrer and a 

magnet inside the pressure chamber provides the necessary mixing. The phase transition 

point is observed visually through the use of a light source, optical sensor and monitor. 

Density approximation is also done by measuring the piston position and then relating the 

volume back to density. 

The experimental set-up as well as comparisons with high quality data from other reputable 

research groups is given elsewhere [11], [40].  

3.3.2 Materials  

The suppliers, purity and catalogue numbers of reagents used are given in Table 3-1. 

Table 3-1:  Materials used during phase equilibrium measurements 

Material Supplier Catalogue number Purity

1-Dodecanol Sigma Aldrich 443816 > 98 %

n-Tetradecane Sigma Aldrich 172456 > 99 %

Ethane Afrox - > 99.95 %

Carbon dioxide Afrox - > 99.5 %

Propane Air Liquide - > 99.95 %  

3.3.3 Experimental data obtained 

For each loading of the equilibrium cell (solvent and solute) a phase equilibrium 

measurement is taken at three to four temperatures. The measured data is not at exactly the 

same temperature and a method was required to obtain isothermal data. It has been shown 

that within a limited temperature range, isopleths of a discrete mass fraction are in a straight 

line as seen in Figure 3-5. 
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Figure 3-5:  Isopleths for the system carbon dioxide and n-tetradecane as measured with the phase 

equilibrium cell 

 

For each mass fraction a linear equation is constructed in the form: 

Equation 3-1:     P = A .T + B 
 

The values of A and B are determined from the data by using this equation, the phase 

equilibrium solubility pressure at any temperature of interest within the measured 

temperature range can then be determined. The density as a function of temperature is 

obtained using a similar method. Where possible, a linear function is fitted to predict the 

pressure as a function of temperature. However, if the R2 value of the linear fit is lower than 

0.95, a second-order polynomial fit is used.  
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3.4 Measured binary phase equilibria 

3.4.1 Carbon Dioxide (CO2) 
 

Figure 3-6 shows the measured solubility of n-tetradecane in carbon dioxide (refer to 

appendix B, Table 8-26 and Table 8-27, page 145) 
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Figure 3-6:  Solubility of n-tetradecane in carbon dioxide 
 

The low solubility of n-tetradecane in supercritical carbon dioxide is evident from the high 

pressure required for solubilisation. An increase in temperature reduces solubility over the 

complete mass fraction range. The change in solubility for an incremental change in mass 

fraction is more prominent at higher temperatures. The data exhibits no temperature 

inversions or an indication of a three phase region for the presented range of the solute mass 

fraction. 

Figure 3-7 shows the comparison of the measured solubility of n-tetradecane and the 

solubility from literature for n-dodecane and n-hexadecane in carbon dioxide. The measured 

solubility presents as an intermediate between the phase behaviour of n-dodecane and n-

hexadecane. The solubility of n-tetradecane is closer to the solubility of n-dodecane than n-
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hexadecane. Since carbon dioxide – n-hexadecane exhibit Type III behaviour and carbon 

dioxide – n-alkane systems up to n-dodecane (nC12) exhibit Type II phase behaviour, n-

tetradecane is assumed to be transitional between Type II and Type III. From the presented 

solubility data in Figure 3-7, the type of phase behaviour for n-tetradecane is closer to Type 

II. 
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Figure 3-7:  Measured solubility of n-tetradecane compared to literature solubility of n-dodecane [23] and 
n-hexadecane [23] in carbon dioxide 
 

Figure 3-8 and Figure 3-9 show the measured solubility of 1-dodecanol in carbon dioxide. 

1-Dodecanol has a very low solubility in supercritical carbon dioxide (refer to appendix B, 

Table 8-29 and Table 8-30, page 149). There is a large gap in the measured solubility data in 

the mixture critical region (mass fraction of 1-dodecanol ranging from 0.12 to 0.45). This gap 

is attributed to pressure limitations of the phase equilibrium cell (refer to section 3.3.1, p39).  

A temperature inversion is observed (between mass fraction of 0.1 and 0.628) with the low 

temperature isotherms exhibiting lower solubility in this region. This is the same as the 

behaviour observed for the solubility of 1-octanol and 1-hexadecanol in carbon dioxide as 

presented in chapter 2 of this study. The solubility isotherms are also strongly affected by a 

change in the mass fraction of the alcohol. There is no indication of any three phase region 

for the presented range of the solute mass fraction.  
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Figure 3-8:  Measured solubility of 1-dodecanol in carbon dioxide (vapour phase) 
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Figure 3-9:  Measured solubility of 1-dodecanol in carbon dioxide (liquid phase) 
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The measured results for 1-dodecanol and carbon dioxide are compared with the available 

literature data for the single isotherm at 353 K. This result is shown in Figure 3-10. The 

measured solubility compares fairly well with the literature data for the vapour phase 

composition up until the mixture critical region from where the measured solubility pressure 

is lower than the presented literature pressure (for the liquid phase composition).  
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Figure 3-10:  Comparison between measured and literature [55] solubility of 1-dodecanol in carbon 
dioxide 
 

Published solubility data for 1-alcohols in carbon dioxide show a difference in solubility of 

the solute (especially at low temperatures). The difference is attributed to different 

experimental methods used to measure the phase equilibria as well as the purity of reagents 

used. To illustrate this difference in published data, the solubility of 1-octanol will be used as 

an example.  

Figure 3-11 and 3-12 show the solubility of 1-octanol in carbon dioxide from different 

literature sources.  
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Figure 3-11:  Solubility of 1-octanol in carbon dioxide (vapour phase) [a - 51], [b – 52], [c – 49], [d – 50]  
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Figure 3-12:  Solubility of 1-octanol in carbon dioxide (liquid phase), [a - 51], [b – 52], [c – 49], [d – 50]  
 

Fourie et al. [49] (reference (c) in Figure 3-11 and Figure 3-12) used a synthetic method 

with the experimental set-up similar to the experimental set-up used in this work. The 

measured solubility of 1-octanol compare reasonably well with other published literature 
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sources. It is assumed that the experimental method used in this work provides reliable 

solubility data although comparative phase equilibria from literature are scarcely found.  

3.4.2 Ethane (C2H6) 
 

Figure 3-13 shows the measured solubility of 1-dodecanol in ethane (refer to appendix B, 

Table 8-34 and Table 8-35, page 155). 1-Dodecanol has a high solubility in supercritical 

carbon dioxide. There are no temperature inversions or three phase regions observed for the 

mass fraction presented. Solubility isotherms are strongly affected by a change in the mass 

fraction of the alcohol. 
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Figure 3-13:  Solubility of 1-dodecanol in ethane 
 

3.4.3 Propane (C3H8) 

Figure 3-14 shows the measured solubility of n-tetradecane in propane (refer to appendix B, 

Table 8-37 and Table 8-38, page 158). N-tetradecane has a very high solubility in 

supercritical propane as seen from the relatively low pressures required for total solubility. 

There are no temperature inversions or three phase regions observed in the range of mass 
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fractions investigated. From the flat curve it is evident that the pressure-mass fraction plots 

are not strongly affected by a change in the mass fraction of the alkane (compared to results 

obtained with carbon dioxide and ethane as supercritical solvents). It must be emphasised that 

the temperature required to obtain this very high solubility is significantly higher than 

temperatures required achieving total solubility of solute in supercritical carbon dioxide and 

ethane due to propane’s higher critical temperature. The mixture critical point is at a very low 

mass fraction of solute at the low temperature and moves further away from the very low 

mass fraction of solute as the temperature increases. 
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Figure 3-14:  Solubility of n-tetradecane in propane 
 

3.5   Comparison between solubility of n-tetradecane and 1-dodecanol 

3.5.1 Carbon dioxide (CO2) 

Figure 3-15 shows the combined solubility data for 1-dodecanol and n-tetradecane in carbon 

dioxide. From the figure it is clear that there is a large solubility difference between the 

alkane and the alcohol especially for the mass fraction range 0.1 to 0.7. Carbon dioxide 

exhibits good selectivity or relative solubility of the alkane to the alcohol. Carbon dioxide 

merits further investigation with regards to pilot plant testing as a possible supercritical 

extraction solvent to separate a mixture of n-tetradecane and 1-dodecanol. A lower 
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temperature should be favoured since there is bigger difference in solubility of n-tetradecane 

and 1-dodecanol at a low temperature. For n-tetradecane an increase in temperature causes 

the solubility to decrease. An additional reason why a lower temperature is favoured above a 

high temperature is the temperature inversion occurring in the carbon dioxide – 1-dodecanol 

system at a low temperature.  
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Figure 3-15:  Comparison between solubility of n-tetradecane and 1-dodecanol with carbon dioxide 
 

3.5.2 Ethane (C2H6) 

Figure 3-16 shows the combined solubility data for 1-dodecanol and n-tetradecane in ethane. 

There is a large solubility difference between the alkane and the alcohol especially near and 

in the mixture critical region. Ethane exhibits good selectivity of the alkane to the alcohol and 

merits further investigation towards being a possible solvent for supercritical extraction. The 

difference in the mixture critical pressure at low temperature is bigger than a high 

temperature. At 313 K the mixture critical pressure for n-tetradecane and 1-dodecanol is 56.7 

and 130.6 bar respectively which equates to a difference of 73.9 bar. At 343 K the mixture 

critical pressure for n-tetradecane and 1-dodecanol is 89 and 160.1 bar respectively which 

equates to a difference of 71.1 bar.  
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Figure 3-16:  Comparison between n-tetradecane and 1-dodecanol with ethane as solvent 
 

3.5.3 Propane (C3H8) 
 

Figure 3-17 shows the combined solubility data for 1-dodecanol and n-tetradecane in 

supercritical propane. Although significant in some regions (high mass fraction regions), the 

solubility difference is marginal in other regions (mixture critical and low mass fraction 

regions), resulting in a poor selectivity and thus not an attractive option.  
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Figure 3-17:  Comparison between solubility of n-tetradecane and 1-dodecanol in propane 
 

3.6 Relative solubility 

To obtain an indication of the separation a specific solvent can achieve by preferentially 

solubilising one component relative to another, the relative volatility can be calculated [10]: 

Equation 3-2:     
m

n
mn K

K=/α  

 

Where Kn and Km are defined as follows: 
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In Equation 3-2, yn and ym refer to the fraction of component n and m in the vapour phase 

and xn and xm refer to the fraction of component n and m in the liquid phase. For a relative 

volatility greater than 1.05, separation can generally be achieved. 
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For this type of analysis, all components are present in the vapour-liquid equilibria 

measurement. However, for the phase equilibrium measurements conducted in this work, 

binary measurements were interpolated (tie lines on saturation curve from vapour phase data 

points horizontally towards the liquid phase line and vice versa). The separation factors can 

not be calculated from the available data, but an indication of the solubility of one component 

with respect to another can be obtained by defining the relative solubility (an/m) of component 

‘n’ with respect to component ‘m’ in specific solvent as the ratio given in equation 3-2. 

To ensure a relative solubility value of greater than one, the K value of the more soluble 

compound (n) is divided by the less soluble compound (m). For a greater value of the relative 

solubility, a greater difference in solubility will thus cause an easier separation.  

This analysis has some limitations. The fractions used for the analysis originate from binary 

phase equilibria and do not take into account any binary interactions. An indication of these 

interactions can be obtained through ternary phase diagrams but these are outside the scope of 

this project. The relative solubility of n-tetradecane (more soluble compound) to 1-dodecanol 

(less soluble compound) is calculated at various temperatures from isothermal solubility data. 

Calculations are conducted to approximately 3 bar below the mixture critical point 

(depending on the prominence of the mixture critical point). If the mixture critical point is 

less prominent (large positive gradient before and large negative gradient after) it is difficult 

to draw tie-lines and estimate liquid or vapour compositions. The largest relative solubility 

presented, is thus not at the mixture critical pressure, but at a pressure just below. The 

calculated relative solubility of n-tetradecane to 1-dodecanol can be viewed in Figure 3-18, 

Figure 3-19 and Figure 3-20 for carbon dioxide, ethane and propane respectively: 
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Figure 3-18:  Relative solubility of n-tetradecane-carbon dioxide to 1-dodecanol-carbon dioxide at various 
temperatures as a function of pressure 
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Figure 3-19:  Relative solubility of n-tetradecane-ethane to 1-dodecanol-ethane at various temperatures as 
a function of pressure 
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Figure 3-20:  Relative solubility of n-tetradecane-propane to 1-dodecanol-propane at various 
temperatures as a function of pressure 
 

The relative solubility (αn/m) values are very high and thus separation should be easily 

achieved. It can be seen that an increase in pressure leads to an increase in relative solubility 

while an increase in temperature leads to a decrease in relative solubility. The increase in 

relative solubility with increase in pressure is more prominent at lower temperatures (gradient 

of relative solubility pressure function).  

Carbon dioxide has a very good relative solubility of n-tetradecane to 1-dodecanol. The 

highest relative solubility is achieved at the lowest temperature.  

Propane shows a good relative solubility contrary to the observed solubility difference of n-

tetradecane and 1-dodecanol from binary phase equilibria. Comparing the relative solubility 

of ethane and propane at the lowest temperature (both propane and ethane have the same 

reduced temperature (Tr = 1.02). This point corresponds to an/m = 2.7 at a pressure of 55.7 bar 

for ethane and an/m = 2.1 at 46 bar for propane. The corresponding mixture critical pressure 

for n-tetradecane (more soluble compound) is 56.7 and 48.7 bar in ethane and propane 

respectively. The relative solubility value increases with an increase in pressure (asymptotic 

maximum at mixture critical pressure of the less soluble compound from the 

definition/method of relative solubility). It is expected that the presented maximum would 
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increase as the pressure increases towards the mixture critical pressure. Ethane has a relative 

solubility of 2.7 at 0.98 of the mixture critical pressure with propane having a relative 

solubility of = 2.1 at 0.96 of mixture critical pressure.  

Figure 3-21 shows the density of 1-dodecanol in carbon dioxide, ethane and propane. The 

same reduced temperature is used (TR = 1.02). This reduced temperature equates to 313 K 

for carbon dioxide and ethane and 378 K for propane. Carbon dioxide has the highest relative 

solubility with propane having the lowest relative solubility. The gradient of the relative 

solubility pressure function is higher for ethane compared to propane. Relative solubility data 

for carbon dioxide is truncated to compare the data to that of ethane and propane (refer to 

figure 3-18, p 55, for the complete carbon dioxide relative solubility data). 
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Figure 3-21:  Comparative relative solubility at Tr = 1.02 

3.7 Density  

Liquid-like densities typical of supercritical mixtures are presented for the various solute-

solvent combinations in this section. There is a general decreasing trend in density with 

increasing solvent content (evident from the low mass fractions from the presented figures). 

The effect of temperature change on density is much more pronounced at the lower mass 

fractions of solute than at the higher mass fractions. This is explained through the mixture 

densities approaching the solvent density as the mass fraction of the solute approaches zero. 
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The mixture densities approach the solute density as the mass fraction of the solute 

approaches 1. 

The experimental set-up used in this work was designed primarily to visually obtain the 

solubility pressure of a specific mass fraction of solute in a supercritical solvent. A secondary 

result is an approximate mixture density which is calculated from the piston position and 

ultimately the volume which the total combined mass (solute and solvent) occupies.  

The mass is determined accurately to 0.001 g. However the volume is not so accurate and 

predicted from the piston position. The predicted volume is given by equation 3-3. 

Equation 3-3    V = A .x + B 
 

Where A and B are fitted and x is the piston position (refer to appendix B, Figure 8-2, page 

144). The accuracy of x is ± 1% (0.2 mm) and A and B probably each ±2% accurate. The 

errors attributed to the measured densities can be quite large and figures of density will 

mainly be used for qualitative comparison. 

The density of the mixture of 1-dodecanol and propane is presented in Figure 3-22. 
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Figure 3-22:  Density of 1-dodecanol and propane mixture [85] 
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The density of the mixture of n-tetradecane and propane is presented in Figure 3-23. 
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Figure 3-23:  Density of n-tetradecane and propane mixture 
 

Figure 3-24 shows the comparative densities of n-tetradecane and 1-dodecanol in propane. 

There is not a big difference in density although the difference is more pronounced at 408 K.
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Figure 3-24: Density of n-tetradecane and 1-dodecanol in propane  

The density of the mixture of 1-dodecanol and ethane is presented in Figure 3-25. 
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Figure 3-25:  Density of 1-dodecanol in ethane 
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The density behaviour of the 1-dodecane and ethane mixture is similar to the observed 

behaviour of the 1-dodecanol and propane system. The lower densities for the propane 

system compared to the ethane system are attributed to the elevated temperatures. An 

incremental change of 15 K from 378 to 393 K is proportionally much smaller than the same 

incremental change for ethane or carbon dioxide from 313 to 328 K. 

There is no density data available for the combination n-tetradecane and ethane as the 

solubility was not measured but predicted in its entirety.  

The mixture density with carbon dioxide as solvent is shown in Figure 3-26 and Figure 3-27.  
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Figure 3-26:  Density of n-tetradecane in carbon dioxide 
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Figure 3-27:  Density of 1-dodecanol in carbon dioxide 
 

Figure 3-28 shows the comparative densities of n-tetradecane and 1-dodecanol in carbon 

dioxide. There is a significant difference in density between n-tetradecane and 1-dodecanol in 

the low mass fraction region (smaller than 0.2).  
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Figure 3-28:  Density of n-tetradecane and 1-dodecanol in carbon dioxide 
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Figure 3-29 shows the density of 1-dodecanol in carbon dioxide, ethane and propane. The 

same reduced temperature is used (Tr = 1.02). This reduced temperature equates to 313 K for 

carbon dioxide and ethane and 378 K for propane. 
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Figure 3-29: Density of 1-dodecanol in various solvents at the same reduced temperature 
 

Density as a singular parameter does not preside over the success of a separation process. A 

difference in the density for the phases present is required for good separation to occur.  

3.8 Solvent selection  

In this section, the information on the solute solubility in various solvents is evaluated to 

determine which solvents warrant further investigation towards potential supercritical 

extraction application. Solvent selection is based on three main criteria namely temperature, 

solubility and selectivity. 

3.8.1 Effect of temperature 

The temperature at which a solute is soluble in a supercritical solvent determines the energy 

requirement for heating to maintain a desired extraction operating temperature. Solubility 

data were scrutinised for reduced temperatures of the solvent of 1 to 1.2. This is the 
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preferable temperature range at which transport properties of supercritical solvents are 

utilised. Temperature as a solvent selection criterion is consequently based on the solvent 

critical temperature. Temperature also affects the solubility of the solute. Generally, an 

increase in temperature reduces the solubility of the solute.  

From binary phase equilibria measured for 1-dodecanol and carbon dioxide, a temperature 

inversion was observed, with 1-dodecanol being less soluble at 313 K than 328 K for a large 

portion of the mass fraction evaluated (refer to Figure 3-8 and Figure 3-9, page 44). Using 

carbon dioxide as supercritical solvent, the highest solubility of n-tetradecane is at the lowest 

temperature (313 K, refer to Figure 3-6, page 42), while 1-dodecanol has a better solubility at 

higher temperature. For this example, the low temperature could favour separation. Carbon 

dioxide (304.2 K) and ethane (305.3 K) have similar critical temperatures and are favoured 

above propane (369.8 K) considering only temperate as solvent selection criterion. Carbon 

dioxide possesses an additional temperature quality from the observed temperature inversion.  

3.8.2 Effect of solubility 

The solute solubility determines the pressure required to solubilise a specific mass fraction of 

solute in a solvent. The mixture critical pressure is the pressure required for total solubility of 

the solute in the solvent. In a continuous supercritical extraction process there is a specific 

mass flow rate of solute and a specific mass flow rate of solvent. Although the ratio of solute 

to solvent gives an indication of the operating mass fraction it is much more complex since 

there are normally several equilibrium stages in such an extraction process.  

One of the limitations of the experimental procedure used in this work is that a measured 

experimental point is only the vapour phase or the liquid phase, based on the mass fraction of 

solute loaded into the equilibrium cell. By using horizontal tie-lines and interpolation 

(method used to generate relative solubility data), vapour/liquid compositions for a specific 

pressure can be estimated. This method however has some limitations since experimental 

data points are required to interpolate and very few data points are measured in the very low 

mass fraction range (vapour phase).  

Vapour phase mass fractions are measured to a minimum of around 0.017 (mass fraction of 

solute). Lower mass fraction solubility data are required to determine the vapour phase 

behaviour in more detail. Tie-lines from liquid phase solubility data points to extrapolated 

vapour phase solubility data points may produce significant errors. It is recommended to use 
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an experimental method that produces a combination of both vapour and liquid composition 

for a specific pressure. Although the solubility of the solutes differ significantly with the type 

of solvent used when evaluating the entire mass fraction range, this difference is much less 

prominent in the very low mass fractions of solute (the vapour phase region where the mass 

fraction of the solute approaches zero).  

Where there is a large difference in solubility of the two components that need to be 

separated, extraction pressure is normally set just above the mixture critical pressure for total 

solubility of the more soluble compound. A certain pressure is required to completely 

solubilise the more soluble compound. At an increased extraction pressure, there is a bigger 

driving force to reach the equilibrium solubility since more solute is soluble at the higher 

pressure. 

Extraction pressure determines the capital cost of equipment (wall thickness, high pressure 

pumps). The energy required for pumping is often small or negligible in comparison to 

heating cost [2]. For the purpose of selecting a solvent based on pressure as the selection 

criterion, the mixture critical pressure (pressure for total solubility) will be used to distinguish 

between the various solvents.  

The mixture critical pressure of n-tetradecane in carbon dioxide is 104.0 bar (Pr = 1.41) at 

313 K (Tr = 1.03) and 192.5 bar (Pr = 1.85) at 358 K (Tr = 1.18). The mixture critical pressure 

for 1-dodecanol in carbon dioxide (if it exists, depending on the type of phase behaviour) was 

not determined through experimental measurements. The mixture critical pressure of n-

tetradecane and 1-dodecanol in ethane is 56.7 bar (Pr = 1.17) and 130.6 bar (Pr = 2.69) 

respectively at 313 K (Tr = 1.03); 106.5 bar (Pr = 2.20) and 174.9 bar (Pr = 3.60) respectively 

at 358 K (Tr = 1.17). The mixture critical pressure of n-tetradecane and 1-dodecanol in 

propane is 47.8 bar (Pr = 1.14) and 47.0 bar (Pr = 1.12) respectively at 378 K (Tr = 1.02); 67.6 

bar (Pr = 1.61) and 68.9 bar (Pr = 1.64) respectively at 408 K (Tr = 1.10). 

Considering the aforementioned phase equilibrium data, solvent selection based on solubility 

in order of highest solubility to the lowest solubility at a constant reduced (Tr = 1.02) 

temperature of the solvent is:  

C3H8 > C2H6 > CO2 
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Although propane shows a much higher solubility for both n-tetradecane and 1-dodecanol, it 

must be noted that this solubility is at a significantly higher temperature.  

3.8.3 Effect of selectivity 

Selectivity (relative solubility of alkane to alcohol) is a major factor taken into consideration 

when choosing a solvent as a possible supercritical fluid for application in an extraction 

process. The relative solubility gives an indication of the degree of separation that can be 

achieved in an extraction process. From the relative solubility analyses performed, the 

selectivity of the solvents in order of the highest selectivity to the lowest selectivity is (refer 

to Figure 3-21, page 55): 

CO2 > C2H6 > C3H8 

The selectivity is based on the relative solubility from the binary phase equilibria and does 

not take into account any interaction between 1-dodecanol and n-tetradecane. It is important 

that it is based on equilibrium solubility. Extraction dynamics might be superior to the 

equilibrium selectivity. For a given temperature and extraction pressure, n-tetradecane might 

reach the equilibrium faster in ethane compared to the time required for equilibrium in carbon 

dioxide or vice versa. Thus, although carbon dioxide show a greater selectivity, extraction 

might be better with ethane.  

The alkane, n-tetradecane, as well as propane and ethane are non-polar and as expected, n-

tetradecane is more soluble than 1-dodecanol (which is weakly polar). The closer the 

molecular weights and chemical structure of the solvent and the solute, the larger the 

solubility of the solvent in the solute. Superior solubility of solute in propane above ethane 

can thus be expected. 

3.8.4 Solvent selection for pilot plant testing 

Considering each of the selection criteria individually, the following is concluded: 

• Both carbon dioxide and ethane have favourable temperature considerations. 

• Propane has superior solubility of n-tetradecane and 1-dodecanol. 

• Carbon dioxide demonstrates the highest selectivity.  
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Solvent selection is a trade-off between high selectivity, high solubility (low pressure) and a 

low temperature to achieve the selectivity and solubility. From phase equilibrium data both 

carbon dioxide and ethane stand out and will be investigated further with pilot plant testing to 

confirm practical separation. 

   

3.9   Conclusions from phase equilibrium data 

In this chapter the identified missing literature data (established from chapter 2) were 

measured to obtain complete sets of isothermal binary phase equilibria. Solubility data for n-

tetradecane and 1-dodecanol were combined in solvent specific sets and a relative solubility 

analysis was performed. Potential solvents that warrant further investigation on a pilot plant 

scale were identified based on temperature, selectivity and solubility.  

The following are concluded from the phase equilibrium data: 

• All three solvents (carbon dioxide, ethane and propane) have the ability to distinguish 

(based on a difference in the pressure required for solubility) between 1-dodecanol and n-

tetradecane.  

• Carbon dioxide has the lowest solubility of both n-tetradecane and 1-dodecanol while 

propane has the best solubility of both n-tetradecane and 1-dodecanol.  

• From the measured phase equilibrium data for 1-dodecanol in carbon dioxide a 

temperature inversion is observed. For all other systems an increase in temperature leads 

to an increase in bubble/dew point pressure (lower solubility) and no temperature 

inversions or three phase regions were observed in measured data.  

• From the relative solubility analyses, carbon dioxide has the highest selectivity. 

• Solvent selection suggests that both carbon dioxide and ethane be investigated with pilot 

plant testing to confirm practical separation.  
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4 Pilot plant verification of separation process 

 

4.1 Introduction 

This chapter entails the experimental pilot plant verification of the separation of n-tetradecane 

and 1-dodecanol using carbon dioxide and ethane as supercritical solvents. These two 

solvents arose as possible candidates after evaluating the phase equilibria of the two 

aforementioned solutes. Refer to chapter 3 for the binary phase equilibria and solvent 

selection. 

The aim of this chapter is to show that supercritical ethane and carbon dioxide can separate a 

50-50% model feed into an alcohol rich and alkane rich stream. The aim is not to optimise 

such a process but rather to determine whether such a process is technically viable. 

4.2   Application of supercritical fluid extraction  

In recent years supercritical fluids have been introduced as a mass-separating agent for 

various separation processes. The decaffeination of coffee [86] and the production of hop 

extract used as a constituent for beer are examples of industrial-scale applications of 

supercritical fluid extraction. In these applications the feed is a solid and the extraction is 

carried out in a batch mode. For extraction from a liquid feed stock, extraction can most 

effectively be carried out using a continuous countercurrent process [87], [26], [88]-[89]. 

4.2.1 Industrial-scale applications 

In this section, some industrial-scale applications of supercritical fluids for the separation of 

heavy molecular weight compounds are highlighted. This will show that although this 

separation technology is not as established as conventional techniques (e.g. distillation and 

liquid-liquid extraction), commercial applications exists that use this technology to 

successfully separate and concentrate compounds to add economic value and/or to increase 

the product purity for further modification or downstream processes.  

4.2.1.1 Propane de-asphalting   

Upon the realisation of a liquid’s solvent power with changes in pressure and temperature, 

propane de-asphalting became the first commercial application that used near critical solvents 

in the field of petroleum processing that utilised the change in a solvent’s solvent power with 

a change in temperature and pressure in the field of petroleum processing (1936) [26], [90]. 
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The refinement of some lubricant oil still uses this original process. Compressed propane 

liquid at 323 K dissolves all the compounds in the lubricant oil except for the asphalt fraction. 

The asphalt is separated from the mixture and recovered. The extract mixture goes through a 

process of de-waxing by evaporating a portion of the propane. This evaporation procedure 

reduces the extract mixture to 277 K at which the wax precipitates from the solution and is 

removed. The solution is re-heated to 373 K to decrease the solubility of the various 

constituents and a stepwise precipitation and recovery of resins and naphthalenic constituents 

is possible. Only the lightest paraffins remain in solution [26].  

4.2.1.2 ROSE process 

Improving on the original de-asphalting, the residuum oil supercritical extraction process was 

developed in the 1950’s. The first commercial application was in 1976 [91]. The process is 

also not entirely a supercritical extraction process save for the final process step. The oil is 

mixed with compressed liquid pentane. Except for the asphalt fraction, all components 

dissolve in the liquid phase. With the asphalt removed from the mixture, the constituents are 

reduced to solvent, resin and light oils. The resin is removed through precipitation by heating 

the solution in isobaric conditions to a temperature just below the solvent critical temperature 

(469.8 K). In the final step, the mixture is heated to a temperature just above the solvent 

critical temperature. At this point the solvent has a reduced solvent power and the light oils 

are precipitated out of solution. Using the properties of the supercritical solvent in this last 

step, the light oils can be recovered with minimal energy input [92], [26]. 

4.2.1.3 Demex and Solvahl-Asvahl processes 

These two processes use light hydrocarbon solvent close to their critical point (similar to 

ROSE process). Light oils and resins are extracted from vacuum residuum and heavy crudes 

into different fractions. Clean oils with a low metal content are produced from these 

processes with a low utility consumption. These oils can be used for the purpose of 

lubrication or as a feedstock for catalytic cracking [91]. 

4.2.1.4 Solexol process 

This process is analogous to the propane de-asphalting process. Near critical propane is used 

to selectively concentrate poly-unsaturated triglycerides in vegetable oils and vitamin-A from 

fish oils. At ambient temperature, propane dissolves all the triglycerides. If the solution is 

heated, the unsaturated triglycerides become less soluble (relative to saturated triglycerides) 

and can be recovered [26].  
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4.2.2 Research related to work in this study 

In this section previous studies related to supercritical fractionation of high molecular weight 

compounds are presented. This is done to identify operational parameters (temperature, 

pressure, mass flow rates of solvent and solute, type of packing used and conditions of reflux) 

for pilot plant experiments to be conducted and will also suggest the amount of experimental 

runs from which extraction data can be interpreted. A short description of the system studied 

will be given with a summary of the range of experimental parameters. 

Schwarz [2] studied a system for the concentration of alcohol ethoxylates from a mixture of 

alcohol ethoxylates, alcohols and alkanes with supercritical propane as solvent. The alcohol 

ethoxylate had an average hydrocarbon backbone of molar mass 750 g/mol and 

approximately 50% ethoxylation, (that is 50% of the average molecular weight of the alcohol 

ethoxylate consists of the added polyethylene oxide). A pilot plant set-up with countercurrent 

solvent flow with solute fed at the top of an extraction column and a solvent recycle stream 

was employed. 

Solvent mass flow rates were in the range of 14 to 22 kg/(s.m2) (extraction column 0.017 m 

inside diameter) and the solvent to feed ratios varied from 21 to 94. Runs were conducted 

between 115 and 150 barA (Pr from 2.73 to 3.56) at temperatures 393 and 400 K (Tr from 

1.06 to 1.08). An analysis of the effect of solvent to feed ratio was conducted at 130 barA and 

393 K. Resulting overhead to feed ratios are between 0.05 and 0.28. 

From phase equilibrium data it can be seen that the solubility of the alkane and alcohol is 

similar in supercritical propane and that the alcohol ethoxylate is much less soluble. An 

operating pressure for extraction was suggested from analysis of relative solubility curves. 

This value should be just above the pressure corresponding to the mixture critical point for 

the alkane (highest solubility difference between alkane and alcohol ethoxylate). The large 

difference in solubility of the alcohol ethoxylate relative to the alkane/alcohol in supercritical 

propane in the work by Schwarz [2] is similar to the large difference in solubility of the 1-

dodecanol relative to the n-tetradecane in both supercritical ethane and carbon dioxide as 

shown in this study (refer to chapter 3). Although a different solvent was used (propane), it is 

assumed that the data trends from pilot plant experimental runs would be analogous to pilot 

plant runs from this work.  

From the 11 experimental runs conducted, the effects of operating pressure, temperature and 

solvent to feed ratio were evaluated. Results showed that if all other parameters were kept 
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constant, an increase in pressure leads to an increase in the overhead to feed ratio. This can be 

explained by the fact that an increase in the solubility of the solute occurs with an increase in 

pressure. In experimental runs where the column pressure was kept constant, an increase in 

temperature decreased the amount of overheads and can be explained by the reduction in 

solute solubility with an increase in temperature. The combined effect of temperature and 

pressure showed that at lower temperatures with the pressure adjusted to obtain a similar ratio 

of overhead to feed, a sharper separation could be achieved. An increase in solvent to feed 

ratio also leads to an increase in the percentage of overheads and can be attributed to the fact 

that more solvent per unit solute is cycled through the column and thus more solute can be 

dissolved. 

Crause [93] investigated supercritical extraction with carbon dioxide and ethane on a mixture 

of normal alkanes ranging from n-C11 to n-C30. Crause used the same experimental set-up 

used in this work. 

For carbon dioxide, 11 runs were conducted at countercurrent conditions without reflux. 

Temperatures ranged between 321 and 338 K (Tr from 1.06 to 1.11) while pressures ranged 

between 101 to 145 barA (Pr from 1.36 to 1.96). The mass flow rates of solvent were between 

2.2 and 6.7 kg/(s.m2) and mass flow rates of solute were from 0.06 to 0.19 kg/(s.m2). 

Resulting extract to feed ratios attained from corresponding temperature, extraction pressure 

and mass flow rates were 0.08 to 0.546. Twelve runs were also conducted with reflux at 

constant temperature (322 K; Tr = 1.06). Operating pressures varied from 110 to 138 barA (Pr 

from 1.48 to 1.87). Mass flow rates were 5.6 to 8.1 kg/(s.m2) for the solvent and 0.09 to 0.17 

kg/(s.m2) for the solute. Conditions of reflux (1.4 to 13.7) resulted in extract to feed ratios of 

0.22 to 0.51.   

Ten experimental runs were conducted with supercritical ethane (3 runs without reflux and 7 

with reflux conditions). Temperature and pressure were kept constant at 333 K (Tr = 1.09) 

and 88 barA (Pr =1.81). The mass flow rate changes from 1.9 to 4.55 kg/(s.m2) for the solvent 

and 0.13 to 0.3 kg/(s.m2) for the solute. Conditions of reflux (2.5 to 7.2) result in extract to 

feed ratios of 0.32 to 0.55. 

It is concluded from the results presented by Crause [81] that some fractionation of feed wax 

can be achieved without reflux. However the cut sharpness is poor, with both the overheads 

product and bottoms product having a wide range of chain lengths. There is also a large 

overlap between the overheads product and bottoms product, indicating poor separation 
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efficiency. Returning some extract to the extraction column as reflux resulted in a much 

improved fractionation of the feed wax with sharper cuts and little overlap between 

overheads product and bottoms product. This study by Crause [82], [83] (with a homologous 

mixture of n-alkanes) suggests that conditions of reflux could lead to improved separation of 

a mixture of 1-dodecanol and n-tetradecane in supercritical carbon dioxide and ethane and 

needs to be investigated. 

Nieuwoudt [91] investigated supercritical fractionation of normal alkanes from nC20 to 

nC100 with butane as supercritical solvent. Nieuwoudt used a similar experimental set-up as 

used by Schwarz [2]. The solvent recycle system was the same, but the column had a 

different ID.   

Nine experimental runs were conducted at countercurrent conditions without reflux. The 

temperature were kept constant at 438 K (Tr = 1.03) while pressures ranged between 55 to 66 

barA (Pr from 1.45 to 1.75). The mass flow rate of the solvent and solute varied from 5.9 to 

10.5 kg/(s.m2) and 0.4 to 0.55 2 kg/(s.m2) respectively resulting in an overhead to feed ratio 

of 0.18 to 0.84. Two runs with reflux at temperatures 433 and 438 K (Tr = 1.02; 1.03) at 

constant pressure of 66 barA (Pr =1.75) with the mass flow rate of the solvent being 5.67 and 

5.77 kg/(s.m2) and 0.34 and 0.38 kg/(s.m2) for the solute. Resulting reflux ratios were 3.2 and 

3.9 with overhead to feed that ranged from 0.48 and 0.55. 

4.3 Pilot plant set-up, procedures and materials used 

4.3.1 Pilot plant set-up 
 

A schematic representation of the pilot plant set-up used is given in Figure 4-2 (page 74). A 

detailed description of the pilot plant and testing thereof against reliable literature data is 

given elsewhere [94]. Refer to appendix D for a detailed description of the operating 

procedure and safety requirements. 

The core of the pilot plant is a 5 m tall, 28 mm inner diameter column, equipped with two 

2.16 m sections of Sulzer DX packing (see Table 4-1 for technical detail). This is a gauze 

type of packing woven from stainless steel wire. Figure 4-1 shows Sulzer DX packing. 
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Table 4-1:  Sulzer DX packing data [93] 

Geometric information Value 

Crimp height 3 mm 

Channel base 6.5 mm 

Channel side 4.4 mm 

Surface area# 

900 

m
2
/m

3
 

Void fraction 77% 

Channel angle with horizontal 60
o
 

# not including the column wall area of 140 m
2
/m

3
 

 

 

Figure 4-1:  Sulzer DX packing [95]  
 

The pilot plant has a maximum operating pressure and temperature of 300 bar and 420 K 

respectively. The solute is heated in a feed vessel (8 L capacity) and introduced as a liquid at 

the column temperature through a variable stroke length diaphragm pump (Dosapro from 

Milton Roy) with a maximum rating of 2 L/h and 260 bar. The solute can enter the column at 

the top or middle, depending on mode of operation. The extraction column is jacketed and 

heated with circulating water. 

Liquid solvent from the buffer vessel is pumped to the extraction pressure with a variable 

stroke length diaphragm pump (Dosapro from Milton Roy) which has a maximum rating of 

29 L/h and 260 bar. Once at operating pressure, the solvent is heated to the column 
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temperature (supercritical conditions) in heat exchanger HX03 and introduced at the bottom 

of the column.  

The solvent and solute feed enters the column through tubes that protrude to the centre of the 

column. There are no distributors. A wetting test was done previously by Crause [82]. Tests 

with a paraffin mixture (n-C10 to n-C13) showed that a packing segment (54 mm in height) 

was completely wetted form a single drip point. 

The solvent proceeds up the column and the solute rich solvent expands over a pressure 

control valve into a separation vessel equipped with demisting Goodloe knitted packing. The 

separator is operated at a solvent storage pressure (bottle pressure of the solvent) and solute is 

allowed to separate from the solvent. The solvent exiting the separator is cooled down and 

condensed through a heat exchanger (HX01). The condensed solvent flows through a mass 

flow meter (Danfoss) before returning to the solvent buffer vessel. Make-up solvent enters 

the buffer vessel through an external gas feed-line from the make-up solvent bottle, the 

pressure in the make-up solvent bottle controlling the pressure in the buffer vessel. 

Solute from the separator may also be returned to the top of the extraction column as reflux 

through an 8 L/h double diaphragm pump (Lewa). The overheads and bottoms products are 

removed periodically from the bottom of the separation vessel and the bottom of the 

extraction column respectively. 

Temperatures T1 and T6 are measured to an accuracy of 0.4 K while T3 through T5 are 

measured to an accuracy of 0.5 K. Pressure gauge P1 is accurate to 1.5 bar while P3, P4 and 

P6 are accurate to 2 bar. The solute feed, the overheads and the bottoms flow rates are 

measured to an accuracy of 1% while the solvent flow rate is measured with an accuracy of 

3%. 

All piping, valves and pumps in the solute containing streams are traced with copper tubing 

heated with hot water. The solvent buffer vessel is jacketed and cooled with the recirculation 

of cold water from the chiller. Two heating baths from Tool-Temp provide the recirculation 

of hot water and a chiller (Sam Chin Cold Water Machines Ltd.) provides chilled water. 

The column pressure is maintained through V3. A PLC (controllable logic computer) controls 

the degree to which this valve is open or closed. Two modes of operation are employed: The 

valve can be set at a fixed open percentage (this is done during start-up to achieve a steady 

liquid hold-up and flow through the entire system – normally about 20% open). During a 
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experimental run, the pressure is maintained at the desired level by setting the valve to 

change the percentage valve opening to achieve the required pressure. During this last mode 

of operation, the valve will open and close to maintain the desired value for pressure. If the 

pressure in the column exceeds the set pressure, the valve will open till the set pressure is 

achieved, whereas the valve will close if the pressure in the column is below the set value. To 

prevent continuous opening and closing of the valve, the control program has a valve active 

and valve inactive time (which can be adjusted by the user to improve pressure control). The 

PLC evaluates the pressure, it opens/closes the valve for one second (active time used during 

pilot plant experiments in this study) upon which the valve will be inactive for six seconds 

(inactive time used during pilot plant test work). 
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Figure 4-2  Pilot plant process flow diagram 
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Figure 4-2:  Pilot plant process flow diagram 
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Table 4-2 gives a description of symbols used in the pilot plant process flow diagram. 
 

Table 4-2:  Process flow diagram indicator list 

T1 Extractor exit (overheads)

T2 Solvent from sep. to reflux pump

T3 Solvent exit from separator

T4 Gas from cylinder

T5 Buffer exit before solent feed pump

T6 Solvent temperature into extractor

P1 Extractor overheads (pressure control)

P2 Relux after reflux pump

P3 Solvent exit from separator

P4 Solvent pressure before buffer

P5 Solute pressure into extractor 

P6 Solvent pressure extractor inlet

V1 Buffer exit

V2 Extractor bottoms

V3 Extractor overheads to separator

V4 To reflux pump from separator

V5 Separator sample (overheads)

V6 Solvent exit from separator

V7 Gas line in

V8 Solvent to extractor

V9 Solute - top feed

V10 Solute - mid feed

V11 Solute removal

V12 Solvent removal - before buffer

V13 Solvent removal - after seperator

V14 Secondary extractor solvent inlet

V15 Secondary extractor solvent exit to separator

F1 Solvent flow rate to buffer vessel

Pump1 Solvent feed pump

Pump2 Reflux pump

Pump3 Solute feed pump

Pumps

Temperature Indicators

Pressure Indicators

Valves

Flow Meter
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4.3.2 Experimental procedures 

Pilot plant experiments were conducted to confirm the practical separation of n-tetradecane and 

1-dodecanol using carbon dioxide and ethane as supercritical solvents. 

The experiment was initiated by starting the heaters and cooling unit (approximately 2 hours 

awere allowed for sufficient heating of the column). The solvent feed pump is started and the 

pressure control valve is set at a fixed opening (valve position). This solvent cycle is allowed for 

about an hour to achieve sufficient liquid hold-up in the buffer vessel and rest of the extraction 

unit (the gas feed-line is also open). The pressure control valve is now adjusted to the desired set 

pressure. The solute feed pump is started and the flow rate is set. For a specific pressure setting, 

the feed will divide into a bottoms product and an overheads product.  

Once a liquid level can be seen in the separator sight glass (it takes much longer for solute build-

up to the sight glass level in the separator than for a visible level of solute in the column bottoms 

resulting from the large diameter), small changes in the set pressure can be made to achieve an 

overhead to feed ratio of 0.5. For every pressure change, about 20 minutes weree allowed to 

reach pseudo equilibrium, upon which the bottoms- and overheads product were collected for 20 

minutes. This mass calibration is done 1 minute apart since both bottoms and overheads can not 

be removed simultaneously. This procedure is continued until the mass flow of the bottoms and 

overheads are similar. The system is now left undisturbed for 1 hour and equilibrium is assumed 

from steady values for temperature and pressure readings as well as the pressure control valve 

that keep the pressure of the column within 0.4 bar of the set value. A mass calibration is now 

performed for 1 hour (again 1 minute apart for the bottoms and overheads). After the mass 

calibration, bottoms and overheads samples are taken for analyses. 

To ensure that no air is trapped inside the column and other process vessels, care was taken 

during the initial solvent loading by purging the column, buffer vessels and separator several 

times with the gaseous solvent. Between experiments, the extraction plant is kept under pressure 

(vapour pressure) of the specific solvent used. After each experiment is conducted, the plant is 

divided into four subsections by closing the relevant valves. This is done to ease the 

identification of possible leaks since pressure inside a subsection will remain constant unless 
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there is a leak (in which case the pressure will reduce to ambient conditions). The four 

subsections is the extraction column (V3 and V8), the separator (V3 and V6), the buffer vessel 

and solvent cooling (V6 and V1) and the solvent feed heat exchange line (V1 and V8).  

After each experiment, all the solute is removed from the bottom of the column (V2), the solute 

melting vessel (V11) and the separator (V5). The solute removed from the extraction plant is 

combined to make up the feed stock for the next experiment. A sample of this composite solute 

mixture is analysed and a solute feed for the next experiment is prepared by adding either 1-

dodecanol or n-tetradecane (from analysis) to achieve a 50-50% (mass) model feed. During 

sampling of the composite sample, the solute mixture is preheated and stirred to ensure proper 

mixing since 1-dodecanol is in a solid phase at ambient conditions (although a 50-50% solute 

mixture is not a solid at ambient conditions, the bottoms product which might contain a large 

amount of 1-dodecanol and heating and mixing ensures a single homogenous mixture). The 

model feed was also heated and stirred prior to transferral to the solute melting vessel before the 

start of a new experiment. 

For experimental runs with reflux conditions, the same procedure were followed as for a normal 

countercurrent extraction run (this also requires a visible liquid level in the separator to prevent 

the reflux pump from running dry). Once the reflux pump is started, pseudo equilibrium mass 

calibrations are performed 20 minutes apart by changing the reflux ratio (the same pressure set 

value as used for countercurrent extraction to obtain an overhead to feed ratio of 0.5) to achieve a 

similar mass flow rate of bottoms and overheads. The same procedure for sampling and 

calibration is now followed for reflux runs. 

The following readings are logged during an experimental run: 

• Solvent inlet temperature to the extraction column. 

• Extract temperature exiting the extraction column. 

• Temperature of the solvent in buffer vessel. 

• The column pressure. 

• Separator pressure. 

• Separator temperature (inlet and outlet). 
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• Mass flow rate of bottoms and overheads. 

• Solvent flow rate.  

The samples are analysed as described in the following section. 

4.3.3  Pilot plant sample analysis 

Gas chromatographic analyses were performed on a Varian 3400 gas chromatograph equipped 

with a 60m long Phenomenex Zebron ZB-5 column with an inside diameter of 0.32 mm, 0.25 

µm packing and a FID detector. The chromatograph utilises helium as the carrier gas. Results 

from duplicated diluted samples show an error margin of less than 1.5%. 

Samples from the pilot plant experiments are diluted with chloromethane. No internal standard is 

used since only binary diluted samples are evaluated and results are standardized with a response 

factor calculated for a 50-50% (mass percentage). The analysis method results in a detection time 

of 14 minutes and 32 seconds for n-tetradecane and 15 minutes and 47 seconds for 1-dodecanol 

(enough time between detection times to prevent peak overlapping). 

Details on the method used are summarized in Table 4-3. 

Table 4-3:  GC method 
Description value units

Initial temperature 120
o
C

Initial time 1 min

Final column temperature 220
o
C

Rate of temperatur increment 10
o
C/min

Hold time 10 min

Injector temperature 220
o
C

Detector temperatue 270
o
C  

4.3.4  Materials 
The suppliers, purity and catalogue numbers of reagents used are given in Table 4-4. 

Table 4-4:  Materials used during pilot plant experimentation 

Material Supplier Catalogue number Purity

1-Dodecanol Sigma Aldrich 126799 > 98 %

n-Tetradecane Sigma Aldrich 172456 > 99 %

Ethane Afrox - > 99 %

Carbon dioxide Afrox - > 99.5 %  
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4.4 Experimental design for supercritical extraction evaluation 

Pilot plant runs were conducted to explore feasible regions for supercritical extraction for both 

carbon dioxide and ethane. Some of the main operational parameters that influence the extent of 

extraction include temperature, solvent to feed ratio, extraction pressure, feed position (top or 

middle feed) and reflux. There are also some equipment specific parameters that influence the 

extraction such as the column length, column diameter and type of packing used in the extraction 

column. 

Pilot plant runs were performed on an existing pilot plant with fixed dimensions and a range of 

operating conditions. Factors pertaining to the equipment design (column length, column 

diameter and packing type) were not looked at and are outside the scope of this study. 

It was decided to start the pilot plant experiments using carbon dioxide as supercritical solvent. 

The reason for this is twofold. Firstly, carbon dioxide is fairly cheap and readily available and an 

indication of the amount of solvent used for a complete set of experiments can be determined 

(since there are some solvent losses associated with sampling). Carbon dioxide is used for 

flushing and cleaning of the complete extraction system, since previous experiments performed 

on the pilot set-up might have left some residual contaminants that require removal. Ethane is 

very expensive and not as readily available and information on the amount of carbon dioxide can 

then be used for the procurement of ethane and planning required for a comparable set of 

experiments. Secondly, carbon dioxide is non-toxic and non-flammable. In using carbon dioxide, 

one can familiarise oneself with the equipment operation and detect possible leakages without 

the added risk of fire and expensive reagent loss.  

The solvent to feed ratio is a result from the combination of the mass flow rates of the solvent 

and the solute. It was decided to keep the solvent flow rate constant (for a specific solvent used) 

and to only vary the mass flow of the solute. Changing the mass flow of solute affects the mass 

fraction of solute to solvent and ultimately the solubility of the solute in the solvent (from phase 

equilibrium data). 

The pressure of extraction determines the solubility of n-tetradecane and 1-dodecanol. It was 

initially thought that the extraction pressure can be adjusted and looked at as process variable 
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independently. From the aforementioned alcohol ethoxylate concentration process [2], an 

extraction pressure just above the mixture critical point for n-tetradecane (highest 

solubility/lowest pressure for the mixture critical point) is suggested. Setting the extraction 

column pressure to the proposed pressure (of just above the mixture critical pressure for the more 

soluble component, that being n-tetradecane in this case) suggested by the alcohol ethoxylate 

concentration process resulted in both n-tetradecane and 1-dodecanol reporting to the overheads 

product. 

Since a model feed is used comprising a 50-50% (mass) mixture of n-tetradecane and 1-

dodecanol, an ideal separation process will result in a pure light component in the overheads 

product and a pure heavy component bottoms product. In the initial experimental design, discrete 

values for pressure were proposed with the low value being the mixture critical pressure for n-

tetradecane at a specific temperature. It was found that overhead to feed ratio is very sensitive to 

a pressure change. If the column pressure is too low, the entire feed goes directly to the bottoms 

product; with pressure being too high, the result is that the entire feed report to the overheads 

product. It was decided (based on experimental observations using carbon dioxide as 

supercritical solvent) that the extraction pressure is a dependant variable (for a given 

temperature, mass fraction of solute and feed position) and will be changed to a value resulting 

in an overhead to feed ratio of 0.5. It is assumed that similar behaviour will be observed using 

ethane as supercritical solvent and the same experimental procedure of varying the pressure to 

obtain an overhead to feed ratio of 0.5 will be employed.  

The experimental design thus revolves around 4 key parameters:  temperature, mass flow rate of 

the solute, feed position to the column and reflux. It was decided to use a one half 24 factorial 

design. This design allows one to compare combinations of the 4 variables to at least a binary 

interaction. Variables are evaluated at a low and a high value for possible combinations.  

Discrete variable values (shifting between a low ‘-’ and a high ‘+’ value) are kept constant as far 

as experimentally possible. The solute mass flow is determined during an experimental run as the 

sum of the mass flow of the bottoms- and overheads product. Although solute pump calibration 

suggests specific stroke length setting for a desired mass flow, it was found that the mass flow is 

also influenced by the column pressure and thus the solute mass flow was not determined using 

the pump stroke length calibration.  
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The targeted experimental design and discrete variables can be viewed in Table 4-5 and Table 

4-6. The low value for reflux is no reflux and the high value for reflux, is a reflux setting that 

will result in an overhead to feed ratio of 0.5 at the same column pressure to obtain an overhead 

to feed ratio of 0.5 without reflux. The low ‘-’ temperature (313 K) corresponds to the lowest 

temperature (Tr = 1.03) at which solubility data were evaluated for both carbon dioxde and 

ethane. The high ‘+’ temperature (353 K) for carbon dioxide corresponds to the highest 

temperature (Tr = 1.18) at which solubility data were evaluated. The high ‘+’ temperature (343 

K) for ethane is lower than the temperature used for carbon dioxide. 

If the column pressure is low and relatively close to the separator pressure, the result is 

insufficient separation and secondary loading of the solvent could occur that might throttle the 

piping to the buffer vessel. Secondary loading occurs if the separation pressure is such that either 

(or both) n-tetradecane and 1-dodecanol are soluble in the solvent at the separator pressure. 

Subsequent cooling of the solvent in preparation of solvent recycle causes the solute to 

precipitate out of the solution. For safety reasons, it was decided to not operate the column less 

than 7 bar above the separator pressure. 

The maximum operating temperature of the two heating baths circulating hot water is 90 oC. This 

temperature ensures the circulating water is not operated in a region close to the normal boiling 

point to prevent damage. The one heating bath controls the column temperature whilst the other 

is used for the heating of the solute feed and maintaining the separator temperature. It was 

decided as an additional safeguard against secondary loading inside the separator, that the 

separator be maintained at a higher (10 K) higher temperature than the extraction column when 

using ethane as solvent. This increased temperature reduces the solubility of the solute in 

supercritical ethane based on the binary phase equilibrium data.  This explains the lower high ‘+’ 

temperature for ethane compared to carbon dioxide. 
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Table 4-5:  Experimental design 

Run Temperature Solute mass flow Feed position Reflux

1 + + + -

2 - + + +

3 + - + +

4 - - + -

5 + + - +

6 - + - -

7 + - - -

8 - - - +  

 

Table 4-6:  Target values for variables 

CO2 C2H6

T- K 313 313

T+ K 353 343

m- kg/h 0.3 0.3

m+ kg/h 0.6 0.6

F- - mid mid

F+ - top top

R- - 0 0

R+ - 50/50 50/50

Variable

 

4.5  Experimental results 

Experimental results show the combined effect of various combinations of operating conditions 

(temperature, mass flow rate of the solute, feed position and conditions of reflux). In general, if 

all other parameters are kept constant, changes in a single operating condition can be explained 

as follows: 

Temperature has a direct effect on the solubility of 1-dodecanol and n-tetradecane in 

supercritical carbon dioxide and ethane. For supercritical ethane, an increase in temperature 

reduces the solubility of both 1-dodecanol and n-tetradecane with higher selectivity obtained at 

higher temperatures, although the gradient of the relative solubility as a function of pressure is 

higher at a low temperature. Carbon dioxide shows a temperature inversion (for the middle mass 

fraction range, refer to Figure 3-8 and Figure 3-9, Chapter 3, page 44) of 1-dodecanol but a 

reduced solubility with an increase in temperature for n-tetradecane. From this, one would expect 

higher selectivity at lower temperatures. Favourable mass transfer conditions (high diffusivity 

and low viscosity) are generally achieved at temperatures close to the solvent critical 
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temperature. Thus, although relative solubility of n-tetradecane to 1-dodecanol might be better at 

higher temperatures, lower temperature operation is expected to perform better as reported by 

experimental work done by Schwarz [2] where the combined effect of temperature and pressure 

showed that at lower temperatures with the pressure adjusted to obtain a similar ratio of overhead 

to feed, a sharper separation could be achieved. 

A change in the mass flow rate of the solute results in a change of the solvent to feed ratio. A 

higher solvent to feed ratio results in more solvent per unit solute. This will cause more of the 

solute extracted to the overheads. However, the selectivity of the solvent (at constant pressure 

and temperature) will determine the ratio of n-tetradecane and 1-dodecanol extracted. Higher 

solvent to feed ratios (lower solute feed rate) can thus result in better separation although it is 

assumed that an asymptotic maximum exists as the efficacy of separation cannot improve 

infinitely. Although the extraction column cannot be viewed as a single equilibrium stage, a 

higher solute mass flow rate will result in a larger mass fraction of solute to solvent.  

In this experimental work, countercurrent flow of solvent to solute is used. The feed position (not 

considering conditions of reflux) thus determines the length of packing that the solute is in 

contact with the solvent. It is expected that better separation will be achieved with the solute fed 

to the top of the column from the increased contact time with solute lean solvent. 

Returning some of the extract as reflux will result in a change of the solute composition in the 

column. Previous research showed that conditions of reflux increase the separation achieved. It is 

expected that reflux will increase the separation achieved with both carbon dioxide and ethane as 

supercritical solvents. 

4.5.1 Pilot plant experimental results for carbon dioxide (CO2) 

Results for various experimental runs for carbon dioxide can be viewed in Table 4-7 (page 85). 

Results show that carbon dioxide has the ability to separate a mixture of 1-dodecanol and n-

tetradecane.  

Experimental runs will be discussed individually (with runs with similar temperature grouped 

together and runs with reflux also grouped together). To avoid repetition, the pressure and phase 

equilibrium mentioned refers to Figure 4-4 and relative solubility of n-tetradecane to 1-

dodecanol (obtained through the method explained in chapter 3) refers to Figure 4-3. The 
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selectivity is the ratio of the n-tetradecane in the overheads to the n-tetradecane in the bottoms, 

but should be evaluated with caution, since the overhead to feed ratio is not necessarily 0.5. 
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Figure 4-3:  Relative solubility of n-tetradecane to 1-dodecanol in carbon dioxide at extraction temperature 
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Table 4-7:  Results for carbon dioxide 

Run 1 Run 2 Run 3A Run 4A Run 5 Run 6 Run 7 Run 8 Run 9 Run 10 Run 4B Run 4C Run 3B
TMFR - + - - + - - - + + + - - - + - - + + + + - + + - - + + + + - + - + + - + + - - - - + - - - + - + + + -
Solvent CO2 CO2 CO2 CO2 CO2 CO2 CO2 CO2 CO2 CO2 CO2 CO2 CO2

T1 (oC) 41.1 80.4 80.6 40.6 41.1 80.7 40.4 81.1 40.8 81.3 40.4 40.4 81

T3 (oC) 35.5 71.5 71.2 35.4 38.9 71.6 35.6 71.5 35.6 71.5 35.6 34.5 71.4

T4 (oC) 18.2 18.2 18.7 18.7 18.3 18.3 18.2 18.3 18.6 18.3 18.2 18.1 18.4

T5 (oC) 8.6 8.8 8.6 8.8 8.7 8.8 8.7 8.5 9.1 8.5 8.7 8.6 8.6

T6 (oC) 41.1 80.4 80.6 40.6 41.1 80.7 40.4 81.1 40.8 81.3 40.4 40.4 81

P1 (bar) 95.5 133 148 91.5 94 132 91.5 150 93.2 149.1 91.5 86.8 144
P3 (bar) 62 61 62 62 62 62 62 62 62 61 62 62 62
P4 (bar) 50 50 50 50 50 50 50 50 50 50 50 50 50
P6 (bar) 92 129 144 88 90 128 88 146 89 145 88 83 140

Solvent flow rate (kg/m2s) 7.7 8.1 7.7 8.1 7.2 7.2 7.7 5.9 6.3 5.9 7.7 8.1 7.2

Solvent density (kg/m3) 552 350 415 495 527 344 504 420 523 415 504 382 395

Feed flow rate (kg/m2s) 0.271 0.122 0.217 0.158 0.275 0.126 0.162 0.208 0.271 0.208 0.167 0.077 0.217

Feed flow rate (kg/h) 0.6 0.27 0.48 0.35 0.61 0.28 0.36 0.46 0.6 0.46 0.37 0.17 0.48
Overheads flow rate (kg/h) 0.35 0.13 0.27 0.19 0.37 0.14 0.2 0.19 0.24 0.24 0.2 0.09 0.23
Bottoms flow rate (kg/h) 0.25 0.14 0.21 0.16 0.24 0.14 0.16 0.27 0.36 0.22 0.17 0.08 0.25
Reflux ratio 0 0 0 0 3.5 8.8 6.2 6.6 0 0 0 0 0
Overheads / Feed Ratio 0.58 0.48 0.56 0.53 0.61 0.5 0.56 0.41 0.4 0.52 0.54 0.53 0.48
% Tetradecane in feed 50 50 50 50 50 50 50 50 50 50 50 50 50
% Tetradecane in overheads 64 69 66 74 75 68 82 67 73 68 73 72 68

% Tetradecane in bottoms 29 29 36 19 6 29 5 40 38 36 19 24 35
% Error in mass balance 1.2 3.5 4 2.2 4.3 3 4.4 2.3 4 2.6 3.6 4.1 1.6
Selectivity 2.2 2.4 1.8 3.9 12.5 2.3 16.4 1.7 1.9 1.8 3.8 3 1.9 
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Figure 4-4:  Solubility of n-tetradecane and 1-dodecanol in carbon dioxide at pilot plant extraction 
temperature 
 

4.5.1.1 Experimental runs performed at a low temperature 

Run 1 is at a high mass flow rate with solute fed in the middle of the column with no reflux. The 

operating pressure of 95.5 bar result in an overhead to feed ratio of 0.58. The selectivity is low 

(2.2) although at the operating pressure the relative solubility is 9.2. This low selectivity is 

attributed to the solute fed in the middle of the column with a reduced contact time with the 

solvent as well as the high overhead to feed ratio. No comment can be made on the mass flow 

rate of the solute at this point. 

Run 4A is at a low mass flow rate with solute fed at the top of the column with no reflux. The 

operating pressure is 91.5 bar and results in an overhead to feed ratio of 0.53. This low pressure 

is due to an increase in solubility of both n-tetradecane and 1-dodecanol at lower mass flow rate 

of the solute. The selectivity is fairly high (3.9) although at the operating pressure the relative 

solubility is 7.6 which is lower than Run1. The higher selectivity is attributed to the solute fed at 

the top of the column with an increased contact time with the solvent as well as a lower overhead 

to feed ratio. No comment can be made on the mass flow rate of the solute at this point. 
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Run 9 is at a high mass flow rate with solute fed at the top of the column with no reflux. The 

operating pressure is 93.2 bar and results in an overhead to feed ratio of 0.4. The selectivity is 

low (1.9) although at the operating pressure the relative solubility is 8.9. The pressure to obtain 

an overhead to feed ratio of 0.5 would be higher than the applied pressure and will result in a 

higher value for the relative solubility. The higher mass flow seems to reduce the selectivity 

(compare with Run 4A) although the overhead to feed ratio is significantly lower.  

Run 4B and Run 4C are at similar operating conditions compared to Run 4A. Run 4B has a 

slightly higher mass flow than Run 4A and there is also a slight reduction in the selectivity (3.8) 

at similar operating pressure and relative solubility. Run 4C has a very low mass flow rate of 

solute but the resulting selectivity is still fairly high (3). With this very low solute mass flow rate, 

the pressure required to achieve an overhead to feed ratio of 0.48 is only 86.8 bar. At this 

pressure the relative solubility is only 1.8. Run 4A, Run 4B and Run 4C suggest that the 

selectivity of carbon dioxide at low temperature is not as strongly affected by the relative 

solubility but more by the amount of solvent per unit solute (mass flow rate of the solute).  

4.5.1.2 Experimental runs performed at a high temperature 

Run 2 has a low mass flow rate with solute fed at the middle of the column and no reflux. The 

operating pressure is 133 bar and results in an overhead to feed ratio of 0.48. The selectivity is 

low (2.8) and at the operating pressure the relative solubility is only 1.8. No comment can be 

made on the mass flow rate of the solute at this point. 

Run 3A is operated at conditions of a high mass flow rate and the feed is at the top of the column 

and no reflux. The operating pressure is 144 bar and results in an overhead to feed ratio of 0.56. 

The selectivity is low (1.8) and at the operating pressure, the relative solubility is 2.7. One would 

expect that conditions for Run 3A would result in better separation, since both the relative 

solubility is higher than Run 2 and the solute feed is at the top of the column which will result in 

increased contact time. The lower selectivity can thus be attributed to the higher mass flow rate 

of the solute which result in less solvent per unit solute similar to the results achieved at low 

temperature experimental runs. 

Run10 is operated at conditions of a high mass flow rate for the solute feed and the feed is in the 

middle of the column and no reflux. The operating pressure is 149.1 bar and results in an 
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overhead to feed ratio of 0.54. At this operating pressure the selectivity is 1.8 while the relative 

solubility is 3.2. There is not enough information to comment on the effect of mass flow rate or 

feed position resulting in better separation. 

Run 3B is operated at conditions of a high mass flow rate of the solute and the feed is at the top 

of the column. Run 3B is similar to Run 3A but operated at a slightly lower pressure (144 bar 

compared to 148 bar. As expected there is a decrease in the overhead to feed ratio from 0.56 to 

0.48. The selectivity is 1.9 and the relative solubility at the operating pressure is 2.6. As 

expected, the selectivity is slightly better than Run 10 with the feed at the top of the column. This 

results in an increased contact time between solvent and solute; although at the operating 

pressure the relative solubility is lower than for Run10.  

4.5.1.3 Experimental runs performed under reflux conditions 

Run 5 is performed at low temperature with the solute feed at the top of the column with reflux 

employed. The operating pressure is 94 bar and results in an overhead to feed ratio of 0.61. The 

selectivity is very high (12.5) and at the operating pressure the relative solubility is 9. No 

comment can be made on the mass flow rate of the solute at this point. 

Run 7 is performed at a low temperature with the solute feed at the top of the column with reflux.  

The operating pressure is 91.5 bar which results in an overhead to feed ratio of 0.56. The 

selectivity is very high (16.4). At the operating pressure, the relative solubility is 7.6 which is 

lower than in Run 5. If one compares Run 7 and Run 5, it can be seen that although the relative 

solubility is lower for Run 7, better selectivity can be achieved and this suggests that a lower 

mass flow rate of the solute result in a higher selectivity attributed to more solvent per unit of 

solute that is cycled through the column.  

Run 6 is operated at conditions of a low mass flow rate of the solute, a high temperature and the 

column feed is at the top and reflux. The operating pressure is 132 bar and results in an overhead 

to feed ratio of 0.56. The selectivity is low (2.3) and the relative solubility at operating 

conditions is 1.8. There is not enough information to comment on the mass flow rate of the 

solute or feed position.  

In Run 8, the solute feed is in the middle of the column and at a high mass flow rate and elevated 

temperature. An operating pressure of 150 bar results in an overhead to feed ratio of 0.41. The 



 

 

89

pressure is very high and even a higher pressure would be required to achieve an overhead to 

feed ratio of 0.5 owing to the very low solubility of both the alkane and alcohol at high 

temperatures. The selectivity is low (1.7) and the relative solubility at operating conditions is 2.5. 

There is not enough information to support a reason for the low selectivity. Comparing Run 8 

with Run 6, the lower selectivity could be attributed to either the higher mass flow rate of the 

solute which result in less solvent per unit of solute or the middle feed position resulting in a 

shorter contact time between solvent and solute. The overhead to feed ratio is also much lower 

making a comparison even more complicated.  

4.5.1.4 Evaluation of different experimental factors 

The experimental results show that a higher extraction pressure results in higher overhead to feed 

ratios. This is evident from a comparison of Run 3A and Run 3B. At a specific pressure, both n-

tetradecane and 1-dodecanol have certain equilibrium solubilities. During a supercritical 

extraction process, the composition of the overheads product is governed by the extraction 

pressure (for a given mass flow rate of the solute, temperature, feed position and initial feed 

composition). In general, the increase in the overhead to feed ratio is explained through the 

higher solubility of both n-tetradecane and 1-dodecanol at higher pressures (a higher percentage 

of the total feed is solubilised in the supercritical phase). Similarly, at a lower pressure, the 

overhead to feed ratio is lower due to n-tetradecane and 1-dodecanol being less soluble at lower 

pressures. This argument holds true, assuming that the behaviour of n-tetradecane and 1-

dodecanol in supercritical carbon dioxide behaves similar to results obtained from binary phase 

equilibrium data generated for the specific solute with the supercritical solvent. This argument 

does not take into account any interaction between n-tetradecane, 1-dodecanol and the 

supercritical solvent, nor does it take into account the extraction dynamics. The interaction 

between the mixture of the different solute molecules and the supercritical solvent might be 

different than the individual interaction of n-tetradecane and 1-dodecanol with the supercritical 

solvent.  

It must be emphasised that a comparison between different experimental runs based on the 

difference of a single experimental factor is done in a qualitative manner. For effective 

quantitative analyses, all the experimental factors need to be constant save the single factor being 

evaluated. There are also limited experimental results available for comparative analyses. 
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Relative changes in the seemingly constant experimental factors might adversely effect 

conclusions deducted from the suggested trends. Illustrative of this point is a comparison 

between Run 3 and Run 9. There is an obvious difference in temperature. From the presented 

experimental data, the higher temperature results in a slightly lower selectivity (1.8 and 1.9 for 

Run 9 and Run 3 respectively). There is also a large difference in the overhead to feed ratio, 

solvent flow rate and feed flow rate. The difference in the achieved selectivity can thus be 

attributed to any one of these 4 factors (temperature, feed and solvent flow rate and the overhead 

to feed ratio). Given the limitations of comparative analyses, the following examples are given 

for the observed experimental trends.  

If Run 1 and Run 10 are compared one can see that a higher temperature there is a reduction in 

selectivity. The comparison between Run 6 and Run 7 reveals this same trend. The relative 

solubility as presented in figure 4-4 shows that the gradient of the relative solubility pressure 

function is higher at a lower temperature compared to a higher temperature. In both instances, 

the experimental run at the lower temperature has a significantly higher solvent density 

compared to the solvent density at a higher temperature.  

Comparing Run 4A and Run 9, a higher solute mass flow appears to reduce the selectivity 

(although the overhead to feed is ratio is significantly lower). If one compare Run 2 with Run 10, 

the lower mass flow rate of the solute results in a greater selectivity (2.4 and 1.8 respectively). 

The higher solvent flow rate of Run 2 (8.1 kg/m2s ) compared to Run 10 (5.9 kg/m2s) 

compliments the difference in the solute mass flow rates and increases the solvent to feed ratio 

and thus amount of solvent per unit solute. This suggests that the selectivity increases with a 

decrease in solute mass flow as a result of the greater amount of solvent per unit solute. 

Experimental results for different solute feed positions (middle and top) are inconclusive. If one 

compares Run 3A and Run 3B with Run 10 there are no difference in the selectivity. It is 

expected that a column feed at the top of the column would result in better separation from the 

increased contact time between solute and solvent. However, Run 3A and Run 3B have a 

significantly higher solvent flow rate (7.7 kg/m2s and 7.2 kg/m2s respectively) compared to Run 

10 with a much lower (5.9 kg/m2s) solvent flow rate. A comparison between Run 1 and Run 9 is 

inconclusive due to the large difference in the overhead to feed ratios of 0.58 and 0.4 

respectively.  
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If one compares Run 4A and Run 7 and also Run 5 and Run 9, it is evident that the introduction 

of reflux has a very large effect on the selectivity (although there is a significant difference in the 

overhead to feed ratio between Run 4A and Run 9).  

4.5.2 Ethane (C2H6) 

Results for various experimental runs for ethane can be viewed in Table 4-8 (page 93). Results 

show that ethane has the ability to separate n-tetradecane and 1-dodecanol.  

Similar to carbon dioxide, experimental runs will be discussed individually (with runs with 

similar temperature grouped together and runs with reflux also grouped together). To avoid 

repetition, the pressure and phase equilibrium mentioned refers to Figure 4-6 and relative 

solubility of n-tetradecane to 1-dodecanol (obtained through the method explained in chapter 3) 

refers to Figure 4-5. The selectivity is the ratio of the n-tetradecane in the overheads to the n-

tetradecane in the bottoms, but should be evaluated with caution, since the overhead to feed ratio 

is not necessarily 0.5. 

At very high pressure, the total solute feed report to the overheads product (similar to the 

behaviour observed using carbon dioxide) It is expected that if the pressure is too low, the total 

solute feed will report to the bottoms product. However, low pressure as a set experimental 

condition could not be achieved due to limitations of the experimental set-up regarding a 

reasonable difference between the column and separator pressure to ensure proper solute 

disengagement from the solvent.  
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Figure 4-5:  Relative solubility of n-tetradecane to 1-dodecanol in ethane at extraction temperature 
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Figure 4-6:  Solubility of n-tetradecane and 1-dodecanol in ethane at pilot plant extraction temperature 
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Table 4-8:  Results for ethane 

Run 1A Run 2 Run 3 Run 4 Run 5 Run 6 Run 7 Run 8 Run 9 Run 10 Run 1B Run 1C
TMFR - + - - + + - + - - + - + + + - + - - - + - + + - + + + + + - - + - + - - + + - - + - - - + - -
Solvent C2H6 C2H6 C2H6 C2H6 C2H6 C2H6 C2H6 C2H6 C2H6 C2H6 C2H6 C2H6

T1 (oC) 41.2 70.5 41.2 71.7 69.9 70.6 42 70.5 70.6 42 41.6 41.6

T3 (oC) 36.6 61.1 36 62.1 60.8 61.4 36.6 61.1 61.4 36.6 36.6 36.6

T4 (oC) 19.5 18.9 19.2 19.1 21.9 22.5 19.5 18.3 22.5 21.2 19.2 19.2

T5 (oC) 8.5 8.7 8.6 9.1 9.2 9.1 8.7 8.7 9.1 8.8 9 9

T6 (oC) 41.2 70.5 41.2 71.7 69.9 70.6 42 70.5 70.6 42 41.6 41.6

P1 (bar) 60.9 89.3 57 88.9 80 83 62.6 89.3 83 62.6 59.7 62.2
P3 (bar) 50 50 50 50 50 50 50 50 50 50 50 50
P4 (bar) 42 42 42 42 42 42 42 42 42 42 42 42
P6 (bar) 57 85 53 85 76 79 59 85 79 59 56 56

Solvent flow rate (kg/m2s) 4.7 4.3 4.8 4.2 4.3 4.3 4.7 4.3 4.3 4.7 4.7 4.7

Solvent density (kg/m3) 250 206 182 199 170 179 253 206 180 253 227 227

Feed flow rate (kg/m2s) 0.266 0.250 0.180 0.221 0.113 0.142 0.248 0.255 0.142 0.257 0.264 0.264

Feed flow rate (kg/h) 0.59 0.555 0.4 0.49 0.25 0.315 0.55 0.565 0.315 0.57 0.595 0.585
Overheads flow rate (kg/h) 0.37 0.265 0.31 0.21 0.115 0.13 0.355 0.31 0.135 0.34 0.49 0.365
Bottoms flow rate (kg/h) 0.22 0.29 0.09 0.28 0.135 0.185 0.195 0.255 0.18 0.23 0.105 0.22
Reflux ratio 0 4.5 0 0 0 9.2 3.4 0 0 0 0 0
Overheads / Feed Ratio 0.63 0.48 0.78 0.43 0.46 0.42 0.64 0.55 0.43 0.6 0.82 0.624
% Tetradecane in feed 50 50 50 50 50 50 50 50 50 50 50 50
% Tetradecane in overheads 79 80 57 55 79 81 80 78 79 81 62 82

% Tetradecane in bottoms 1 26 31 43 28 30 1 19 30 1 2 1
% Error in mass balance 0.2 3.7 2.3 3.7 2.9 2 3.9 2.7 2 2.6 2.8 3.4
Selectivity 79 3.1 1.8 1.3 2.8 2.7 80 4.1 2.63 81 31 82
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4.5.2.1 Experimental runs performed at a low temperature 

Run 1A is at a high mass flow rate with solute fed in the middle of the column and no reflux. 

The operating pressure is 60.9 bar and the overhead to feed ratio is 0.63. The selectivity is 

extremely high (79) and the relative solubility is greater than 4.5 (which is the maximum 

value calculated at 313 K from the available experimental points). From the phase equilibria 

in Figure 4-6, it can be seen that the mixture critical pressure is 61.5. This explains why the 

bottoms product has very little n-tetradecane. No comment can be made on the mass flow rate 

or feed position at this time. 

Run 3 is operated at conditions of a low mass flow rate feed of solute and the feed is at the 

top of the column and no reflux. The operating pressure is 57 bar and results in an overhead 

to feed ratio of 0.78. The selectivity is very low (1.8) with the relative solubility being 2.7 at 

the operating pressure. The high overhead to feed ratio is a result of the high pressure. The 

separator pressure is 50 bar (P3, refer to process flow diagram, page 74) at a temperature of 

36.4 oC. If the column pressure is low and relatively close to the separator pressure, the result 

is insufficient separation and secondary loading of the solvent could occur that might throttle 

the piping to the buffer vessel. Secondary loading occurs if the separation pressure is such 

that either (or both) n-tetradecane and 1-dodecanol are soluble in the solvent at the separator 

pressure. Subsequent cooling of the solvent in preparation of solvent recycle causes the solute 

to precipitate out of the solution. For safety reasons, it was decided to not operate the column 

less than 7 bar above the separator pressure. 

Run 10 is operated at conditions of a high mass flow rate of the solute and feed at the top of 

the column and no reflux. The operating pressure is 62.6 bar which result in an overhead to 

feed ratio of 0.6. The selectivity is high (81). The relative solubility is greater than 4.5. The 

operating pressure is above the mixture critical pressure of 61.5 at 313 K explaining why the 

bottoms product has very little n-tetradecane in it. Comparing Run10 with Run1A, the 

selectivity is slightly higher. It is unclear whether this increase is attributed to the higher 

pressure or the solute feed at the top of the column resulting in an increased contact time 

between solvent and solute, although probably both attribute to the higher selectivity. 

Run 1B and Run 1C are both operated at conditions of high mass flow rate with solute fed in 

the middle of the column and no reflux. The column pressures are 59.7 and 62.2 bar 

respectively with a resulting overhead to feed ratio of 0.82 and 0.624 respectively. The 

selectivity at these operating conditions are 31 and 82 respectively. From the extent of 
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separation achieved in Run 1A, it was decided to reproduce this experimental condition to 

confirm the result. Run 1B has a very high overhead to feed ratio and as a result the 

overheads composition strives toward the composition of the feed (therefore there is a 

reduction in the selectivity). The bottoms product has very little n-tetradecane and is 

comparable with Run 1A. It was decided to perform another experimental run with similar 

conditions to that of Run 1A aiming to achieve an overhead to feed ratio closer to 0.5. Run 

1C has a higher selectivity than Run 1B and is explained through the higher column pressure 

and thus greater solubility of n-tetradecane. A counter intuitive result is a lower overhead to 

feed ratio from a higher extraction pressure.  

During the experimental procedure used to obtain an overhead to feed ratio of 0.5 (pressure 

variation and the intermediate bottoms and overheads mass flow measurement), a decreasing 

overhead to feed ratio with an increase in the column pressure was observed for some of the 

other sets of operational conditions (different experimental runs). At the time of this 

observation, it was assumed that the system has not reached steady state and thus only the 

final steady state flow rates were used for calculation of overhead to feed ratio as well as the 

determination of the sample composition. Although this phenomenon was thus observed 

during some experimental runs, only these three runs (Run 1A, Run 1B and Run 1C) can be 

used to try and explain the phenomena. For this to occur, it will require that less solute is 

present (in the overheads product) at a higher pressure than at a lower pressure, which seems 

contradictory, based on the available solubility data from binary phase equilibria.  

At specific experimental conditions, there might be some significant interaction between n-

tetradecane (non-polar linear molecule) and 1-dodecanol (slightly polar linear molecule due 

to the hydroxyl end group) which cause the extraction dynamics or the solubility of a single 

component (compared to the solubility of the same component in a mixture with other 

components) to change. To quantify such an interaction, ternary phase equilibrium data need 

to be evaluated. This is outside the scope for this project, but recommended for further 

investigation.  

The driving force for the solubility of solute to reach an equilibrium value is the applied 

pressure. The equilibrium solubility of the solute, given a certain mass fraction of solute to 

solvent (solute mass flow divided by solvent mass flow) is achieved through an extraction 

pressure set at a pressure to match the pressure required for a certain mass fraction of solute 

to be soluble (given that enough time is allowed to reach equilibrium). At the applied 
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pressure (extraction pressure), which is higher (close to mixture critical pressure) than the 

pressure required for the solubility of the effective mass fraction, there is an increase driving 

force to reach equilibrium since more solute is soluble at this higher pressure. The effective 

mass fraction is a fixed value (governed by the solute feed and solvent flow rate) and thus 

equilibrium will be reached faster at a higher pressure. A small change in pressure can thus 

make a large difference in the relative driving force behind the time required to reach 

equilibrium. This effect is far more pronounced when using ethane as supercritical solvent as 

opposed to carbon dioxide, since the operating pressure is very close to the mixture critical 

pressure for n-tetradecane in ethane. There might also be the case for opposing molecules 

contesting the same solvent molecule and that solvent capacity for the total amount of solute 

might become a limiting factor.  

The contact time also plays an important role. With the current packet column, there is the 

possibility of several equilibrium stages. Crause [93] calculated HETP values (using Sulzer 

DX packing ) of 0.2 to 0.5 m (corresponding to between 8 and 21 stages depending on 

experimental conditions) for the carbon dioxide wax system and 0.5 to 0.7 m (corresponding 

to between 6 and 8 stages depending on experimental conditions) for the ethane wax system. 

During the experiment, one of the solute constituents might reach equilibrium faster than the 

other. A shorter contact time might even be desirable since opposing molecules might be 

preferentially solvated based on the larger relative solubility drive. If there is sufficient time 

allowed to reach equilibrium, then the ratio of n-tetradecane and 1-dodecanol in the 

overheads will be a fixed value when the column feed is at the top of the column. An increase 

in pressure will have a more pronounced effect on n-tetradecane than 1-dodecanol since the 

applied pressure will move closer to the mixture critical pressure of n-tetradecane with 

ethane. The increase in pressure will cause more n-tetradecane molecules to be solvated than 

corresponding 1-dodecanol molecules if there is insufficient time to reach equilibrium. A 

mixer settler system is proposed to study the process dynamics with a discrete amount of 

equilibrium stages (refer section 6.1, page 112).  

Another possible explanation for the decrease in the overhead to feed ratio with an increase in 

extraction pressure lies in the vapour phase composition of n-tetradecane. The following 

figure (Figure 4-7) shows the vapour phase composition of n-octane in supercritical ethane. 

From the general experimental observation section (section 4.5.4, page 102), the pure 

component effective mass fraction is 0.015 at a low mass flow rate of the solute and 0.03 at a 

high mass flow rate of the solute. Assuming similar phase behaviour of n-tetradecane in 
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ethane with regard to the vapour phase composition, more solute may be soluble at a lower 

pressure than at a higher pressure. Using the effective mass fraction of solute from the ethane 

pilot plant experiments, the decrease in overhead to feed ratio at higher pressure will be 

explained with the aid of Figure 4-7. The equilibrium solubility of n-octane for mass 

fractions 0.015 and 0.028 occurs at approximately 23 and 17 bar respectively. At an 

extraction pressure of 40 bar the equilibrium mass fraction soluble is approximately 0.0075. 

For an increase in the extraction pressure to 50 bar, this equilibrium solubility reduces to 

approximately 0.0035. If one superimposes this analysis on the system of n-tetradecane, 1-

dodecanol and ethane, the observed reduction of the overhead to feed ratio can possibly be 

explained. The selectivity remains high – the extraction pressure is close to the mixture 

critical pressure for n-tetradecane, however the total amount of n-tetradecane present in the 

overheads product is less since the equilibrium solubility at the higher pressure is at a lower 

mass fraction. Equilibrium stages in the extraction process is however more complex than 

this very basic explanation. The mass fraction range of this lower part of the phase envelope 

(vapour phase) becomes smaller at lower pressures for n-alkanes with a higher carbon 

number. At lower temperatures the mass fraction region of total miscibility is also smaller 

(evident from the comparison of 313 K to 373 K Figure 4-7). Although considered as a 

possible explanation, this is not considered the principal reason. 
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Figure 4-7:  Vapour phase composition of n-octane in supercritical ethane [42] 



 

 

98

 

From the observed results for extraction with ethane at a low temperature, it is recommended 

to revisit the binary phase equilibria and quantify the vapour phase composition and 

solubility. This will provide more detailed phase behaviour for the extraction constituents at 

the effective extraction mass fraction and will enhance modelling the pilot plant experimental 

results.  

4.5.2.2 Experimental runs performed at a high temperature 

Run 4 is at a high mass flow rate and the solute is fed to the top of the column with no reflux. 

The operating pressure is 88.9 bar and results in an overhead to feed ratio of 0.43. The 

selectivity is low (1.3) although at the operating pressure the relative solubility is 3. No 

comment can be made on the mass flow rate of the solute of the feed position at this moment.  

Run 5 is operated at conditions of a low mass flow rate of the solute and the feed is to the 

middle of the column with no reflux. The operating pressure is 80 bar and results in an 

overhead to feed ratio of 0.46. The selectivity is 2.8 and at the operating pressure the relative 

solubility is 1.4. One would expect that Run 5 would result in a worse separation than Run 4, 

since the relative solubility is lower and the solute is fed to the middle of the column which 

will result in decreased contact time. At this stage it is unclear whether the lower mass flow 

rate of the solute or the feed position causes the lower selectivity.  

Run 8 is performed at a high mass flow rate of solute fed to the middle of the column with no 

reflux. The operating pressure is 89.3 and results in an overhead to feed ratio of 0.55. The 

selectivity is 4.1 and at the operating pressure, the relative solubility is 3.6. The overhead to 

feed ratio is much higher compared to Run 4 which makes comparison troublesome. 

However, again the slightly higher pressure results in a reduced overhead to feed ratio as was 

experienced with experimental runs performed at low temperatures (with the assumption that 

the 1.2 K difference in temperature has a negligible effect). Although the feed flow rate is not 

the same compared to Run 4 (0.565 kg/h compared to 0.49 kg/h), the feed is still considered 

as a high value and the comparison suggest that solute feed in the middle of the column 

results in better separation.  

Run 9 is performed at conditions of a low mass flow rate of the solute fed to the top of the 

column with no reflux. The operating pressure is 83 bar and results in an overhead to feed 

ratio of 0.43. At the operating pressure the relative solubility is 1.7 and selectivity 2.63. 
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Compared to Run 4, the overhead to feed ratio is the same. Since the operating pressure is 

lower, the relative selectivity is also lower. However the selectivity is higher. It seems that 

the lower mass flow rate of the solute results in a better selectivity. This is explained through 

more solvent per unit of solute. Comparing to Run 5 the feed position is different, but it is 

inconclusive whether the better selectivity is due to the lower mass flow from Run5 or due to 

the feed position which causes a reduced contact time. 

4.5.2.3 Experimental runs performed under reflux conditions 

Run 2 is performed at a high temperature and a high mass flow rate of solute with the column 

feed at the middle position with reflux employed. An overhead to feed ratio of 0.48 is 

achieved from an operating pressure of 89.3 bar. Comparing to Run 8, the selectivity is 

reduced with the introduction of reflux. The overhead to feed ratio however, differs quite 

substantially (0.48 compared to 0.55) and it is inconclusive whether the introduction of reflux 

reduce the selectivity. 

Run 6 is at experimental conditions of a high temperature, a low mass flow rate and the feed 

to the column is in the middle position with reflux. The operating pressure is 83 bar and 

results in a selectivity of 2.7. The introduction of reflux (compare to Run 9) only slightly 

increases the selectivity. Compared to Run 2 it is inconclusive whether the solute mass flow 

rate, feed position or slightly different overhead to feed ratio causes the slight reduction in 

selectivity although the relative solubility at 83 bar is significantly lower compared to the 

value at 89.3 bar. 

Run 7 is performed at a low temperature with a high mass flow rate and feed to the top of the 

column. Compared to Run 10, the selectivity is similar. The effect of the introduction of 

reflux is inconclusive, since the selectivity is already very high and the overheads product 

might be approaching an asymptotic value of the composition of n-tetradecane.  

Experimental runs with the introduction of reflux as an experimental condition is 

inconclusive, and follow the trend of very good selectivity obtained at low temperatures. It is 

recommended that more experimental runs with reflux at different conditions need to be 

performed to evaluate the effect on the separation achieved. 

4.5.2.4 Evaluation of different experimental factors 

Similar to the discussion of the carbon dioxide pilot plant experimental results, single 

experimental factors will be discussed in a quantitative manner.   
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If Run 1A, Run 1B and Run 1C are compared with Run 8, one can see that the higher 

temperature results in a dramatic reduction in selectivity. This trend is continued with the 

comparison of Run 4 and Run 10. A comparison between Run 3 and Run 9 is inconclusive 

due to the large difference in the overhead to feed ratios (0.78 compared to 0.43). The better 

selectivity at lower temperature can not be explained through the relative solubility (refer to 

Figure 4-5, page 92) different temperatures. Assuming that the extraction dynamics govern 

the separation, ethane may favour the extraction of n-tetradecane (above 1-dodecanol) at low 

temperatures.  

Comparing Run 3 and Run 10, a higher solute mass flow rate increases the selectivity (note 

the difference the difference in the relative solubility of 0.78 and 0.6 respectively). If one 

compare Run 4 with Run 9, as well as Run 5 and Run 8, the higher mass flow rate of the 

solute results in a greater selectivity. This is different to the presented results for carbon 

dioxide as supercritical solvent where a lower solute mass flow rate (or higher solvent to feed 

ratio) resulted in a better selectivity. The result for ethane is explained through the bigger 

difference in the solubility of n-tetradecane and 1-dodecanol at higher mass fraction of solute 

(refer to Figure 4-6) and highlights the prominence of the extraction dynamics of 

supercritical ethane with n-tetradecane and 1-dodecanol.  

In the comparison of Run 1A, Run 1B and Run 1C with Run 10, it is inconclusive whether 

the solute feed position has any effect on the selectivity. If one compares Run 4 with Run 8, 

the middle feed position results in a better selectivity. This trend is also observed when 

comparing Run 5 and Run 9. This may be explained (for the trend observed at a high 

temperature) through the preferential (faster) extraction of n-tetradecane out of the mixture. 

For a shorter contact time between solvent and the solute mixture, n-tetradecane will thus be 

preferentially extracted to the overheads product assuming that it reaches equilibrium faster. 

For the solute mixture fed to the top of the column, the contact time is increased and more 1-

dodecanol will report to the overheads product assuming an asymptotic or equilibrium 

composition of the overheads given a certain temperature and extraction pressure. It is 

inconclusive whether this behaviour is also present at the lower extraction temperature.   

4.5.3 Comparison between carbon dioxide and ethane pilot plant results 

In comparing the results for ethane and carbon dioxide (Table 4-7 and Table 4-8) two main 

factors stand out: carbon dioxide has the ability to achieve good separation at low 
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temperatures with conditions of reflux; ethane has the ability to almost completely separate 1-

dodecanol from n-tetradecane at low temperatures without the need for reflux.  

The initial requirement on a desired extract to feed ratio of 0.5 was set (from the ideal 

separation process that can completely separate a 50-50% model feed into two pure 

components). To achieve this ratio, the extraction pressure was changed to obtain this ratio.  

From binary phase equilibrium data, the mixture critical pressure for n-tetradecane in carbon 

dioxide at 313 K is 104 bar and 57 bar for ethane. For pilot plant experiments with ethane at 

low temperatures, the extractions were carried out in a range of pressures close to the 

pressure required for n-tetradecane to be completely miscible. Extraction pressures using 

carbon dioxide as solvent were operated well below (10 bar) the mixture critical pressure 

required for total miscibility of n-tetradecane. It is expected that ethane would achieve better 

separation based solely on the operating pressure and the binary phase equilibrium data.  

4.5.3.1 The effect of temperature 

If one compare Run 1 (CO2) with Run 1 A (C2H6) it is evident that ethane shows a superior 

selectivity (79 compared to 2.2) at a low temperature. The comparison at higher temperature 

is not possible due to the 10 K difference. Although carbon dioxide reveals a better relative 

solubility than ethane (at the same reduced temperature), ethane still offers a greater 

selectivity during the extraction. This suggests that the solvent power and/or the extraction 

dynamics of ethane is superior compared to that of carbon dioxide.  

4.5.3.2 The effect of solute mass flow rate 

Experimental results with carbon dioxide suggest that the selectivity increases with a 

decrease in solute mass flow as a result of the greater amount of solvent per unit solute and 

thus better selectivity is expected at higher solvent to feed ratios (evident from the 

comparison between Run 2 and Run 10). 

Experimental results with ethane suggest a different trend with regards to the solute mass 

flow rate. If one compare Run 4 with Run 9, as well as Run 5 and Run 8, the higher mass 

flow rate of the solute results in a greater selectivity. Higher solvent to feed ratios will not 

increase the selectivity.  

4.5.3.3  The effect of feed position 

Inconclusive results are obtained regarding the effect of the feed position using carbon 

dioxide as solvent. Experimental results with ethane suggest that the middle feed position 
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results in a better selectivity (evident form the comparison between Run 4 and Run 8 as well 

as Run 5 and Run 9). The middle feed position results in a shorter contact time between 

solvent and the solute mixture.  

4.5.3.4 The effect of reflux 

For experimental runs with carbon dioxide the introduction of reflux significantly increase 

the selectivity especially at the low temperature. This suggests that the increased contact time 

improves the separation and indicates that solute feed at the top of the column (with no 

reflux) may improve the selectivity. It must be emphasised that the returning reflux stream 

effectively changes the solute feed composition when the column feed is at the top of the 

column. From the comparison of Run 7 with Run 3B and Run 3C one can see that relux does 

not have such a major effect on the composition of the overheads product with the mass 

percentage of n-tetradecane increasing from about 73% to 82 percent. However, the 

percentage of n-tetradecane in the bottoms product decreases from 19% (Run 3 B) and 24% 

(Run 3C) to 5%.    

Experimental runs with ethane employing reflux are inconclusive since the selectivity prior to 

the introduction of reflux is already very high. 

4.5.4 General experimental observation 

Low operating temperature and pressure are preferred in general. Lower pressures result in 

both a decrease in capital cost (high pressure equipment) and operating cost (pumping 

requirements). Low temperatures reduce the risk of thermal degradation, increase the 

solubility of the solute (with the exception of the 1-dodecanol carbon dioxide system) and 

reduce operating cost from heating requirements. 

Column pressure and reflux ratios were adjusted during an experimental run to obtain an 

extract to feed ratio of 0.5. Since this is a trial and error method (actual measurement of mass 

flow of overheads and bottoms product) the true ratio can only be determined after steady 

state conditions, hence ratios of extract to feed are in a range of values around 0.5.  

The solvent feed pump, pumps a constant volume. From the difference in density of liquid 

carbon dioxide and liquid ethane, the mass flow rate of the solvent differs for the respective 

solvent experimental runs. From the molecular weight of carbon dioxide (Mr = 44 g/mol) and 

ethane (Mr = 30 g/mol), the molar flow rate is approximately 364 mol/h for carbon dioxide (at 

a mass flow of 16 kg/h) and 333 mol/h for ethane (at a mass flow of 10 kg/h). The calculated 
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linear velocity for carbon dioxide is between 12 mm/s and 23 mm/s (refer to Appendix C, 

Table 8-45 and Table 8-46, page 166) and between 19 mm/s to 29 mms for ethane (refer to 

Appendix C, Table 8-47 and Table 8-48, page 168).  

4.6 Experimental parameters not evaluated 

Considering that pilot plant experimental set-up has some fixed parameters, the effects of a 

change in these fixed parameters are considered in a qualitative manner. 

4.6.1 The solvent flow rate 

The fixed column diameter used for the pilot plant experiments is 28 mm (inside diameter). 

When using this diameter for scaling purposes, the diameter will increase with the flow rates 

of the solvent and solute to maintain the current mass flow rate per unit area. The increase in 

diameter will require an increased wall thickness to deal with the high pressure. This will 

cause increased capital cost.  

Increasing the solvent flow rate per unit area will result in an increase in the superficial fluid 

velocity and ultimately the operating gas capacity factor. A smaller diameter column will 

result in operation moving closer to the flooding point.  

The column diameter also governs the amount of contact area (wetted packing area in contact 

with supercritical solvent) available for interaction between solute and solvent and will also 

determine the contact time between solute and solvent.   

It is assumed that an increase in contact time will increase the degree of separation achieved 

although experimental runs with ethane as supercritical solvent suggest that a shorter contact 

time, which results in less time to obtain equilibrium, might be desirable to maintain a 

solubility driving force (or difference in driving force between n-tetradecane and 1-

dodecanol).  

4.6.2 Type of packing used 

The column used during the pilot plant experiment is this study is equipped with two 2.16 

sections of Sulzer DX packing. Table 4-9 gives information concerning the surface area per 

unit volume and void fraction of different types of Sulzer structured packing.  
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Table 4-9:  Information on different types of structured packing [10] 

Type of 
packing

Surface 
area m2/m3 Void %

Sulzer AX 250 98
Sulzer BX 492 90
Sulzer CY 700 85
Sulzer DX 900 77  

The surface area per volume gives an indication of the efficiency of the packing. The 

different types of structured packing have different efficiencies according to the surface area 

per unit volume. If the packing is more efficient, the accompanying capacity is reduced which 

increase the pressure drop. For a given column length, it is possible to obtain more theoretical 

stages per meter with Sulzer CY compared to BX, but at reduced capacity. In a commercial 

supercritical extraction plant, Sulzer CY packing would require a larger diameter column 

with an increased wall thickness and higher capital cost. The packing considered for an 

application should be a good trade-off between efficiency and capacity.  

4.6.3 The amount of equilibrium stages 

An infinitely long column with an infinite number of theoretical stages would result in 

complete separation of n-tetradecane and 1-dodecanol. It is expected that increasing the 

column length should increase the degree of separation achieved. Results for ethane at a low 

temperature indicate that the extraction dynamics are an important driving force. This needs 

to be investigated further to provide conclusive results. 

4.7 Analysis of possible flooding 

The solvent flow rates during the pilot plant experimentation in this work are high and the 

possibility of flooding need to be investigated. 

Stockfleth and Brunner [97] studied flooding under supercritical conditions with carbon 

dioxide as solvent and olive oil deodoriser distillate as solute. An empirical approach based 

on a flooding diagram first conceived by Sherwood [98] is used to predict flooding. On this 

diagram, the gas capacity factor on the ordinate is a measure of the gas velocity required to 

suspend a liquid droplet. The flow parameter on the abscissa rates the kinetic energy of the 

liquid phase to the kinetic energy of the gaseous phase. 

The flow parameter is given by the following [97]: 
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Equation 4-1     
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L :  solute mass flow rate  (kg.m-2.s-1) 

G : solvent mass flow rate  (kg.m-2.s-1) 

ρG : solvent density   (kg.m-3) 

ρL : solute density   (kg.m-3) 

The gas capacity factor is given by the following [85]: 

Equation 4-2    

2

2

1

4

3

2

1

1 









+

=










−
=

φ

ρρ
ρ

K

K
F

uF

G

GL

G
GG

 

 

A simplified equation is employed since the solvent velocity at flooding is not defined. The 

values for K3 and K4 are specific to the packing used. The simplified gas capacity factor uses 

the same flow parameters given by Equation 4-2.  

With the olive oil deodoriser, the capacity of the EX packing when using carbon dioxide as 

supercritical phase, is comparable to the capacities measured with soybean oil distillate, palm 

fatty acid distillate, fish oil and orange peel oil.  

This method is applied to quantify or predict possible flooding. Results should be treated with 

caution: the solute in this work has a different viscosity to the olive oil deodoriser and water 

is more viscous than the olive oil; carbon dioxide has a higher density than ethane and 

packing used in this work is Sulzer DX. 

Pilot plant experimental data is used to determine a flow parameter. This parameter is used to 

calculate an experimental gas capacity factor as well as a gas capacity factor at flooding. The 

ratio of the experimental and the flooding gas capacity factor is determined. Evaluating this 

ratio, flooding is expected to occur if this ratio is greater than 1. 
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Flooding using correlation for Sulzer EX and Sulzer CY will be investigated. Calculations 

can be viewed in appendix B. Results from flooding calculation can be viewed in Table 4-10 

and Table 4-11. The results show that pilot plant experiments are outside the region of 

flooding. 

The values are well below 1 and suggest that sufficient wetting might be problematic. 

However, it has been shown that the pilot plant experimental set-up provides sufficient 

wetting [81]. 

Table 4-10:  Ratio of experimental and calculated gas capacity factors for carbon dioxide 
Run Sulzer EX Sulzer CY

Run1 0.34 0.31

Run2 0.27 0.24

Run3A 0.28 0.26

Run4A 0.30 0.27

Run5 0.44 0.42

Run6 0.36 0.34

Run7 0.42 0.39

Run8 0.33 0.32

Run9 0.28 0.26

Run10 0.23 0.21

Run4B 0.29 0.26

Run4C 0.25 0.23

Run3B 0.27 0.25  
Table 4-11:  Ratio of experimental and calculated gas capacity factors for ethane 

Run Sulzer EX Sulzer CY

Run1 0.21 0.19

Run2 0.27 0.26

Run3 0.21 0.19

Run4 0.19 0.17

Run5 0.17 0.16

Run6 0.27 0.25

Run7 0.28 0.27

Run8 0.20 0.18

Run9 0.18 0.16

Run10 0.20 0.19

Run1B 0.21 0.19  

4.8 Conclusions from pilot plant experiments 

Pilot plant experiments have shown that both carbon dioxide and ethane have the ability to 

separate a 50-50% mixture of n-tetradecane and 1-dodecanol. 
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Both solvents perform at their best at low temperatures. Carbon dioxide shows the best 

results at low temperature and conditions of reflux whilst ethane has very good separation 

even without reflux. 

Analysis of phase equilibrium data reveals that n-tetradecane is close to its mixture critical 

pressure with ethane at a low temperature (313 K). Better separation is achieved using ethane 

even though phase equilibrium data for carbon dioxide show better selectivity based on the 

relative solubility of n-tetradecane to 1-dodecanol.  

Flooding analysis reveal that experiments were conducted outside the region of possible 

flooding. 

4.9 Ternary phase equilibria 

Ternary phase equilibrium data need to be measured for the system n-tetradecane, 1-

dodecanol and both carbon dioxide and ethane to establish the interaction between n-

tetradecane and 1-dodecanol.  

Illustrative of the expected mixture (n-tetradecane and 1-dodecanol) phase behaviour in 

supercritical ethane and carbon dioxide, a ternary system of carbon dioxide, 1-dodecanol and 

n-hexadecane is presented with accompanying analyses.  

The critical (pressure as a function of temperature) curves of the binary systems CO2 + 1-

dodecanol and CO2 + n-hexadecane is presented in Figure 4-8. Figure 4-9 shows isobaric 

solubility of the two binary systems. Both systems can be attributed to type III phase 

behaviour according to the classification of van Konynenburg and Scott. In the experimental 

temperature range up to 393 K, 1-dodecanol is less soluble in CO2 than n-hexadecane. Both 

1-dodecanol and n-hexadecane are completely miscible in the liquid range. 
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Figure 4-8:  Binary mixture critical curve [106]  
 

 

Figure 4-9:  T(w) isobars at 25 MPa and 15 MPa [106]  
 

Figure 4-10 shows a characteristic ternary phase diagram for carbon dioxide, 1-dodecanol 

and n-hexadecane. 
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Figure 4-10:  Isothermal p(wl, w2) phase prisms at 393.2 K [106]  
 

The isothermal (pressure as a function of the mass fraction of the two components) at 393 K 

demonstrates that the binary critical pressures are about the same. However, the ternary 

critical curve runs through a distinct pressure minimum giving evidence of a "co-solvency 

effect". Co-solvency is when a mixture of the two low-volatile components is better soluble 

in supercritical fluid than each of the two components individually [106].  

The co-solvency presented for the 1-dodecanol, n-hexadecane and carbon dioxide system 

suggests that this phenomenon may also be experienced for the system 1-dodecanol, n-

tetradecane and carbon dioxide. This may serve as an explanation as to why the pilot plant 

extraction pressures with carbon dioxide as supercritical solvent were well below (10 bar) the 

mixture critical pressure of the more soluble compound (n-tetradecane). Measurement of 

ternary phase equilibria is required to confirm this. 

The effect of the addition of moderators was studied for the system of 1-dodecanol, n-

hexadecane and carbon dioxide. This effect was studied at 393 K (refer to figure 4-10) where 

the two binary systems exhibit the same solubility in carbon dioxide). Two moderators were 

studied namely 1,8-octanediol and dotriacontane. The results show that with the addition of 

the moderator, the separation factors (n-hexadecane to 1-dodecanol) increased from 1 to a 
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maximum of about 9 with the addition of 1,8-octanediol and down from 1 to a minimum of 

about 0.5 with the addition of dotriacontane. The observed results are independent on the 

total pressure and the ratio of 1-dodecanol and n-hexadecane. These effects can qualitatively 

be understood from the assumption that the (polar) 1-dodecanol is preferably retained in the 

liquid phase by the low-volatile (polar) diol and vice versa the (non-polar) n-hexadecane by 

the low-volatile (non-polar) dotriacontane [106]. 

It is recommended that the effect of the addition of a moderator be evaluated to see the effect 

on the separation of n-tetradecane and 1-dodecanol. However, the addition of a moderator is 

also viewed as the introduction of an impurity and although the separation achieved might be 

affected in a positive manner, the moderator still need to be removed from the product 

stream. 

4.10 Recommendation from pilot plant results 

Ternary phase equilibrium data need to be measured for the system n-tetradecane, 1-

dodecanol and with both carbon dioxide and ethane as supercritical solvents to establish the 

interaction between n-tetradecane and 1-dodecanol. This will enable the calculation of 

separation factors and suggest an optimum solvent extraction temperature.  

The measured binary phase equilibrium data need to be expanded to include the vapour mass 

fraction composition in the isothermal solubility data. This will assist the modelling of pilot 

plant experimental data, since the effective mass fraction for pilot plant experiments is in this 

low solute mass fraction range. For this type of measurement, different phase equilibrium 

measuring equipment is required due to limitations of the experimental set-up used in this 

work. 

The separation achieved with the current packed column, countercurrent extraction set-up 

should be compared with experimental results obtained from using a mixer settler type of set-

up with a fixed amount of equilibrium stages. This will quantify the extraction dynamics and 

suggest which type of extraction equipment is ideally suited for an industrial scale 

application. 

Experimental data from pilot plant experiments suggest that practical separation of n-

tetradecane and 1-dodecanol is possible using supercritical carbon dioxide and ethane. This 

process needs to be optimised. The factors analysed in this work can be expanded. Different 

temperatures, solute mass flow rates and reflux ratios need to be tested. The effect of pressure 
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on the extract to feed ratio needs to be quantified. Other factors not evaluated in this study 

need to be taken into consideration such as the solvent mass flow, different types of packing, 

column length (amount of equilibrium stages) and different solute model feeds. The process 

needs to be evaluated economically, taking possible energy integration (pinch) as well as 

staging into consideration. 

The range of operation where favourable separation conditions exist should be determined. 

The separation might work quite well on an exact point of experimental conditions, but the 

experimental parameters might be difficult to control on a narrow operational margin for an 

industrial scale application. 

This study shows that a mixture of n-tetradecane and 1-dodecanol can be separated. Results 

may be different if a mixture of detergent range alkanes and alcohols are studied. 
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5 Conclusions  

 

The aim of this study was to determine the technical viability of using supercritical fluids to 

separate detergent type alcohols from their corresponding alkanes by considering a mixture of 

tetradecane and 1-dodecanol. The two main deliverables were achieved: a comparison of the 

high pressure solubility of n-tetradecane and 1-dodecanol with a selection of possible 

solvents was investigated; potential solvents were tested on a pilot plant to confirm practical 

separation.  

From the evaluated literature phase equilibrium data it is concluded that all three solvents 

(carbon dioxide, ethane and propane) have the ability to distinguish (based on a difference in 

the pressure required for solubility) between a 1-alcohol and n-alkane with the same linear 

carbon backbone. Carbon dioxide has the lowest solubility (highest solubility pressure) of 

both alkanes and alcohols while propane shows very good solubility.  

Binary solute / solvent combinations of carbon dioxide – n-tetradecane, carbon dioxide – 1-

dodecanol, ethane – n-tetradecane, ethane – 1-dodecanol, propane – n-tetradecane and 

propane – 1-dodecanol suggest that all three solvents (carbon dioxide, ethane and propane) 

have the ability to distinguish (based on a difference in the pressure required for solubility) 

between n-tetradecane and 1-dodecanol. From the measured phase equilibrium data for 1-

dodecanol in carbon dioxide a temperature inversion is observed. For all other systems an 

increase in temperature leads to an increase in bubble/dew point pressure (lower solubility) 

and no temperature inversions or three phase regions were observed in measured data. From 

the relative solubility analyses, carbon dioxide has the highest selectivity. 

 

The mixture critical pressure of n-tetradecane in carbon dioxide is 104.0 bar (Pr = 1.41) at 

313 K (Tr = 1.03) and 192.5 bar (Pr = 1.85) at 358 K (Tr = 1.18). The mixture critical pressure 

for 1-dodecanol in carbon dioxide (if it exists, depending on the type of phase behaviour) was 

not determined through experimental measurements. The mixture critical pressure of n-

tetradecane and 1-dodecanol in ethane is 56.7 bar (Pr = 1.17) and 130.6 bar (Pr = 2.69) 

respectively at 313 K (Tr = 1.03); 106.5 bar (Pr = 2.20) and 174.9 bar (Pr = 3.60) respectively 

at 358 K (Tr = 1.17). The mixture critical pressure of n-tetradecane and 1-dodecanol in 

propane is 47.8 bar (Pr = 1.14) and 47.0 bar (Pr = 1.12) respectively at 378 K (Tr = 1.02); 67.6 
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bar (Pr = 1.61) and 68.9 bar (Pr = 1.64) respectively at 408 K (Tr = 1.10). Although propane 

shows a much higher solubility for both n-tetradecane and 1-dodecanol, it must be noted that 

this solubility is at a significantly higher temperature. Solvent selection based on solubility in 

order of highest solubility to the lowest solubility at a constant reduced temperature of the 

solvent is:  

C3H8 > C2H6 > CO2 

Carbon dioxide (304.2 K) and ethane (305.3 K) have similar critical temperatures and are 

favoured above propane (369.8 K) considering only temperate as solvent selection criterion.  

Selectivity (relative solubility of alkane to alcohol) is a major factor taken into consideration 

when choosing a solvent as a possible supercritical fluid for application in an extraction 

process. Carbon dioxide has the highest relative solubility with propane having the lowest 

relative solubility. The gradient of the relative solubility pressure function is higher for ethane 

compared to propane. The relative solubility gives an indication of the degree of separation 

that can be achieved in an extraction process. From the relative solubility analyses performed, 

the selectivity of the solvents in order of the highest selectivity to the lowest selectivity is: 

CO2 > C2H6 > C3H8 

Both carbon dioxide and ethane have favourable temperature considerations. Propane has 

superior solubility of n-tetradecane and 1-dodecanol. Carbon dioxide demonstrates the 

highest selectivity.  

Pilot plant experiments have shown that both carbon dioxide and ethane have the ability to 

separate a 50-50% mixture of n-tetradecane and 1-dodecanol. Both solvents perform at their 

best at low temperatures. Carbon dioxide shows the best results at low temperature and 

conditions of reflux whilst ethane has very good separation even without reflux. The 

highlight of pilot plant experiments with supercritical carbon dioxide is achieving a 

selectivity of 16.4 with the mass percentage of n-tetradecane at 5% and 82% for the bottoms 

and overheads product respectively. Very good separation is achieved using supercritical 

ethane as solvent even without reflux. Attention is drawn to pilot plant experiments where the 

selectivity is as high as 82 with the mass percentage of n-tetradecane in the bottoms and 

overheads product at 1% and 82% respectively. 
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6 Recommendations 

 

From the literature and measured phased equilibrium data and the pilot plant experiments the 

following are recommended: 

6.1 Mixer settler countercurrent extraction 

The separation achieved with the current packed column, countercurrent extraction set-up 

should be compared with experimental results obtained from using a mixer settler type of set-

up with a fixed amount of equilibrium stages. With this type of apparatus longer residence 

times can be achieved in specific stages to reach an equilibrium composition of vapour and 

liquid phases. This will quantify the extraction dynamics and suggest which type of 

extraction equipment is ideally suited for an industrial scale application. 

Advantages of this method are that it helps to overcome viscosity and high surface tension 

problems. The major disadvantage of this type of method is the high capital cost of the 

equipment since it normally requires numerous pressure vessels with mixing internals and 

individual pumps for each stage.  

Figure 6-1 shows a five stage countercurrent extraction apparatus constructed according to 

the mixer settler principle (numbers in brackets refer to different parts of the equipment). The 

apparatus described is used to extract fatty acid methyl ester (made from crude palm oil) with 

supercritical carbon dioxide [99].  

The extraction fluid can be recycled. The pre-warmed feed is supplied to the first stage of the 

mixer-settler apparatus by a syringe pump (10, 11 and 12). Carbon dioxide is passed through 

a condenser (2) to maintain a liquid phase. The liquid carbon dioxide is pumped with a triplex 

diaphragm-pump (3) to the operating pressure. The carbon dioxide exiting this pump is pre-

heated (4) by the recycled carbon dioxide. The carbon dioxide is then passed through a final 

heating stage (5) to the desired operating temperature of the experiment. 

The five-stage mixer-settler apparatus is located in an air-circulation oven (6). Each stage of 

mixer-settler consists of a side-channel pump, a diffuser and a cyclone. In the side-channel 

pump of a mixer-settler stage, the feed and the carbon dioxide are well mixed from the 
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contact between the two phases. The mixture then enters a diffuser to increase the residence 

time to obtain equilibrium. From the diffuser the mixture passes though a cyclone to effect 

phase separation.  

 

 

Figure 6-1:  Schematic diagram of the mixer-settler apparatus: (1) CO2 supply, (2) condenser, (3) 
diaphragm pump, (4) heat exchanger, (5) gas pre-heater, (6) mixer-settler stages in an air-circulation 
oven, (7) fluid heater, (8) droplets separator, (9) extract container, (10) feed container, (11) syringe pump, 
(12) feed pre-heater, and (13) raffinate container [99] 
` 

The separated raffinate is collected in a reservoir and transported to the next stage. Carbon 

dioxide flows against the feed in a countercurrent manner and is enriched with the extraction 

constituent.  

After the carbon dioxide is passed through the five stages of extraction, the pressure is 

decreased and the gas is heated to counteract the Joule–Thomson effect (7). Through the 

decreased pressure the solubility of extract in carbon dioxide is also decreased. The extract is 

obtained using a cyclone while the carbon dioxide is recycled. The raffinate from the last 

stage is obtained through the expansion of the raffinate flow [99]. 



 

 

116

6.2 Binary phase equilibria 

The measured binary phase equilibrium data need to be expanded to include the vapour mass 

fraction composition in the isothermal solubility data. This will require a direct or analytic 

measurement technique other than the static synthetic method used in this study. Vapour 

phase equilibrium is particularly important since it is used to calculate the loading of solute in 

the solvent.   

Catchpole et al [100] studied the extraction of squalene from shark liver oil with supercritical 

carbon dioxide in a countercurrent packet column. It was found that the oil to carbon dioxide 

ratio determined the squalene concentration in both the product (overheads) stream and 

raffinate (bottoms) stream. The total loading is described as the total mass of overheads 

product from the column to the carbon dioxide mass that has passed through the column over 

a given time period. The loadings have been presented as a function of the ratio given by 

[100]: 

Equation 6-1      
S

O
Rs =  

 

Where ‘O’ is the oil mass flow rate and ‘S’ is the squalene mass flow rate required to saturate 

carbon dioxide at the given temperature and pressure. The loadings fit an inverted 

exponential decay curve and tend toward an asymptotic value as the oil to carbon dioxide 

ratio increases. The loadings M fit an equation of the general form [100]: 

Equation 6-2     
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This exponential decay may be able to quantify the composition of the overheads product 

from pilot plant experiments with carbon dioxide and ethane in this study which suggests an 

asymptotic equilibrium value. Using this same type of approach, analogous to the oil mass 

flow rate, will be the combination of n-tetradecane and 1-dodecanol (solute feed to extraction 

column) and analogous to the mass flow rate of squalene (‘S’), will be the mass flow rate of 

n-tetradecane in the overheads product. Since the ratio as described in Equation 6-1 is 

strongly affected by the pressure of the extraction, it might also be able to quantify the 

extraction behaviour with pressure as the experimental factor. 
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This correlation to predict ‘S’ can only be used for the vapour-phase concentration of solute 

in carbon dioxide and gives no information on the liquid-phase composition [101]. It is based 

on the empirical density correlation of Chrastil [102] which is a popular approach to correlate 

the solubility of low volatility solutes in supercritical carbon dioxide. The Chrastil correlation 

has the following generic form [101], [102]. 

Equation 6-3     
T

G
FkS ++= ρln.ln  

 

This type of correlation is very useful since it uses density and temperature to predict the 

solubility of the solute in the solvent (the other parameters, k, F and G are empirical 

constants). Cubic equations of state are known to give inaccurate prediction of supercritical 

fluid and liquid-phase densities [39]. The predictive performance can be improved by 

correcting the predicted molar volume with a component-specific correction factor [103], 

[104].  

Artal et al. [53] used a similar approach to predict the vapour phase solubility of 1-alcohols in 

carbon dioxide. The benefit of this method (compared to the density correlation of Chrastil) is 

that it uses the pure component density and not the mixture density. Reduced average 

absolute deviations from experimental measurements were obtained using a polynomial 

relationship between the mole fraction of 1-alcohols (y1) and the reduced solvent density (ρr). 

This method is based on the linear relationship between the mole fraction and the reduced 

density from Kramer and Thodos [56]. The polynomial correlation is given by the following 

[53]:   

Equation 6-4    ( )2
1 ..log rr CBAy ρρ ++=  

 

Where: A, B and C are empirical constants. 

Pure carbon dioxide density values have been calculated by the Angus equation [105]. The 

Angus equation is given by the following: 

Equation 6-5    ( ) ( )∑∑
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Where: ω = ρ/ρc ; τ = T/Tc and ρc refers to the critical density. The coefficients bij are given in 

the IUPAC table [105] 



 

 

118

These two prediction methods may be used to correlate the binary vapour phase composition 

over a wide range temperatures and pressures and might only require a limited amount of 

experimental measurements to obtain the empirical constants. 

6.3 Ternary phase equilibria 

Ternary phase equilibrium data need to be measured for the system n-tetradecane, 1-

dodecanol and both carbon dioxide and ethane to establish the interaction between n-

tetradecane and 1-dodecanol.  

It is recommended that the effect of the addition of a moderator be evaluated to see the effect 

on the separation of n-tetradecane and 1-dodecanol. However, the addition of a moderator is 

also viewed as the introduction of an impurity and although the separation achieved might be 

affected in a positive manner, the moderator still need to be removed from the product 

stream. 

6.4 General recommendations 

Experimental data from pilot plant experiment suggest that practical separation of n-

tetradecane and 1-dodecanol is possible using supercritical carbon dioxide and ethane. This 

process needs to be optimised. Pilot plant experimental results suggest that low temperature 

extraction produce the most successful separation. The scope for future pilot plant 

experiments should thus be in a narrow band (15 K) starting from the solvent critical 

temperature (assuming that the solute will be in a liquid form at this temperature). 

The factors analysed in this work can be expanded to enhance and compliment the present 

study. Different temperatures, solute mass flow rates and reflux ratios need to be tested. The 

effect of pressure on the extract to feed ratio needs to be quantified. Other factors not 

evaluated in this study need to be taken into consideration. These include the solvent mass 

flow, different types of packing, column diameter and length as well as different solute model 

feeds.  

The amount of pilot plant experiments is limited (among other reasons such as the price of 

reagent and sampling) by the time it takes to complete a single test run. It is recommended to 

operate the pilot plant for longer periods. This will require supervision to be carried out in 

shifts. A lot of time is spent in achieving thermal equilibrium as well as steady solvent flow 

rates through the column. With a longer experimental time, several experimental runs (or 

results) can be obtained in a short period of time. The effect of pressure on the overhead to 
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feed ratio will benefit from such a mode of operation since it will be easier to maintain all 

other experimental parameters constant. 
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8 Appendixes  

 

8.1 Appendix A:  Literature solubility data 

Table 8-1:  Solubility of n-octane in carbon dioxide (fractions in mole), [45] 

P [bar] xCO2 yCO2 P [bar] xCO2 yCO2 P [bar] xCO2 yCO2

15 0.8567 0.0053 20 0.826 0.0071 20 0.855 0.0144

30 0.709 0.004 40 0.668 0.006 40 0.725 0.0109

45 0.545 0.0044 55 0.538 0.0063 52.6 0.64 0.0102

58.9 0.384 0.0047 65 0.449 0.0062 71 0.5145 0.0126

65 0.289 0.0048 80 0.2907 0.0101 91 0.369 0.0176

75.5 0.11 0.008 95 0.1185 0.026 97 0.323 0.0214

108 0.246 0.038

113.5 0.187 0.0419

313.15 K 328.15 K 348.15 K

 

Table 8-2:  Solubility of n-decane in carbon dioxide (fractions in mole), [46] 

P [bar] xCO2 yCO2 P [bar] xCO2 yCO2

45.5 0.4461 0.9994 55.1 0.3834 0.9975

68.6 0.7466 0.9988 85.5 0.5936 0.9968

118.5 0.8058 0.9877

311 K 344.3 K

 
 

Table 8-3:  Solubility of n-dodecane in carbon dioxide (mass fraction solute), [23] 

P [bar] xnC12 P [bar] xnC12 P [bar] xnC12 P [bar] xnC12

85.7 0.028 99 0.028 110.4 0.028 120 0.028

84.9 0.051 101.3 0.051 117.5 0.051 130.5 0.051

84.2 0.103 102.8 0.103 122.1 0.103 141 0.103

83.5 0.2 102.9 0.2 123.3 0.2 143 0.2

82.8 0.317 101.7 0.317 121.6 0.317 140 0.317

82.2 0.405 99.1 0.405 117.3 0.405 134.3 0.405

79.5 0.483 94.4 0.483

313.15 K 323 .15 K 333.15 K 343.15 K
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Table 8-4:  Solubility of n-dodecane in carbon dioxide (fractions in mole), [47] 

P [bar] xCO2 yCO2

45.5 0.4461 0.9994

9.5 0.114 0.99993

17.67 0.1902 0.99996

24.65 0.2571 0.99996

34.743 0.341 0.99994

45.28 0.4208 0.99991

54.63 0.5051 0.99983

64.23 0.5831 0.99944

73.05 0.6453 0.99716

81.56 0.732 0.9949

89.35 0.8052 0.98512

318.15 K

 

Table 8-5:  Solubility of n-hexadecane in carbon dioxide (mass fraction solute), [23] 

P [bar] xnC16 P [bar] xnC16

99 0.05 121.4 0.05

123.9 0.099 142.5 0.099

142 0.138 154.5 0.138

154.7 0.176 162.4 0.176

162.8 0.226 167.3 0.226

163.7 0.247 167.9 0.247

165.1 0.313 168.4 0.313

159.8 0.396 168 0.396

146.6 0.442 162.6 0.507

132 0.507 140.5 0.511

133.8 0.511 142.6 0.606

111.1 0.529 101.5 0.529

95 0.588

85.5 0.606

313.15 K 323 .15 K
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Table 8-6:  Solubility of n-eicosane in carbon dioxide (mass fraction solute), [23] 

P [bar] xnC20 P [bar] xnC20 P [bar] xnC20 P [bar] xnC20

100.9 0.018 109.1 0.018 121.8 0.018 135 0.018

196.1 0.055 157.4 0.034 166.2 0.034 186.8 0.034

249.6 0.502 197.9 0.055 205 0.055 212.3 0.055

185.2 0.559 223.1 0.502 258.9 0.47 281.4 0.132

106 0.619 175.6 0.559 205.6 0.502 303.5 0.224

77.4 0.66 110.3 0.619 175.3 0.559 300 0.277

86.4 0.66 118.6 0.619 297.1 0.359

168 0.396 104.3 0.66 246.5 0.47

162.6 0.507 203.3 0.502

140.5 0.511 180.3 0.559

142.6 0.606 129.4 0.619

101.5 0.529 104.3 0.66

315.9 K 320.6 K 329.6 K 339.1 K

 

Table 8-6:  Continued 

P [bar] xnC20

140.9 0.018

203.1 0.034

219.7 0.055

279 0.132

293.2 0.224

291.2 0.277

287.9 0.359

247.9 0.47

188.6 0.559

138.5 0.619

115 0.66

348.3 K

 
 

Table 8-7:  Solubility of 1-octanol in carbon dioxide (fractions in mole), [51] 

P [bar] xCO2 yCO2 P [bar] xCO2 yCO2 P [bar] xCO2 yCO2

40 0.2697 1 40 0.2406 0.99962 40 0.2049 0.9994

53 0.3641 1 60 0.3533 0.9997 60 0.3017 0.99931

70 0.4922 0.99961 80 0.4785 0.99926 85 0.4151 0.99869

85 0.6168 0.99673 100 0.5856 0.99767 110 0.5287 0.99708

100 0.669 0.97492 120 0.6674 0.98762 135 0.6259 0.99052

115 0.702 0.96253 150 0.7772 0.94348 160 0.7246 0.96797

135 0.7501 0.94139 170 0.8625 0.9192 190 0.869 0.93281

155 0.8143 0.91962

313.15 K 328.15 K 348.15 K
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Table 8-8:  Solubility of 1-octanol in carbon dioxide (fractions in mole), [50] 

P [bar] xCO2 yCO2 P [bar] xCO2 yCO2 P [bar] xCO2 yCO2

15.1 0.108 1 21.7 0.134 1 28.9 0.176 1

21.8 0.159 1 35.7 0.227 1 44.2 0.264 1

28.5 0.209 1 49.8 0.324 1 56.3 0.332 1

36.1 0.261 1 63.1 0.424 1 70 0.416 1

42.5 0.314 1 70.4 0.482 0.999 76.7 0.458 0.999

49.7 0.367 1 77.4 0.533 0.998 83.1 0.497 0.999

56.5 0.421 0.999 84.4 0.575 0.997 90.7 0.539 0.999

63.4 0.48 0.999 91.4 0.607 0.996 97.5 0.574 0.999

66.9 0.511 0.998 97.8 0.632 0.993 104.1 0.604 0.996

70.4 0.543 0.996 110.3 0.63 0.994

73.9 0.573 0.995 117.6 0.659 0.99

77.4 0.601 0.993 124 0.682 0.983

131 0.707 0.974

138.2 0.733 0.962

144.4 0.756 0.952

151.1 0.782 0.942

318.15 K 328.15 K308.15 K

 

Table 8-9:  Solubility of 1-octanol in carbon dioxide (fractions in mole), [52] 

P [bar] xCO2 P [bar] xCO2 P [bar] xCO2

29.3 0.22 36.2 0.22 41.7 0.22

46.6 0.327 54.1 0.327 62.4 0.327

69.3 0.491 86.2 0.491 103.1 0.491

76.6 0.544 98.3 0.544 112.2 0.544

96.9 0.665 121 0.665 143.5 0.665

124.5 0.749 140.3 0.749 166.6 0.749

139.7 0.819 160.7 0.819 182.4 0.819

161 0.881 167.6 0.881 188.6 0.881

160.3 0.905 167.2 0.905 187.9 0.905

154.8 0.923 165.2 0.923 187.2 0.923

123.8 0.965 149.3 0.965 174.5 0.965

353.15 K313.15 K 333.15 K
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Table 8-10:  Solubility of 1-decanol in carbon dioxide (fractions in mole), [54] 

P [bar] xC10-OH yC10-OH P [bar] xC10-OH yC10-OH P [bar] xC10-OH yC10-OH

22.3 0.838 0 21.8 0.848 0 28.9 0.819 0

28.8 0.789 0 32.0 0.777 0 38.7 0.757 0

36.3 0.737 0 43.0 0.696 0 50.0 0.685 0

43.8 0.676 0 52.7 0.628 0 60.7 0.625 0

50.4 0.628 0 64.3 0.552 0.001 70.3 0.563 0

57.6 0.576 0 73.4 0.487 0.001 82.4 0.505 0.001

64.1 0.524 0.001 83.8 0.442 0.003 90.9 0.462 0.001

70.5 0.476 0.001 94.1 0.374 0.006 100.7 0.426 0.001

77.5 0.419 0.003 104.7 0.352 0.008 110.3 0.388 0.003

120.6 0.358 0.006

132.0 0.334 0.01

140.7 0.311 0.016

151.7 0.29 0.022

308.15 K 318.15 K 328.15 K

 

Table 8-11:  Solubility of 1-decanol in carbon dioxide (fractions in mole), [50] 

P [bar] xC10-OH yC10-OH P [bar] xC10-OH yC10-OH P [bar] xC10-OH yC10-OH

70 0.633 0.00025 60 0.745 0.0018 65.0 0.761 0.0087

85 0.563 0.004 75.0 0.68 0.0023 80.0 0.715 0.009

100 0.499 0.00089 90.0 0.607 0.0026 95.0 0.662 0.0096

115 0.428 0.0017 105 0.544 0.0032 110.0 0.615 0.0108

130 0.36 0.0033 125 0.457 0.0042 130.0 0.548 0.0124

145 0.31 0.0062 140 0.406 0.0052 150.0 0.47 0.015

170 0.264 0.0154 165 0.345 0.008 170.0 0.406 0.0176

190 0.205 0.0298 190 0.255 0.0135 190.0 0.339 0.0231

348.15 K 403.15 K 453.15 K

 

Table 8-12:  Solubility of 1-dodecanol in carbon dioxide (mass fraction solute), [55] 

P [bar] xC12-OH yC12-OH

100 0.831 0.01

150 0.718 0.013

200 0.614 0.069

230 0.553 0.132

251 0.422 0.195

252 0.309 0.31

353.2 K
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Table 8-13:  Vapour phase solubility of 1-alcohols in carbon dioxide (mass fraction solute), [53] 

P [bar] yC9-OH P [bar] yC9-OH P [bar] yC9-OH P [bar] yC9-OH

94.5 0.021166 95.1 0.012455 84.1 0.000659 90.8 0.00177

104.6 0.03023 106.4 0.015892 95.1 0.001489 112.5 0.007919

104.6 0.03023 114.2 0.025747 103.7 0.007461 125.8 0.015323

123.6 0.052443 131.4 0.039461 120.8 0.022156 139.4 0.022658

147.3 0.088666 150.2 0.056328 135.6 0.031519 153.2 0.028443

147.3 0.089904 169.6 0.110302 147.3 0.039695 165.9 0.033507

159 0.115641 187.8 0.143724 165.6 0.049595 179.2 0.038295

173.7 0.1728 202.2 0.170218 172.5 0.051357 193.5 0.043036

184.7 0.213139 213.1 0.185635 185.2 0.060214 201 0.046089

202.8 0.237198 233.3 0.210914 185.2 0.061369 207.9 0.049881

221.7 0.312598 238.5 0.205666 195.5 0.063344 212.3 0.049977

203.3 0.071301 219.9 0.050215

224.3 0.097051 228.5 0.054588

241.2 0.096935 236.6 0.059211

1-nonanol 1-undecanol 1-tridecanol 1-pentadecanol

312.9 K 322 .9 K 332.8 K 342.8 K

 
 

Table 8-14:  Solubility of n-octane in ethane (fractions in mole), [45] 

P [bar] xnC8 ynC8 P [bar] xnC8 ynC8 P [bar] xnC8 ynC8

15 0.7008 0.00582 15 0.71889 0.99176 15 0.75068 0.98845

25 0.50039 0.00514 25 0.5521 0.99317 30 0.53264 0.99119

35 0.32949 0.00481 35 0.39943 0.9932 45 0.33616 0.99094

40 0.24516 0.00512 45 0.27091 0.99293 55 0.22703 0.99083

45 0.11705 0.02144 55 0.1409 0.97715 60 0.17374 0.9883

50 0.10442 0.03078 60 0.07866 0.97396 68 0.07888 0.97554

313.15 K 328.15 K 338.15 K
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Table 8-15:  Solubility of n-octane in ethane (fractions in mole), [42]  

P [bar] xnC8 ynC8 P [bar] xnC8 ynC8 P [bar] xnC8 ynC8

4.1 0.907 0.0296 4.1 0.916 0.0536 4.1 0.943 0.0639

8.1 0.814 0.0202 8.1 0.838 0.0343 8.1 0.874 0.0482

12.2 0.723 0.0132 12.2 0.752 0.0239 12.2 0.827 0.0364

16.2 0.637 0.0084 16.2 0.678 0.0173 16.2 0.769 0.0279

20.3 0.561 0.0053 20.3 0.608 0.013 20.3 0.772 0.0213

24.3 0.486 0.0033 24.3 0.542 0.01 24.3 0.654 0.0177

28.4 0.417 0.0023 28.4 0.483 0.0082 28.4 0.601 0.0145

32.4 0.348 0.0021 32.4 0.423 0.0071 32.4 0.551 0.0125

36.5 0.279 0.0021 36.5 0.364 0.0067 36.5 0.507 0.0118

40.5 0.208 0.0019 40.5 0.307 0.0066 40.5 0.463 0.0119

44.6 0.141 0.0016 44.6 0.251 0.0069 44.6 0.422 0.0124

48.6 0.079 0.0011 48.6 0.193 0.0076 48.6 0.378 0.0137

52.7 0.027 0.0006 52.7 0.137 0.001 52.7 0.337 0.001

313.15 K 323.15 K 348.15 K

 

Table 8-16:  Solubility of n-decane in ethane (fractions in mole), [43] 

P [bar] xnC10 ynC10 P [bar] xnC10 ynC10

6.9 0.8435 0.0015 6.9 0.8886 0.0053

13.8 0.694 0.0012 13.8 0.7836 0.0036

20.7 0.5526 0.0012 20.7 0.6856 0.0032

27.6 0.4199 0.0012 27.6 0.5944 0.003

34.5 0.2965 0.0012 34.5 0.5103 0.003

41.4 0.1835 0.0012 41.4 0.4313 0.003

48.3 0.081 0.0012 48.3 0.3568 0.003

53.6 0.005 0.005 55.2 0.2873 0.003

62.1 0.2223 0.003

68.9 0.1636 0.003

75.8 0.1067 0.004

81.6 0.036 0.036

310.93 K 344.26 K
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Table 8-17:  Solubility of n-hexadecane in ethane (mass fraction solute), [22] 

P [bar] xnC16 P [bar] xnC16 P [bar] xnC16 P [bar] xnC16

54.7 0.035 65.5 0.035 75.6 0.035 84.6 0.035

54.2 0.092 66.6 0.092 79.3 0.092 90.8 0.092

53.9 0.151 66.8 0.151 80.1 0.151 92.6 0.151

53.6 0.229 66.6 0.229 80.5 0.229 93.5 0.229

52.8 0.309 65.5 0.309 79.5 0.309 92.9 0.309

52.1 0.387 64.3 0.387 78 0.387 91.4 0.387

50.2 0.484 61.2 0.484 73.4 0.484 86.2 0.484

49.7 0.515 60.5 0.515 72.5 0.515 84.9 0.515

312.9 K 322 .9 K 332.8 K 342.8 K

 
 
 
Table 8-17:  Continued 

P [bar] xnC16

92 0.046

100.9 0.075

104.1 0.125

105.4 0.189

104.9 0.268

104 0.315

98.5 0.484

142.1 0.515

352.7 K

 
 

Table 8-18:  Solubility of n-dodecane in ethane (mass fraction solute), [59] 

P [bar] xnC8 P [bar] xnC8 P [bar] xnC8

4 0.983 4 0.987 4 0.991

8 0.964 8 0.975 8 0.981

12 0.943 12 0.958 12 0.969

16 0.921 16 0.942 16 0.958

20 0.897 20 0.925 20 0.945

24 0.872 24 0.908 24 0.932

28 0.844 28 0.889 28 0.919

32 0.814 32 0.870 32 0.905

36 0.779 36 0.851 36 0.891

40 0.740 40 0.831 40 0.876

44 0.693 44 0.805 44 0.862

48 0.636 48 0.785 48 0.847

52 0.566 52 0.758 52 0.831

56 0.478 56 0.731 56 0.814

60 0.359 60 0.698 60 0.795

62 0.279 62 0.680 62 0.785

348.15 K 373.15 K323.15 K
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Figure 8-1:  Solubility of n-dodecane in ethane [59] 
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Table 8-19:  Solubility of n-hexadecane in ethane (fractions in mole), [44] 

T [K] P [bar] T [K] P [bar] T [K] P [bar] T [K] P [bar]

262.3 17.5 268.0 19.3 270.9 19.0 275.1 18.3

263.2 17.9 272.9 21.5 272.8 19.9 275.7 18.6

264.8 18.7 277.8 24.2 274.2 20.5 276.8 19.1

265.8 19.1 282.5 26.8 277.6 22.2 279.4 20.2

266.7 19.5 282.7 27.1 282.6 24.9 283.6 22.0

267.7 20.0 287.8 30.2 292.5 30.7 288.4 24.4

268.6 20.5 292.6 33.5 302.4 37.5 293.4 26.9

269.4 20.9 298.7 38.1 322.6 45.6 298.4 29.6

274.5 23.6 303.7 42.1 332.4 63.7 303.3 32.4

278.8 26.0 308.9 46.9 342.2 73.8 313.2 38.5

283.4 29.1 312.8 50.7 342.3 73.8 323.1 45.3

288.4 32.5 317.8 55.6 342.7 74.4 332.9 52.4

293.4 36.1 322.8 61.2 352.6 84.7 343.0 60.1

303.2 44.4 327.7 67.1 362.7 95.0 352.8 67.9

312.9 53.9 332.6 73.0 372.7 104.9 362.8 75.8

322.8 66.8 337.5 79.2 382.7 114.2 372.8 83.6

332.8 80.8 342.6 85.6 392.7 122.9 3882.8 91.1

341.2 92.2 342.9 86.1 402.7 130.8 392.8 98.4

350.7 103.7 347.3 91.7 412.7 138.0 402.8 105.3

360.4 114.5 352.4 97.7 422.8 144.4 412.8 111.8

370.1 124.4 352.9 98.1 432.8 150.0 422.9 117.9

370.4 124.7 357.1 105.4 442.9 154.8 433.0 123.4

370.7 124.9 362.2 109.2 452.9 158.9 442.9 128.2

371.2 125.4 363.0 109.6 453.0 132.7

373.1 127.2 373.0 119.6

374.9 128.8 383.0 129.7

389.2 140.9 393.1 138.4

399.3 147.9 403.1 146.2

411.3 154.8 413.1 152.7

422.2 155.8

422.4 159.9

432.3 163.2

444.2 166.1

xnC16 = 0.054 xnC16 = 0.125 xnC16 = 0.208 xnC16 = 0.282
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Table 8-19:  Continued 
T [K] P [bar] T [K] P [bar] T [K] P [bar]

279.3 16.0 284.1 12.2 289.1 5.4

279.5 16.1 284.5 12.3 293.1 5.6

282.9 17.3 285.5 12.5 298.1 6.0

287.9 19.0 287.5 13.0 303.1 6.5

292.8 20.9 292.4 14.1 308.2 7.0

302.7 24.9 297.4 15.3 313.3 7.5

312.6 29.2 302.0 16.5 318.5 8.0

322.4 33.8 308.2 18.3 322.5 8.4

332.8 39.1 314.0 19.9 328.0 9.0

341.5 43.7 318.0 21.0 333.1 9.5

351.6 48.9 323.8 22.6 338.3 10.1

361.5 54.3 327.8 23.8 342.9 10.6

371.4 59.6 332.7 25.2 347.8 11.2

381.2 64.8 342.2 27.7 352.7 11.6

390.9 70.2 352.0 30.8 353.0 11.5

400.7 75.2 361.8 33.9 357.6 12.3

410.6 80.0 371.8 37.2 363.4 12.9

420.4 84.9 381.9 40.4 374.8 14.1

430.4 89.1 391.8 43.5 384.8 15.2

439.4 92.9 401.8 46.6 394.1 16.4

450.0 97.0 411.8 49.7 403.5 17.4

422.0 52.7 413.5 18.4

432.1 56.5 423.2 19.6

442.2 58.2 433.2 20.7

452.5 60.6 443.1 21.6

453.2 22.6  
 
Table 8-20:  Solubility of n-tetracosane in ethane (mass fraction solute), [23] 

P [bar] xnC20 P [bar] xnC20 P [bar] xnC20

54.7 0.035 65.5 0.035 75.6 0.035

54.2 0.092 66.6 0.092 79.3 0.092

53.9 0.151 66.8 0.151 80.1 0.151

53.6 0.229 66.6 0.229 80.5 0.229

52.8 0.309 65.5 0.309 79.5 0.309

52.1 0.387 64.3 0.387 78 0.387

50.2 0.484 61.2 0.484 73.4 0.484

49.7 0.515 60.5 0.515 72.5 0.515

332.8 K 342.7 K 352.7 K
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Table 8-21 Isothermal solubility data generation for n-tetradecane in ethane [58]  
X 310 K 320 K 330 K 340 K 350 K 360 K

0.95 9.7 11.1 12.6 14.0 15.4 16.9

0.9 17.5 20.3 23.1 25.8 28.6 31.5

0.85 23.7 28.0 32.2 36.1 40.2 44.4

0.8 29.2 34.7 39.9 45.0 50.2 55.5

0.75 33.7 40.2 46.4 52.5 58.7 64.9

0.7 37.4 44.8 51.9 59.0 66.8 74.0

0.65 40.5 48.7 56.6 64.6 73.3 81.4

0.6 43.1 53.8 60.3 69.1 78.8 87.7

0.55 45.0 54.4 64.0 73.3 86.2 93.9

0.5 47.1 57.2 67.4 77.2 89.9 98.7

0.45 49.3 59.0 69.8 80.1 93.1 102.4

0.4 50.3 60.6 71.5 82.1 94.5 104.5

0.35 52.1 62.1 73.0 83.6 95.2 106.2

0.3 51.8 62.2 73.2 84.7 97.2 108.8

0.25 51.0 63.0 74.1 85.4 97.1 108.1

0.2 52.2 63.9 74.8 85.7 96.1 107.9

0.15 52.6 64.3 75.2 85.9 96.4 108.0

0.1 52.5 64.1 74.7 85.0 93.9 105.0

0.08 52.6 64.3 74.8 84.8 90.7 103.5

0.06 53.2 64.4 74.4 83.7 86.4 100.6

0.05 53.4 64.3 73.9 82.9

0.04 52.8 63.1 71.7

0.03 52.7 62.8 70.5

0.025 52.9 62.4 70.1

0.02 52.9 62.3

0.0175 52.9 61.9  
 
Table 8-22:  Isothermal solubility data generation for the system propane and 1-dodecanol 

A B R2 378.0 393.0 408.0

0.680 0.4817 -146.99 0.9999 35.1 42.3 49.5

0.572 0.6159 -191.96 1.0000 40.9 50.1 59.3

0.473 0.6991 -221.59 0.9999 42.7 53.2 63.6

0.373 0.6815 -214.57 0.9996 43.0 53.3 63.5

0.344 0.7596 -242.83 1.0000 44.3 55.7 67.1

0.292 0.7627 -244.07 1.0000 44.2 55.7 67.1

0.201 0.7630 -242.39 0.9998 46.0 57.5 68.9

0.130 0.7317 -231.28 0.9999 45.3 56.3 67.3

0.074 0.6906 -215.33 0.9995 45.7 56.1 66.4

0.049 0.6655 -205.29 1.0000 46.3 56.3 66.2

0.030 0.5364 -155.77 0.9963 47.0 55.0 63.1

0.020 0.5051 -144.35 0.9999 46.6 54.2 61.7

P in bar, T in K P in bar, T in K

Mass 

fraction   X

Isothermal P-xy Generation Isothermal P-xy Generation

P = A*T + B P = A*T + B
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Table 8-23:  Isothermal density data generation for the system propane and 1-dodecanol 

A B R2 378.0 393.0 408.0

0.680 -1.1080 955.92 0.9589 537.1 520.5 503.9

0.572 -0.9148 828.18 0.9984 482.4 468.7 454.9

0.473 -0.8216 756.71 0.9657 446.1 433.8 421.5

0.201 -1.8962 1085.30 1.0000 368.5 340.1 311.7

0.130 -2.5453 1280.60 0.9990 318.5 280.3 242.1

0.292 -1.2276 887.96 0.9945 423.9 405.5 387.1

0.049 -2.5383 1243.50 0.9145 284.0 245.9 207.9

0.015 -2.8624 1288.40 0.9779 206.4 163.5 120.5

0.344 -1.2655 922.67 0.9345 444.3 425.3 406.3

0.074 -3.0791 1508.10 0.9653 344.2 298.0 251.8

0.030 -2.2812 1096.00 0.9388 233.7 199.5 165.3

0.020 -1.3787 715.93 0.8996 194.8 174.1 153.4

Mass 

fraction   X

Isothermal P-xy Generation Isothermal P-xy Generation

p  = A*T + B p  = A*T + B

P in bar, T in K P in bar, T in K
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8.2 Appendix B:  Measured solubility data 

Table 8-24:  Typical pressure calibration used upon replacement of the piston Teflon seal 

T readP readP corr T readP readP corr T readP readP corr T readP readP corr T readP readP corr T readP readP corr T readP readP corr T readP readP corr

20.0 57.2 2.3 71.9 2.8 85.9 3.8 100.3 4.6 114.0 5.6 127.7 5.7 142.0 6.3 151.4 6.8

35.0 57.2 2.2 71.9 2.8 86.0 3.7 100.3 4.5 113.9 4.8 127.7 5.5 142.0 6.1 151.4 6.7

50.0 57.3 2.2 71.9 2.8 86.0 3.6 100.3 4.5 114.0 4.8 127.7 5.4 142.0 6.0 151.4 6.6

65.0 57.3 2.1 71.9 2.7 86.0 3.6 100.3 4.5 114.0 4.7 127.7 5.3 142.0 6.0 151.4 6.6

80.0 57.3 2.0 71.9 2.7 86.0 3.6 100.3 4.4 114.0 4.7 127.7 5.3 142.1 5.9 151.4 6.5

95.0 57.3 2.0 71.9 2.7 86.0 3.5 100.3 4.4 114.0 4.6 127.7 5.2 142.1 5.8 151.5 6.4

110.0 57.3 1.8 71.9 2.7 86.0 3.4 100.3 4.3 114.0 4.5 127.7 5.1 142.1 5.7 151.5 6.3

125.0 57.4 1.7 71.9 2.6 86.0 3.4 100.3 4.2 114.0 4.4 127.7 5.0 142.1 5.6 151.5 6.2

140.0 57.6 1.6 71.9 2.5 86.0 3.3 100.3 4.1 114.0 4.3 127.8 4.9 142.1 5.5 151.5 6.1

155.0 57.7 1.5 71.9 2.4 86.0 3.2 100.3 4.0 114.1 4.2 127.8 4.8 142.1 5.4 151.5 6.0

170.0 57.8 1.4 71.9 2.4 86.0 3.1 100.4 3.9 114.1 4.1 127.8 4.6 142.1 5.3 151.5 5.8

185.0 57.9 1.3 71.9 2.3 86.0 3.0 100.4 3.7 114.1 4.0 127.8 4.5 142.2 5.1 151.6 5.6

200.0 58.0 1.2 71.9 2.1 86.1 2.8 100.4 3.6 114.1 3.8 127.8 4.3 142.2 4.9 151.6 5.4

215.0 58.1 1.1 71.9 1.9 86.1 2.6 100.4 3.4 114.1 3.6 127.8 4.1 142.2 4.7 151.6 5.3

230.0 58.1 1.0 71.9 1.8 86.1 2.4 100.4 3.1 114.1 3.4 127.8 3.9 142.2 4.5 151.6 5.1

245.0 58.1 0.9 72.0 1.6 86.1 2.2 100.4 3.0 114.1 3.2 127.8 3.7 142.2 4.3 151.6 4.8

260.0 58.2 0.8 72.0 1.4 86.1 1.9 100.4 2.6 114.1 3.0 127.8 3.4 142.2 4.1 151.6 4.5

275.0 58.2 0.7 72.0 1.1 86.1 1.7 100.4 2.4 114.1 2.7 127.8 3.1 142.2 3.8 151.6 4.2

290.0 58.2 0.7 72.0 0.9 86.1 1.5 100.4 2.1 114.1 2.4 127.8 2.9 142.2 3.5 151.6 4.0

P set
T set 120 T set 135 T set 150 T set 160T set 60 T set 75 T set 90 T set 105
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Table 8-25:  Typical volume calibration upon replacement of the piston Teflon seal 
P read T read T corr P corr T act P act Dens Mass Volume

bar g
o
C

o
C bar

o
C bar abs kg/m3 kg m

3

220.5 39.4 96.7 0.0 -3.1 96.7 218.4 455.02 0.0109 2.3845E-05

206.8 40.0 96.7 0.0 -3.3 96.7 204.5 450.70 0.0109 2.4074E-05

222.6 40.4 106.2 0.1 -3.2 106.3 220.4 444.07 0.0109 2.4433E-05

212.3 40.6 106.2 0.1 -3.2 106.3 210.1 440.66 0.0109 2.4622E-05

192.2 40.8 96.7 0.0 -3.5 96.7 189.7 445.90 0.0109 2.4333E-05

180.1 41.1 96.7 0.0 -3.6 96.7 177.5 441.60 0.0109 2.4570E-05

191.1 41.1 106.2 0.1 -3.6 106.3 188.5 432.88 0.0109 2.5065E-05

201.3 41.4 106.2 0.1 -3.5 106.3 198.8 436.70 0.0109 2.4845E-05

171.3 41.7 96.7 0.0 -3.7 96.7 168.6 438.27 0.0109 2.4756E-05

159.2 42.3 96.7 0.0 -3.8 96.7 156.4 433.40 0.0109 2.5035E-05

179.5 42.5 106.2 0.1 -3.7 106.3 176.8 428.24 0.0109 2.5336E-05

208.9 42.9 116.2 0.2 -3.8 116.4 206.1 426.42 0.0109 2.5444E-05

146.7 43.2 96.7 0.0 -3.9 96.7 143.8 427.94 0.0109 2.5354E-05

171.7 43.2 106.2 0.1 -3.8 106.3 168.9 424.91 0.0109 2.5535E-05

196.5 43.5 116.2 0.2 -4.0 116.4 193.5 421.42 0.0109 2.5746E-05

137.3 43.8 96.7 0.0 -3.9 96.7 134.4 423.51 0.0109 2.5619E-05

161.4 43.8 106.1 0.1 -3.9 106.2 158.5 420.86 0.0109 2.5781E-05

130.5 44.1 96.7 0.0 -4.0 96.7 127.5 420.03 0.0109 2.5831E-05

185.5 44.3 116.2 0.2 -4.1 116.4 182.4 416.64 0.0109 2.6042E-05

150.0 44.8 106.2 0.1 -3.9 106.3 147.1 414.69 0.0109 2.6164E-05

121.2 45.1 96.7 0.0 -4.0 96.7 118.2 414.99 0.0109 2.6145E-05

141.2 45.5 106.2 0.1 -4.0 106.3 138.2 409.97 0.0109 2.6465E-05

170.4 45.5 116.2 0.2 -4.2 116.4 167.2 409.47 0.0109 2.6498E-05

132.2 46.2 106.2 0.1 -4.1 106.3 129.1 404.71 0.0109 2.6809E-05

107.3 46.5 96.6 0.0 -4.1 96.6 104.2 406.60 0.0109 2.6685E-05

98.7 47.3 96.6 0.0 -4.2 96.6 95.5 400.49 0.0109 2.7092E-05

122.9 47.3 106.2 0.1 -4.1 106.3 119.8 398.80 0.0109 2.7207E-05

149.9 47.3 116.1 0.2 -4.3 116.3 146.6 397.41 0.0109 2.7302E-05

143.6 47.8 116.1 0.2 -4.4 116.3 140.2 394.47 0.0109 2.7505E-05

115.4 48.0 106.1 0.1 -4.3 106.2 112.1 393.59 0.0109 2.7567E-05

137.7 48.6 116.2 0.2 -4.4 116.4 134.3 390.42 0.0109 2.7791E-05

88.2 48.9 96.6 0.0 -4.2 96.6 85.0 391.99 0.0109 2.7679E-05

130.0 49.6 116.1 0.2 -4.5 116.3 126.5 385.05 0.0109 2.8178E-05

103.2 49.8 106.1 0.1 -4.4 106.2 99.8 383.67 0.0109 2.8280E-05

109.5 49.9 106.1 0.1 -4.4 106.2 106.1 388.98 0.0109 2.7893E-05

81.6 50.0 96.6 0.0 -4.2 96.6 78.4 385.77 0.0109 2.8126E-05

123.4 50.4 116.1 0.2 -4.5 116.3 119.9 379.90 0.0109 2.8560E-05

89.6 50.7 106.1 0.1 -4.5 106.2 86.1 369.79 0.0109 2.9341E-05

77.5 51.0 96.6 0.0 -4.2 96.6 74.3 381.45 0.0109 2.8444E-05

117.7 51.3 116.1 0.2 -4.6 116.3 114.1 375.96 0.0109 2.8859E-05

92.1 51.9 106.1 0.1 -4.5 106.2 88.6 372.63 0.0109 2.9117E-05

71.2 52.2 96.5 0.0 -4.3 96.5 67.9 374.04 0.0109 2.9008E-05

112.8 52.2 116.1 0.2 -4.6 116.3 109.2 370.42 0.0109 2.9291E-05

68.1 53.0 96.4 0.0 -4.3 96.4 64.8 370.09 0.0109 2.9317E-05

85.2 53.6 106.0 0.1 -4.5 106.1 81.7 364.64 0.0109 2.9755E-05

107.3 53.6 116.1 0.2 -4.7 116.3 103.6 364.37 0.0109 2.9777E-05

81.5 54.6 106.0 0.1 -4.5 106.1 78.0 359.56 0.0109 3.0176E-05

64.6 55.2 96.3 0.0 -4.3 96.3 61.3 365.05 0.0109 2.9722E-05

100.0 55.4 116.0 0.2 -4.7 116.2 96.3 356.79 0.0109 3.0410E-05

76.9 56.5 105.9 0.1 -4.5 106.0 73.4 352.68 0.0109 3.0764E-05

93.8 57.0 116.0 0.2 -4.7 116.2 90.1 348.43 0.0109 3.1140E-05

53.8 58.6 95.9 0.0 -4.3 95.9 50.5 343.41 0.0109 3.1595E-05

71.4 58.7 105.7 0.1 -4.6 105.8 67.8 342.80 0.0109 3.1651E-05

88.9 58.8 115.9 0.2 -4.8 116.1 85.1 340.53 0.0109 3.1862E-05

83.5 60.9 115.8 0.2 -4.8 116.0 79.7 330.67 0.0109 3.2812E-05

80.5 62.9 115.7 0.2 -4.8 115.9 76.7 324.34 0.0109 3.3453E-05

63.9 64.5 105.7 0.1 -4.6 105.8 60.3 322.63 0.0109 3.3630E-05

76.5 66.0 115.5 0.2 -4.8 115.7 72.7 314.59 0.0109 3.4489E-05

70.1 71.7 115.4 0.2 -4.8 115.6 66.3 291.37 0.0109 3.7238E-05

54.6 78.1 105.0 0.1 -4.6 105.1 51.0 264.04 0.0109 4.1092E-05

63.8 82.7 115.0 0.2 -4.8 115.2 60.0 251.80 0.0109 4.3090E-05

piston 

mm
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y = 4.213E-07x + 7.228E-06
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Figure 8-2:  Volume calibration from piston position and density from fixed amount of pure solvent 
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Table 8-26:  Phase equilibrium data for the system carbon dioxide and n-tetradecane 

Total

Mass

before after difference before after difference total Meas. Corr. Abs. Meas. Corr. Abs. PP Density

grams grams grams grams grams grams grams grams bar bar bar 'C Kelvin Kelvin mm kg/m3

145.553 145.300 0.253 1052.72 1037.78 14.94 15.2 0.017 84.2 -0.2 85.0 39.1 0.0 312.2 51.3 491.3

145.999 145.289 0.710 1049.58 1035.45 14.13 14.8 0.048 85.3 -0.2 86.1 38.7 0.0 311.8 33.6 670.1

146.810 145.305 1.505 1053.24 1035.40 17.84 19.3 0.078 87.2 -0.2 88.0 39.2 0.0 312.3 49.9 639.9

147.510 145.330 2.180 1053.03 1036.10 16.93 19.1 0.114 92.7 -0.2 93.5 38.9 0.0 312.0 44.8 689.9

148.096 145.327 2.769 1048.98 1037.39 11.59 14.4 0.193 99.4 -0.2 100.2 39.7 0.0 312.8 24.3 819.0

150.432 145.364 5.068 1051.81 1036.84 14.97 20.0 0.253 100.3 -0.2 101.1 39.2 0.0 312.3 33.6 904.8

150.170 145.348 4.822 1050.70 1037.78 12.92 17.7 0.272 99.2 -0.2 100.0 39.2 0.0 312.3 31.6 838.7

154.161 145.274 8.887 1045.11 1034.44 10.67 19.6 0.454 83.1 -0.2 83.9 38.7 0.0 311.8 37.6 810.5

158.492 145.321 13.171 1045.75 1034.52 11.23 24.4 0.540 78.1 -0.2 78.9 39.1 0.0 312.2 43.9 895.3

161.555 145.313 16.242 1045.36 1035.53 9.83 26.1 0.623 76.1 -0.2 76.9 39.7 0.0 312.8 64.2 698.5

164.539 145.334 19.205 1040.27 1034.32 5.95 25.2 0.763 57.7 -0.2 58.5 39.4 0.0 312.5 63.5 680.3

solute Solvent

Mass

DensityPressure

Mass Temperature 1
Mass 

fraction   X
Temperature
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Table 8-26:  Continued 

Meas. Corr. Abs. Meas. Corr. Abs. PP Density Meas. Corr. Abs. Meas. Corr. Abs. PP Density

grams bar bar bar 'C Kelvin Kelvin mm kg/m3 bar bar bar 'C Kelvin Kelvin mm kg/m3

0.017 105.4 -0.8 105.6 52.9 0.0 326.0 57.1 449.5 127.6 -1.9 126.7 66.9 0.0 340.0 54.7 465.9

0.048 114.2 -0.8 114.4 52.9 0.0 326.0 34.7 654.0 140.1 -1.8 139.3 67.1 0.0 340.2 36.2 633.2

0.078 118.6 -0.7 118.9 52.1 0.0 325.2 54.1 598.7 147.0 -1.8 146.2 67.5 0.0 340.6 57.6 568.1

0.114 125.2 -0.7 125.5 52.9 0.0 326.0 48.5 647.0 154.7 -1.8 153.9 66.7 0.0 339.8 51.7 614.0

0.193 130.1 -0.7 130.4 53.2 0.0 326.3 24.6 812.1 158.9 -1.7 158.2 67.1 0.0 340.2 25.8 785.6

0.253 130.3 -0.7 130.6 52.9 0.0 326.0 35.0 877.3 158.8 -1.7 158.1 66.9 0.0 340.0 36.5 849.6

0.272 129.7 0.7 131.4 53.3 0.0 326.4 32.5 821.4 157.9 -1.7 157.2 67.2 0.0 340.3 33.4 804.8

0.454 129.9 -0.7 130.2 52.8 0.0 325.9 39.3 783.1 140.0 -1.8 139.2 67.0 0.0 340.1 40.3 767.9

0.540 102.1 -0.8 102.3 53.0 0.0 326.1 44.2 890.4 125.3 -1.9 124.4 67.0 0.0 340.1 50.0 805.8

0.623 95.2 -0.8 95.4 53.0 0.0 326.1 64.3 697.6 113.8 -1.9 112.9 67.2 0.0 340.3 66.2 680.5

0.763 69.4 -0.9 69.5 53.2 0.0 326.3 65.1 666.0 81.5 -2.0 80.5 67.1 0.0 340.2 65.6 661.7

Mass 

fraction   X

Temperature 3Temperature 2

Pressure Density Pressure DensityTemperature Temperature
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Table 8-26: Continued 

Meas. Corr. Abs. Meas. Corr. Abs. PP Density

grams bar bar bar 'C Kelvin Kelvin mm kg/m3

0.017 146.8 -2.2 145.6 89.8 0.0 362.9 67.4 390.5

0.048 159.8 -1.7 159.1 81.0 0.0 354.1 39.4 593.1

0.078 169.9 -1.5 169.4 81.7 0.0 354.8 61.2 539.8

0.114 177.6 -1.3 177.3 80.7 0.0 353.8 55.0 583.3

0.193 183.6 -1.4 183.2 81.1 0.0 354.2 27.2 756.9

0.253 183.7 -1.4 183.3 81.1 0.0 354.2 38.8 810.4

0.272 182.6 -1.4 182.2 81.3 0.0 354.4 34.8 780.2

0.454 163.0 -1.7 162.3 81.2 0.0 354.3 41.1 756.1

0.540 145.8 -1.8 145.0 80.7 0.0 353.8 46.4 856.3

0.623 131.7 -1.9 130.8 81.0 0.0 354.1 66.9 674.4

0.763 99.9 -2.4 98.5 90.0 0.0 363.1 67.8 643.2

Temperature 4
Mass 

fraction   X
Pressure Temperature Density

 

Table 8-27:  Temperature corrected isothermal solubility data generation for the system carbon dioxide 

and n-tetradecane 

A B R2 313.1 328.1 343.1 358.1 353.0

0.017 1.1967 -285.48 0.9762 89.2 107.2 125.1 143.1 137.0

0.048 1.7292 -451.14 0.9947 90.3 116.2 142.1 168.1 159.3

0.078 1.8955 -501.01 0.9924 92.5 120.9 149.3 177.8 168.1

0.114 2.0100 -531.58 0.9982 97.8 127.9 158.1 188.2 178.0

0.193 2.0035 -524.93 0.9975 102.4 132.4 162.5 192.5 182.3

0.253 1.9614 -510.11 0.9981 104.0 133.4 162.8 192.3 182.3

0.272 1.9430 -505.01 0.9970 103.3 132.5 161.6 190.8 180.9

0.454 1.8602 -495.46 0.9981 87.0 114.9 142.8 170.7 161.2

0.540 1.5880 -416.24 0.9994 81.0 104.8 128.6 152.4 144.3

0.623 1.2972 -328.40 0.9995 77.8 97.2 116.7 136.1 129.5

0.763 0.7903 -188.40 1.0000 59.0 70.9 82.8 94.6 90.6

Isothermal P-xy Generation

X
P = A*T + B

P in bar, T in K

P = A*T + B

P in bar, T in K

X
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Table 8-28:  Temperature corrected isothermal density data generation for the system carbon dioxide and n-tetradecane 

A B C R2 313.1 328.1 343.1 358.1

0.017 0.020 -15.676 3438.49 1 491.0 448.2 414.4 389.6

0.048 -0.031 18.802 -2187.602 0.996 660.3 644.2 614.1 570.1

0.078 0.020 -15.646 3575.169 0.997 637.0 594.7 561.4 537.0

0.114 0.016 -12.957 3208.125 1 719.8 679.3 646.1 620.0

0.193 -0.028 16.881 -1757.918 782.6 766.5 737.9 696.6

0.253 -0.014 6.871 89.63 0.999 868.5 836.9 799.0 754.8

0.272 -0.009 4.742 251.772 0.998 854.2 838.8 819.3 795.8

0.454 0.020 -14.296 3364.793 0.998 849.3 827.3 814.2 810.1

0.540 -0.021 13.173 -1152.294 1 913.5 909.1 895.3 872.0

0.623 0.005 -4.055 1458.028 1 678.6 665.8 655.3 647.1

0.763 0.001 -1.288 996.873 0.976 691.6 681.9 672.7 663.9

Isothermal d-xy Data Generation

P = A*T^2 + B*T+C

P in bar, T in K

Isothermal P-xy Generation

p in kg/m3

T in K
X
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Table 8-29:  Phase equilibrium data for the system carbon dioxide and 1-dodecanol 
Total

Mass

before after difference before after difference total Meas. Corr. Abs. Meas. Corr. Abs. PP Density

grams grams grams grams grams grams grams grams bar bar bar 'C Kelvin Kelvin mm kg/m3

146.381 146.082 0.299 1060.61 1039.65 20.96 21.3 0.014 89.4 -0.3 90.1 38.8 0.0 311.9 70.7 524.1

147.126 146.141 0.985 1064.35 1044.69 19.66 20.6 0.048 151.3 -0.1 152.2 47.0 0.0 320.1 40.6 805.9

147.610 146.218 1.392 1064.06 1050.00 14.06 15.5 0.090 177.6 0.1 178.7 39.2 0.0 312.3 23.9 772.7

148.585 146.121 2.464 1066.19 1045.36 20.83 23.3 0.106

159.366 146.148 13.218 1054.08 1042.97 11.11 24.3 0.543 267.0 1.1 269.1 40.5 0.0 313.6 47.9 796.5

160.072 146.192 13.880 1052.85 1042.02 10.83 24.7 0.562 264.8 1.0 266.8 39.9 0.0 313.0 47.7 811.3

156.196 146.117 10.079 1048.32 1041.33 6.99 17.1 0.590 217.6 0.4 219.0 41.3 0.0 314.4 29.4 850.8

154.057 147.042 7.015 683.04 674.40 8.64 15.7 0.448 255.9 0.7 257.6 55.2 0.0 328.3 21.8 960.9

157.464 148.155 9.309 682.86 673.49 9.37 18.7 0.498 259.7 0.7 261.4 52.3 0.0 325.4 32.0 874.8

160.478 147.217 13.261 681.98 674.11 7.87 21.1 0.628 137.0 -0.2 137.8 39.9 0.0 313.0 39.9 836.2

Pressure

Mass Temperature 1Mass 

fraction   

X

Temperaturesolute Solvent

Mass

Density

 

 

 

 

 

 

 

 

 

 

 

 



 

 

150 

Table 8-29:  Continued  

Meas. Corr. Abs. Meas. Corr. Abs. PP Density Meas. Corr. Abs. Meas. Corr. Abs. PP Density

grams bar bar bar 'C Kelvin Kelvin mm kg/m3 bar bar bar 'C Kelvin Kelvin mm kg/m3

0.014 111.1 -0.8 111.3 52.4 0.0 325.5 85.3 452.5 143.0 -1.2 142.8 66.5 0.0 339.6 76.3 494.1

0.048 156.1 -0.6 156.5 53.3 0.0 326.4 42.2 781.7 178.6 -0.8 178.8 67.1 0.0 340.2 46.7 720.8

0.090 176.6 -0.5 177.1 53.5 0.0 326.6 25.1 752.9 191.1 -0.8 191.3 67.6 0.0 340.7 27.2 720.5

0.106 260.0 0.6 261.6 53.3 0.0 326.4 39.8 923.6 227.8 -0.3 228.5 67.4 0.0 340.5 45.1 836.4

0.543 224.0 0.0 225.0 53.3 0.0 326.4 49.6 777.4 199.6 -0.8 199.8 67.6 0.0 340.7 50.4 768.8

0.562 204.0 -0.2 204.8 53.2 0.0 326.3 49.6 789.7 190.8 -0.8 191.0 67.0 0.0 340.1 50.8 776.6

0.590 177.9 -0.4 178.5 53.5 0.0 326.6 30.4 830.3 173.0 -0.8 173.2 64.6 0.0 337.7 31.4 810.7

0.448 249.9 0.9 251.8 56.7 0.0 329.8 21.8 867.8 239.1 1.0 241.1 60.7 0.0 333.8 24.7 811.2

0.498 248.0 0.9 249.9 54.9 0.0 328.0 37.7 748.9 222.1 1.6 224.7 68.7 0.0 341.8 34.6 791.6

0.628 133.4 1.6 136.0 54.3 0.0 327.4 41.1 799.9 146.0 2.1 149.1 68.8 0.0 341.9 42.2 785.7

Temperature TemperaturePressure Density Pressure Density
Mass 

fraction   X

Temperature 3Temperature 2
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Table 8-29:  Continued 

Meas. Corr. Abs. Meas. Corr. Abs. PP Density

grams bar bar bar 'C Kelvin Kelvin mm kg/m3

0.014 160.2 -1.0 160.2 80.5 0.0 353.6 84.0 450.9

0.048 197.5 -0.6 197.9 81.6 0.0 354.7 50.9 671.9

0.090 206.0 -1.2 205.8 81.3 0.0 354.4 30.7 746.2

0.106 231.1 -0.3 231.8 81.6 0.0 354.7 49.8 771.8

0.543 202.2 -1.2 202.0 81.3 0.0 354.4 52.2 775.5

0.562 195.4 -1.3 195.1 80.9 0.0 354.0 52.3 786.4

0.590 175.6 -0.9 175.7 81.5 0.0 354.6 17.3 1213.9

0.448 229.0 1.6 231.6 67.6 0.0 340.8 23.1 841.5

0.498 221.4 1.3 223.7 82.8 0.0 355.9 37.1 756.8

0.628 156.9 3.0 160.9 83.3 0.0 356.4 43.8 765.9

Temperature Density

Temperature 4Mass 

fraction   

X

Pressure

 

 



 

 

152 

Table 8-30:  Temperature corrected isothermal solubility data generation for the system carbon dioxide and 1-dodecanol 

A B C R2 313.1 328.1 343.1 358.1 353.0

0.014 1.7373000 -451.82 0.9891 92.1 118.2 144.2 170.3 161.4

0.048 1.3718070 -288.69 0.9923 140.8 161.4 182.0 202.6 195.6

0.090 0.02110688 -13.3928634 2301.99 0.9794 177.8 179.9 191.5 212.7 204.4

0.106 0.09116297 -63.1441035 11159.60 - 255.7 226.3 238.0 229.5

0.543 0.06552589 -45.4223270 8069.54 0.9999 271.4 220.3 198.7 206.6 200.6

0.562 0.08975859 -61.5360497 10732.29 0.9853 264.5 204.8 185.4 206.5 194.8

0.590 0.06316073 -43.2663687 7577.04 0.9672 222.1 180.6 167.5 182.8 174.4

0.448 0.13203894 -90.4107312 15707.96 0.9996 258.1 231.4 264.0 246.2

0.498 0.07106703 -49.6024240 8875.66 0.9945 251.4 222.9 226.4 221.6

0.628 0.01616706 -10.2526394 1762.16 0.9670 136.9 138.6 147.6 163.9 157.5

X

P = A*T
2
 + B*T+C

P in bar, T in K

P = A*T + B

P in bar, T in K
X

Isothermal P-xy Generation

 

Table 8-31:  Temperature corrected isothermal density data generation for the system carbon dioxide and 1-dodecanol 

A B C R2 313.1000 328.1 343.1000 358.1000

0.014 -0.048 30.1629 -4218.24 1 524.3 515.5 485.1 433.1

0.048 0.021 -17.820565 4402.56 0.9988602 840.9 771.6 711.5 660.7

0.090 0.088 -59.535687 10748.338 769.3 726.1 722.6 758.9

0.106 -5.36255 2670.08 0.9923 991.1 910.6 830.2 749.8

0.543 0.036 -24.498369 4949.17 0.99928 797.6 775.4 769.3 779.3

0.562 0.043 -29.26413 5767.2 0.98673 811.7 785.6 778.7 791.1

0.590 0.539 -352.0067 58280.62 0.9644 884.0 785.8 930.1

X

Isothermal P-xy Generation

p in kg/m3

T in K

Isothermal d-xy Data Generation

P = A*T^2 + B*T+C

P in bar, T in K
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Table 8-32:  Phase equilibrium data for the system carbon dioxide and n-tetradecane 
 

Total

Mass

before after difference before after difference Meas. Corr. Abs. Meas. Corr. Abs. PP Density

grams grams grams grams grams grams grams grams bar bar bar 'C Kelvin Kelvin mm kg/m3

147.85 146.042 1.808 614.5 604.03 10.47 12.278 0.147 51.4 -0.2 52.2 39.1 0 312 47.0 454.4

149.197 148.592 0.605 611.75 604.13 7.62 8.225 0.074 52.4 -0.2 53.2 39.3 0 312 43.7 321.1

146.399 146.166 0.233 610.88 603.95 6.93 7.163 0.033 53.6 -0.2 54.4 39.1 0 312 47.7 262.2

147.510 145.330 2.180 1053.03 1036.10 16.93 19.1 0.114 92.7 -0.2 93.5 38.9 0.0 312.0 44.8 689.9

Mass Mass Mass 

fraction   

X

Temperature 1

solute Solvent Pressure Temperature Density

 
 

 

Table 8-32: Continued 
 

Meas. Corr. Abs. Meas. Corr. Abs. PP Density Corr. Abs. Meas. Corr. Abs. PP Density

grams bar bar bar 'C Kelvin Kelvin mm kg/m3 bar bar 'C Kelvin Kelvin mm kg/m3

0.147 68.6 -0.8 68.8 52.6 0 326 54.5 406.4 -1.4 84.6 65.7 0.0 338.8 68.8 338.3

0.074 68.9 -0.8 69.1 54.2 0 327 52 282.2 -1.4 84.4 68.8 0.0 341.9 55.5 268.5

0.033 67.8 -0.8 68 54.1 0 327 56.6 230.3 -1.4 80.4 68.6 0.0 341.7 61.0 217.2

0.056 125.2 -0.7 125.5 52.9 0.0 326.0 48.5 647.0 -1.8 153.9 66.7 0.0 339.8 51.7 614.0

Pressure Temperature Density Pressure

Temperature 2 Temperature 3Mass 

fraction   

X

Temperature Density
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Table 8-32:  Continued 

Corr. Abs. Meas. Corr. Abs. PP Density

grams bar bar 'C Kelvin Kelvin mm kg/m3

0.147 -2 99.1 79.1 0 352 64.6 355.8

0.074 -2 96.9 83.3 0 356 60.7 250.4

0.033 -2 89.5 83.2 0 356 69.9 194.8

0.109 -1.3 177.3 80.7 0.0 353.8 55.0 583.3

Mass 

fraction   

X

Density

Temperature 4

Pressure Temperature

 
 

Table 8-33:  Temperature corrected isothermal solubility data generation for the system ethane and n-
tetradecane 

grams A B R2 310.0 325.0 340.0

0.147 1.1750 -314.40 0.9990 49.9 67.5 85.1

0.074 0.9880 -258.20 0.9970 48.1 62.9 77.7

0.033 0.8020 -195.10 0.9930 53.5 65.6 77.6

0.138 2.0100 -531.58 0.9982 91.5 121.7 151.8

P = A*T + B P = A*T + B

Mass 

fraction   

X

Isothermal P-xy Generation Isothermal P-xy Generation

P in bar, T in K P in bar, T in K
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Table 8-34:  Phase equilibrium data for the system carbon dioxide and 1-dodecanol 
Total

Mass

before after difference before after difference Meas. Corr. Abs. Meas. Corr. Abs. PP Density

grams grams grams grams grams grams grams grams bar bar bar 'C Kelvin Kelvin mm kg/m3

146.44 146.1 0.344 613.88 604.42 9.46 9.804 0.035 82.1 -0.1 83 39.7 0 313 45 355.8

147 146.17 0.832 612.42 604.04 8.38 9.212 0.090 108 -0.1 109 39.5 0 313 32 432.4

147.3 146.27 1.027 612.35 604.06 8.29 9.317 0.110 115 0 116 39.4 0 313 27 500.3

147.82 146.17 1.658 613.6 604.16 9.44 11.098 0.149 123 0 124 39.9 0 313 26 610.5

148.77 146.36 2.411 613.88 604.16 9.72 12.131 0.199 124 0 125 39.4 0 313 34 540.5

149.3 146.26 3.048 613.63 604.15 9.48 12.528 0.243 127 0 128 39.4 0 313 32 592.2

150.25 146.2 4.042 614.14 604.3 9.84 13.882 0.291 126 0 127 39.4 0 313 51 448.9

152.79 146.22 6.573 614.14 604.43 9.71 16.283 0.404 121 0 122 37.3 0 310 54 502.4

154.91 146.23 8.679 613.19 604.03 9.16 17.839 0.487 110 -0.1 111 39.3 0 312 52 573.2

157.32 146.27 11.047 611.53 604.46 7.07 18.117 0.610 80.8 -0.1 81.7 40.2 0 313 52 584

Mass Mass Mass 

fraction   

X

Temperature 1

Densitysolute Solvent Pressure Temperature
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Table 8-34:  Continued 

Meas. Corr. Abs. Meas. Corr. Abs. PP Density Meas. Corr. Abs. Meas. Corr. Abs. PP Density

grams bar bar bar 'C Kelvin Kelvin mm kg/m3 bar bar bar 'C Kelvin Kelvin mm kg/m3

0.035 97.5 -0.8 97.7 53.8 0 327 50 322.72 108 -1.2 107.8 68 0 341.2 58.1 285.85

0.090 125.2 -0.6 126 53.6 0 326.8 35 405.97 137.5 -1.1 137.4 67.8 0 341 38.2 377.12

0.110 133.5 -0.5 134 53.1 0 326.3 29 471.39 146.8 -1.1 146.7 64.4 0 337.6 31.4 442.52

0.149 141.8 -0.5 142 53.8 0 327 28 580.44 155.8 -0.9 155.9 68 0 341.2 29.9 546.42

0.199 142.6 -0.5 143 53.5 0 326.7 36 516.55 157 -0.9 157.1 67.7 0 340.9 38.8 490.64

0.243 145.6 -0.5 146 53.5 0 326.7 34 565.71 160.4 -0.9 160.5 68 0 341.2 36.9 526.78

0.291 143.7 -0.5 144 53.2 0 326.4 52 444.62 159.4 -0.9 159.5 68 0 341.2 54.1 429.6

0.404 140.7 -0.5 141 53.3 0 326.5 56 486.72 156.4 -0.9 156.5 67.5 0 340.7 59 468.66

0.487 131 -0.5 132 53.2 0 326.4 53 561.54 148.2 -1.1 148.1 67.5 0 340.7 55 544.54

0.610 103.6 -0.8 104 53.6 0 326.8 53 571.18 123.2 -1.2 123 67.5 0 340.7 54.5 557.24

Pressure

Temperature 2 Temperature 3
Mass 

fraction   X
Temperature DensityPressure Temperature Density

 
 
Table 8-34:  Continued 

Meas. Corr. Abs. Meas. Corr. Abs. PP Density

grams bar bar bar 'C Kelvin Kelvin mm kg/m3

0.035 111.7 -1.9 110.8 82.3 0 355.5 72 238.007

0.090 141.6 -1.7 140.9 81.9 0 355.1 44.2 336.165

0.110 155.2 -1.6 154.6 80.1 0 353.3 34.9 408.812

0.149 165 -1.5 164.5 81.7 0 354.9 32.3 516.167

0.199 167.4 -1.5 166.9 82.1 0 355.3 41.7 463.667

0.243 170.6 -1.5 170.1 82 0 355.2 38.3 511.832

0.291 169.3 -1.5 168.8 82.1 0 355.3 57.3 409.489

0.404 168.1 -1.5 167.6 81.8 0 355 62.1 448.795

0.487 161.4 -1.6 160.8 81.5 0 354.7 57.4 525.443

0.610 138.8 -1.7 138.1 81.6 0 354.8 57.5 532.853

Mass 

fraction   X
Density

Temperature 4

Pressure Temperature
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Table 8-35:  Temperature corrected isothermal solubility data generation for the system ethane and 1-dodecanol 

grams A B R2 313.1 328.1 343.1 353.0

0.035 0.79 -188.4 1 58.9 70.8 82.6 94.5

0.090 0.764 -127 0.928 112.2 123.7 135.1 146.6

0.110 0.952 -178.6 0.955 119.5 133.8 148.0 162.3

0.149 0.963 -175.2 0.976 126.3 140.8 155.2 169.7

0.199 0.987 -181.6 0.98 127.4 142.2 157.0 171.8

0.243 0.984 -177.5 0.983 130.6 145.4 160.1 174.9

0.291 0.994 -182.2 0.981 129.0 143.9 158.8 173.8

0.404 1.023 -194.1 0.992 126.2 141.5 156.9 172.2

0.487 1.182 -256.4 0.988 113.7 131.4 149.1 166.9

0.610 1.326 -331.5 0.992 83.7 103.6 123.5 143.3

P = A*T + B

Mass 

fraction   

X

Isothermal P-xy Generation Isothermal P-xy Generation

P in bar, T in K P in bar, T in K

P = A*T + B

 
 
Table 8-36:  Temperature corrected isothermal density data generation for the system ethane and 1-dodecanol 

A B R2 313.1 328.1 343.1 358.1

0.035 -2.7497 1219.3 0.9931 358.4 317.1 275.9 234.6

0.090 -2.2465 1137.9 0.9887 434.5 400.8 367.1 333.4

0.110 -2.2693 1210.1 0.9988 499.6 465.5 431.5 397.5

0.149 -2.2718 1322.2 0.9996 610.9 576.8 542.7 508.7

0.199 -1.8025 1104.6 0.9995 540.2 513.2 486.2 459.1

0.243 -1.8879 1182.4 1 591.3 563.0 534.7 506.3

0.291 -1.2138 841.72 0.9905 461.7 443.5 425.3 407.1

0.404 -1.2077 878.94 0.9936 500.8 482.7 464.6 446.5

0.487 -1.2752 978.11 0.9984 578.8 559.7 540.6 521.5

0.610 -1.4208 1029 0.9998 584.1 562.8 541.5 520.2

Isothermal d-xy Data Generation

p in kg/m3

P in bar, T in K Temperature

P = A*T + B

Isothermal P-xy Generation

X
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Table 8-37:  Phase equilibrium data for the system propane and n-tetradecane 
Total

Mass

before after difference before after difference Meas. Corr. Abs. Meas. Corr. Abs. PP Density

grams grams grams grams grams grams grams grams bar bar bar 'C Kelvin Kelvin mm kg/m3

174.619 164.136 10.483 608.16 600.95 7.21 17.7 0.592 36.1 -4.6 32.5 104.1 0.1 377.3 70.0 440.1

168.559 164.244 4.315 609.13 600.92 8.21 12.5 0.345 43.3 -4.6 39.7 103.8 0.1 377.0 55.9 377.2

166.881 164.193 2.688 608.72 600.95 7.77 10.5 0.257 45.2 -4.5 41.7 102.4 0.0 375.5 47.0 363.2

166.011 164.122 1.889 609.74 600.95 8.79 10.7 0.177 47.2 -4.6 43.6 104.0 0.1 377.2 50.5 349.8

165.049 164.205 0.844 609.57 600.97 8.60 9.4 0.089 49.0 -4.5 45.5 101.9 0.0 375.0 52.0 302.0

164.410 164.138 0.272 607.67 600.92 6.75 7.0 0.039 49.7 -4.6 46.1 103.9 0.1 377.1 41.3 270.4

147.595 146.125 1.470 611.24 602.19 9.05 10.5 0.140 47.6 -3.9 44.7 104.9 0.1 378.1 49.1 340.5

151.657 146.168 5.489 613.56 602.25 11.31 16.8 0.327 46.3 -3.9 43.4 104.8 0.1 378.0 68.6 426.4

153.484 147.198 6.286 610.02 602.16 7.86 14.1 0.444 39.4 -3.9 36.5 105.2 0.1 378.4 48.5 461.8

155.658 147.249 8.409 606.91 602.10 4.81 13.2 0.636 32.5 -3.9 29.6 104.7 0.1 377.9 40.8 484.6

148.901 147.269 1.632 611.52 602.25 9.27 10.9 0.150 46.9 -3.9 44.0 105.2 0.1 378.4 49.4 351.4

Mass Mass Mass 

fraction   

X

solute Solvent

Temperature 1

Pressure Temperature Density
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Table 78-37:  Continued 

Meas. Corr. Abs. Meas. Corr. Abs. PP Density Meas. Corr. Abs. Meas. Corr. Abs. PP Density

grams bar bar bar 'C Kelvin Kelvin mm kg/m3 bar bar bar 'C Kelvin Kelvin mm kg/m3

0.592 43.8 -5.1 39.7 118.0 0.3 391.4 72.4 427.5 51.7 -5.6 47.1 132.1 0.5 405.7 75.5 412.2

0.345 53.2 -4.9 49.3 117.8 0.3 391.2 59.8 356.4 63.6 -5.5 59.1 131.8 0.4 405.3 64.4 334.7

0.257 56.0 -4.9 52.1 116.9 0.2 390.2 51.9 335.0 66.4 -5.4 62.0 130.6 0.4 404.1 57.7 306.7

0.177 57.8 -4.9 53.9 118.0 0.3 391.4 57.2 315.5 67.3 -5.5 62.8 132.0 0.5 405.6 67.0 275.9

0.089 58.6 -4.7 54.9 115.2 0.2 388.5 67.0 244.0 66.5 -5.3 62.2 128.6 0.4 402.1 81.6 205.5

0.039 57.3 -5.0 53.3 118.1 0.3 391.5 63.2 190.7 62.3 -5.5 57.8 132.0 0.5 405.6 80.1 155.3

0.140 59.4 -4.4 56.0 119.2 0.3 392.6 53.0 322.7 70.5 -5.0 66.5 133.3 0.5 406.9 60.7 292.6

0.327 57.5 -4.4 54.1 119.0 0.3 392.4 73.1 406.2 68.8 -5.0 64.8 133.2 0.5 406.8 77.2 389.4

0.444 48.5 -4.4 45.1 119.7 0.3 393.1 49.2 457.2 57.6 -5.1 53.5 134.0 0.5 407.6 52.0 439.9

0.636 39.6 -4.4 36.2 119.3 0.3 392.7 41.7 477.7 46.8 -5.1 42.7 133.6 0.5 407.2 43.0 468.1

0.150 57.5 -4.4 54.1 119.5 0.3 392.9 56.6 319.1 66.6 -5.0 62.6 133.8 0.5 407.4 67.9 278.9

Pressure Temperature Density
Mass 

fraction   X

Temperature 2 Temperature 3

Pressure Temperature Density



 

 

160

Table 8-38:  Temperature corrected isothermal solubility data generation for the system propane and n-
tetradecane 

grams A B R2 378.2 393.2 408.2

0.592 0.5141 -161.5 1.0000 32.9 40.6 48.3

0.345 0.6855 -218.8 0.9999 40.4 50.7 61.0

0.257 0.7098 -224.8 1.0000 43.6 54.2 64.9

0.177 0.6761 -211.2 0.9982 44.5 54.6 64.8

0.089 0.6161 -185.2 0.9944 47.8 57.0 66.3

0.039 0.4108 -108.4 0.9841 46.9 53.1 59.3

0.140 0.7570 -241.4 0.9990 44.9 56.2 67.6

0.327 0.7430 -237.4 1.0000 43.6 54.7 65.9

0.444 0.5820 -183.7 1.0000 36.4 45.1 53.8

0.636 0.4470 -139.3 1.0000 29.7 36.4 43.1

0.150 0.6410 -198.4 0.9970 44.0 53.6 63.2

Mass 

fraction   X

Isothermal P-xy Generation

P = A*T + B

P in bar, T in K P in bar, T in K

Isothermal P-xy Generation

P = A*T + B

 

Table 8-39:  Temperature corrected isothermal density data generation for the system propane and n-
tetradecane 

A B R2 313.1 328.1 343.1

0.441 -1.2935 887.8 0.9927 398.7 379.3 359.9

0.257 -1.9761 1105.5 0.9997 358.2 328.6 299.0

0.177 -2.6040 1332.9 0.9983 348.2 309.1 270.1

0.089 -3.5594 1633.4 0.9859 287.4 234.0 180.6

0.039 -4.0447 1788.6 0.9553 259.1 198.4 137.8

0.140 -1.6610 970.9 0.9770 342.8 317.9 293.0

0.327 -1.2860 912.1 0.9970 425.8 406.5 387.2

0.444 -0.7490 747.4 0.8950 464.2 452.9 441.7

0.636 -0.5610 697.2 0.9890 485.1 476.6 468.2

0.150 -2.4990 1298.0 0.9960 353.0 315.5 278.0

p in kg/m3
Mass 

fraction   X
P in bar, T in K Temperature

Isothermal d-xy Data Generation Isothermal P-xy Generation

P = A*T + B
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Table 8-40:  Relative solubility of n-tetradecane to 1-dodecanol in carbon dioxide  
P yn xn ym xm R

59 0.011 0.763 0.009 0.787 1.26

77.7 0.014 0.623 0.012 0.714 1.34

81 0.016 0.54 0.012 0.702 1.73

87 0.017 0.454 0.013 0.692 1.99

89.2 0.017 0.434 0.014 0.688 1.92

92.5 0.078 0.402 0.014 0.685 9.49

97.8 0.114 0.346 0.024 0.678 9.31

102.3 0.193 0.304 0.026 0.672 16.41

70.9 0.011 0.763 0.008 0.781 1.41

97.2 0.016 0.623 0.012 0.689 1.47

104.8 0.016 0.54 0.012 0.686 1.69

107.2 0.017 0.514 0.013 0.678 1.72

114.9 0.042 0.454 0.014 0.668 4.41

116.2 0.048 0.442 0.014 0.666 5.17

120.9 0.078 0.395 0.016 0.658 8.12

127.9 0.114 0.328 0.018 0.646 12.47

82.8 0.011 0.763 0.007 0.796 1.64

116.7 0.016 0.623 0.01 0.713 1.83

125.1 0.017 0.564 0.011 0.692 1.90

128.6 0.023 0.54 0.011 0.685 2.65

142.2 0.048 0.454 0.012 0.654 5.76

149.3 0.078 0.395 0.013 0.639 9.71

158.1 0.114 0.322 0.014 0.618 15.63

90.6 0.011 0.763 0.008 0.786 1.42

129.5 0.016 0.623 0.01 0.696 1.79

144.3 0.027 0.54 0.012 0.663 2.76

159.3 0.048 0.464 0.014 0.63 4.66

161.2 0.054 0.454 0.014 0.624 5.30

168.1 0.078 0.394 0.014 0.608 8.60

178 0.114 0.308 0.02 0.596 11.03

328

343

358

313
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Table 8-41:  Relative solubility of n-tetradecane to 1-dodecanol in ethane 

P yn xn ym xm R

25.0 0.008 0.850 0.015 0.883 0.55

30.9 0.009 0.800 0.018 0.855 0.53

35.7 0.011 0.750 0.021 0.833 0.58

39.7 0.012 0.700 0.024 0.815 0.58

43.0 0.013 0.650 0.026 0.800 0.62

46.3 0.014 0.600 0.027 0.784 0.68

50.1 0.016 0.500 0.030 0.766 0.82

52.2 0.016 0.450 0.031 0.755 0.87

53.4 0.016 0.400 0.032 0.750 0.94

55.7 0.024 0.2 0.033 0.740 2.69

31.3 0.011 0.850 0.015 0.882 0.76

38.8 0.014 0.800 0.019 0.853 0.79

45.1 0.016 0.750 0.022 0.830 0.80

50.5 0.018 0.700 0.024 0.810 0.87

55.0 0.020 0.650 0.027 0.792 0.90

59.0 0.022 0.600 0.030 0.779 0.95

65.4 0.023 0.500 0.032 0.753 1.08

67.6 0.024 0.450 0.033 0.745 1.20

69.4 0.024 0.400 0.033 0.739 1.34

71.0 0.044 0.300 0.034 0.732 3.16

37.3 0.032 0.850 0.016 0.882 2.08

46.6 0.040 0.800 0.020 0.852 2.13

54.4 0.046 0.750 0.022 0.828 2.31

61.3 0.052 0.700 0.026 0.806 2.30

67.2 0.053 0.650 0.028 0.8 2.29

72.0 0.055 0.600 0.030 0.772 2.36

77.2 0.056 0.550 0.032 0.756 2.41

81.0 0.1 0.500 0.034 0.744 2.54

84.0 0.058 0.450 0.037 0.734 2.56

85.9 0.069 0.400 0.038 0.729 3.31

87.1 0.082 0.350 0.039 0.725 4.36

54.4 0.033 0.800 0.018 0.852 1.95

63.7 0.039 0.750 0.023 0.827 1.87

72.6 0.042 0.700 0.026 0.802 1.85

79.8 0.048 0.650 0.030 0.782 1.92

85.9 0.052 0.600 0.032 0.766 2.07

92.3 0.056 0.550 0.034 0.748 2.24

97.0 0.060 0.500 0.037 0.735 2.38

100.6 0.080 0.450 0.042 0.725 3.07

102.5 0.100 0.400 0.043 0.720 4.19

104.0 0.124 0.350 0.044 0.716 5.77

358 K

343 K

313 K

328 K
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Table 8-42:  Relative solubility of n-tetradecane to 1-dodecanol in propane 
P yn xn ym xm R

29.7 0.009 0.6361 0.011 0.704 0.91

33.7 0.01 0.5469 0.0125 0.666 0.97

36.4 0.011 0.444 0.0135 0.638 1.17

40.4 0.0125 0.3445 0.016 0.59 1.34

43.6 0.013 0.257 0.0165 0.478 1.47

46 0.0148 0.136 0.018 0.35 2.12

36.4 0.01 0.6361 0.012 0.704 0.92

40.6 0.0115 0.5469 0.013 0.67 1.08

45.1 0.013 0.444 0.014 0.633 1.32

50.7 0.0148 0.3445 0.016 0.563 1.51

54.2 0.053 0.257 0.018 0.481 5.51

55.5 0.07 0.176 0.025 0.45 7.16

43.1 0.011 0.6361 0.012 0.74 1.07

47.4 0.012 0.5469 0.013 0.694 1.17

53.8 0.0135 0.444 0.015 0.631 1.28

61 0.048 0.3445 0.017 0.555 4.55

64.9 0.078 0.257 0.029 0.489 5.12

66.3 0.0894 0.197 0.037 0.458 5.62

378 K

393 K

405 K
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8.3 Appendix C:  Pilot plant experiment data 

 

Table 8-43:  GC analyses for pilot plant experiment with carbon dioxide 
Run 1 Run 2 Run 3A Run 4A Run 5 Run 6 Run 7 Run 8 Run 9 Run 10 Run 4B Run 4C Run 3B

Solvent CO2 CO2 CO2 CO2 CO2 CO2 CO2 CO2 CO2 CO2 CO2 CO2 CO2

TMFR - + - - + - - - + + + - - - + - - + + + + - + + - - + + + + + - - + + -  + + - - - - + -  - - + - + + - +

C14A 235334 220240 355345 75753 17970 4565 484 3482 7167 4939 22448 3419 12691

C12A 448855 430824 543552 265181 259777 8951 9336 5429 9293 7145 85527 9066 15287

C14B 276413 433427 274604 44352 6999 6015 1105 3128 5884 3380 26520 2597 6097

C12B 546175 854355 109046 156895 92015 11586 19957 4408 7671 5059 101747 6711 7325

Response Factor 0.811 0.811 0.811 0.811 0.811 0.811 0.811 0.811 0.811 0.811 0.811 0.811 0.811

n-tetradecane 29.5 29.2 35.5 18.7 5.6 29.5 4.2 35.4 38.4 35.5 17.5 23.7 40.3

1-dodecanol 70.5 70.8 64.5 81.3 94.7 70.6 95.8 64.6 61.5 64.5 84.6 76.4 59.7

C14A 1014414 142162 274604 190588 279948 54955 13377 9918 61490 183365 258605 9078 9504

C12A 448855 50446 109046 53656 79811 20647 2200 3847 17403 69307 78047 2078 3805

C14B 631106 343977 317492 207208 390938 33493 21026 14135 48176 118230 231173 11459 13284

C12B 286655 124455 126077 82283 108235 12537 3560 5428 14159 44977 69307 2682 5276

Response Factor 0.811 0.811 0.811 0.811 0.811 0.811 0.811 0.811 0.811 0.811 0.811 0.811 0.811

n-tetradecane 64.1 69.4 66.7 74.1 74.3 68.4 82.9 67.8 73.8 68.1 73.0 77.8 67.0

1-dodecanol 35.9 30.6 33.3 25.9 26.0 26.0 17.1 32.3 25.9 25.9 27.1 22.2 33.0

Bottoms (GC area)

Overheads (GC area)

% component 

% component 
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Table 8-44:  GC analyses for pilot plant experiment with ethane 
Run 1A Run 2 Run 3 Run 4 Run 5 Run 6 Run 7 Run 8 Run 9 Run 10 Run 1B Run 1C

Solvent ethane ethane ethane ethane ethane ethane ethane ethane ethane ethane ethane ethane

TMFR - + - - + + - +  - - + - + + + - + - - - + - + + - + + + + + - - + - + - - + + - - + - - - + - -

C14A 243 6012 6832 16659 6157 3917 52 6131 3917 46 164 84

C12A 29555 11641 12537 17861 13460 8085 5894 19702 8085 7077 8292 6185

C14B 209 4740 27315 22250 6182 7735 28 6149 16144 73 264 84

C12B 22925 10637 49032 23075 12402 14970 3206 20504 28953 9583 11611 6185

Response Factor 0.811 0.811 0.811 0.811 0.811 0.811 0.811 0.811 0.811 0.811 0.811 0.811

n-tetradecane 0.7 28.0 30.9 43.5 27.9 28.9 0.7 19.9 29.7 0.6 1.7 1.07

1-dodecanol 99.3 72.0 69.1 56.5 72.1 71.1 99.3 80.1 70.3 99.5 98.3 98.93

C14A 28537 22724 34206 10049 21159 13086 1647 17166 21156 6015 4731 8721

C12A 6265 5025 20647 6686 4561 24129 311 3730 4571 1158 2265 1501

C14B 33012 51182 20501 37394 31283 45987 4269 23608 18463 10696 3998 13329

C12B 7250 10124 12537 24702 6672 30379 870 5222 3919 2004 2015 2304

Response Factor 0.811 0.811 0.811 0.811 0.811 0.811 0.811 0.811 0.811 0.811 0.811 0.811

n-tetradecane 78.7 79.5 57.2 55.0 79.1 81.6 80.3 78.7 79.1 80.8 62.0 82.29

1-dodecanol 21.3 20.5 42.8 45.0 20.9 18.4 19.7 21.3 20.9 19.2 38.0 17.71

Overheads (GC area)

% component 

Bottoms (GC area)

% component 

 

 



 

 

166 

Table 8-45:  Flooding calculation for pilot plant experiments with carbon dioxide and Sulzer EX packing 
Run 1 Run 2 Run 3A Run 4A Run 5 Run 6 Run 7 Run 8 Run 9 Run 10 Run 4B Run 4C Run 3B

Feed Pressure bar 95.5 133 148 91.5 94 132 91.5 150 93.2 149.1 91.5 86.8 144

Feed Temperature K 314.1 353.4 353.6 313.6 314.1 353.7 313.4 354.1 313.8 354.3 313.4 313.4 354

Solvent density kg/m3 551.9 350.3 414.7 495.2 526.9 344.46 504 420 523.3 415 504 382 395

Solute density kg/m3 780 780 780 780 780 780 780 780 780 780 780 780 780

Solvent mass flow kg/m2s 7.669 8.120 7.669 8.120 7.218 7.218 7.669 5.865 6.316 5.865 7.669 8.120 7.218

Solute mass flow kg/m2s 0.271 0.122 0.217 0.158 0.857 0.682 0.718 0.776 0.271 0.208 0.167 0.077 0.217

Flow parameter - 0.0297 0.0101 0.0206 0.0155 0.0976 0.0628 0.0752 0.0971 0.0351 0.0258 0.0175 0.0066 0.0213

K3 m/s 0.109 0.109 0.109 0.109 0.109 0.109 0.109 0.109 0.109 0.109 0.109 0.109 0.109

K4 - 1.77 1.77 1.77 1.77 1.77 1.77 1.77 1.77 1.77 1.77 1.77 1.77 1.77

Gas capacity factor 0.0640 0.0786 0.0693 0.0732 0.0452 0.0523 0.0494 0.0453 0.0615 0.0661 0.0716 0.0833 0.0688

Gas velocity m/s 0.0139 0.0232 0.0185 0.0164 0.0137 0.0210 0.0152 0.0140 0.0121 0.0141 0.0152 0.0213 0.0183

Gas capacity factor m/s 0.0216 0.0209 0.0197 0.0216 0.0198 0.0186 0.0206 0.0151 0.0172 0.0151 0.0206 0.0208 0.0185

Operation/Flooding - 0.34 0.27 0.28 0.30 0.44 0.36 0.42 0.33 0.28 0.23 0.29 0.25 0.27

Flooding calculation

Gas capacity at flooding

Gas capacity at operation
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Table 8-46:  Flooding calculation for pilot plant runs with carbon dioxide and Sulzer CY packing 
Run 1 Run 2 Run 3A Run 4A Run 5 Run 6 Run 7 Run 8 Run 9 Run 10 Run 4B Run 4C Run 3B

Feed Pressure bar 95.5 133 148 91.5 94 132 91.5 150 93.2 149.1 91.5 86.8 144

Feed Temperature K 314.1 353.4 353.6 313.6 314.1 353.7 313.4 354.1 313.8 354.3 313.4 313.4 354

Solvent density kg/m3 551.9 350.3 414.7 495.2 526.9 344.46 504 420 523.3 415 504 382 395

Solute density kg/m3 780 780 780 780 780 780 780 780 780 780 780 780 780

Solvent mass flow kg/m2s 7.669 8.120 7.669 8.120 7.218 7.218 7.669 5.865 6.316 5.865 7.669 8.120 7.218

Solute mass flow kg/m2s 0.271 0.122 0.217 0.158 0.857 0.682 0.718 0.776 0.271 0.208 0.167 0.077 0.217

Flow parameter - 0.0297 0.0101 0.0206 0.0155 0.0976 0.0628 0.0752 0.0971 0.0351 0.0258 0.0175 0.0066 0.0213

K3 m/s 0.123 0.123 0.123 0.123 0.123 0.123 0.123 0.123 0.123 0.123 0.123 0.123 0.123

K4 - 1.95 1.95 1.95 1.95 1.95 1.95 1.95 1.95 1.95 1.95 1.95 1.95 1.95

Gas capacity factor 0.0689 0.0861 0.0751 0.0796 0.0475 0.0555 0.0522 0.0476 0.0660 0.0713 0.0777 0.0916 0.0745

Gas velocity m/s 0.0139 0.0232 0.0185 0.0164 0.0137 0.0210 0.0152 0.0140 0.0121 0.0141 0.0152 0.0213 0.0183

gas capacity factor m/s 0.0216 0.0209 0.0197 0.0216 0.0198 0.0186 0.0206 0.0151 0.0172 0.0151 0.0206 0.0208 0.0185

Operation/Flooding - 0.31 0.24 0.26 0.27 0.42 0.34 0.39 0.32 0.26 0.21 0.26 0.23 0.25

Flooding calculation

Gas capacity at flooding

Gas capacity at operation

 
 
 

 

 

 

 

 

 



 

 

168 

Table 8-47:  Flooding calculation for pilot plant experiments with ethane and Sulzer EX packing 
Run 1A Run 2 Run 3 Run 4 Run 5 Run 6 Run 7 Run 8 Run 9 Run 10 Run 1B

Feed Pressure bar 60.9 89.3 57 88.9 80 83 62.6 89.3 83 62.6 59.7

Feed Temperature K 314.2 343.5 314.2 344.7 342.9 343.6 315 343.5 343.6 314.6 314.6

Solvent density kg/m3 249.6 205.9 182.2 199 169.6 179.4 252.6 205.9 179.8 252.6 226.84

Solute density kg/m3 780 780 780 780 780 780 780 780 780 780 780

Solvent mass flow kg/m2s 4.737 4.286 4.827 4.195 4.286 4.286 4.737 4.286 4.286 4.737 4.737

Solute mass flow kg/m2s 0.266 0.792 0.180 0.221 0.113 0.684 0.790 0.255 0.142 0.257 0.264

Flow parameter - 0.0318 0.0950 0.0181 0.0266 0.0123 0.0765 0.0949 0.0306 0.0159 0.0309 0.0300

K3 m/s 0.109 0.109 0.109 0.109 0.109 0.109 0.109 0.109 0.109 0.109 0.109

K4 - 1.77 1.77 1.77 1.77 1.77 1.77 1.77 1.77 1.77 1.77 1.77

Gas capacity factor 0.0630 0.0456 0.0711 0.0656 0.0762 0.0491 0.0456 0.0636 0.0728 0.0634 0.0638

Gas velocity m/s 0.0190 0.0208 0.0265 0.0211 0.0253 0.0239 0.0188 0.0208 0.0238 0.0188 0.0209

Gas capacity factor m/s 0.0130 0.0125 0.0146 0.0123 0.0133 0.0131 0.0130 0.0125 0.0130 0.0130 0.0134

Operation/Flooding - 0.21 0.27 0.21 0.19 0.17 0.27 0.28 0.20 0.18 0.20 0.21

Flooding calculation

Gas capacity at flooding

Gas capacity at operation
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Table 8-48:  Flooding calculation for pilot plant runs with carbon dioxide and Sulzer CY packing 
Run 1A Run 2 Run 3 Run 4 Run 5 Run 6 Run 7 Run 8 Run 9 Run 10 Run 1B

Feed Pressure bar 60.9 89.3 57 88.9 80 83 62.6 89.3 83 62.6 59.7

Feed Temperature K 314.2 343.5 314.2 344.7 342.9 343.6 315 343.5 343.6 314.6 314.6

Solvent density kg/m3 249.6 205.9 182.2 199 169.6 179.4 252.6 205.9 179.8 252.6 226.84

Solute density kg/m3 780 780 780 780 780 780 780 780 780 780 780

Solvent mass flow kg/m2s 4.737 4.286 4.827 4.195 4.286 4.286 4.737 4.286 4.286 4.737 4.737

Solute mass flow kg/m2s 0.266 0.792 0.180 0.221 0.113 0.684 0.790 0.255 0.142 0.257 0.264

Flow parameter - 0.0318 0.0950 0.0181 0.0266 0.0123 0.0765 0.0949 0.0306 0.0159 0.0309 0.0300

K3 m/s 0.123 0.123 0.123 0.123 0.123 0.123 0.123 0.123 0.123 0.123 0.123

K4 - 1.95 1.95 1.95 1.95 1.95 1.95 1.95 1.95 1.95 1.95 1.95

Gas capacity factor 0.0677 0.0480 0.0772 0.0708 0.0832 0.0519 0.0480 0.0684 0.0792 0.0682 0.0687

Gas velocity m/s 0.0190 0.0208 0.0265 0.0211 0.0253 0.0239 0.0188 0.0208 0.0238 0.0188 0.0209

Gas capacity factor m/s 0.0130 0.0125 0.0146 0.0123 0.0133 0.0131 0.0130 0.0125 0.0130 0.0130 0.0134

Operation/Flooding - 0.19 0.26 0.19 0.17 0.16 0.25 0.27 0.18 0.16 0.19 0.19

Flooding calculation

Gas capacity at operation

Gas capacity at flooding
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Figure 8-3 shows the calibration of the reflux pump using pilot plant experiments. 
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Figure 8-3:  Reflux pump calibration 
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Figure 8-4:  Solute feed pump calibration (pump used in pilot plant experiments with carbon dioxide) 
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Figure 8-5:  Solute feed pump calibration (pump used in pilot plant experiments with ethane) 
 

8.4 Appendix D:  High pressure phase equilibrium cell 

8.4.1 Loading of the gas bomb 

• Refrigerate the gas bomb for 5 minutes (not too long for residual solvent to solidify 

and cause blockage in bomb valves). This step is only done when experiencing 

difficulty with getting enough of the solvent into the bomb. Less solvent is wasted 

using this method of initial cooling and can also be employed to minimize loss to the 

environment for expensive solvents (i.e. ethane compared to carbon dioxide). 

• Connect the bomb to a solvent gas bottle with the open end facing upwards. This 

ensures that vapour fraction can be removed through solvent purge and not the 

accumulated liquid phase. All valves should be closed at this stage. The bottle valve is 

opened first, followed by the bomb valve closest to the bottle valve (bottom valve). It 

is important to load as much liquid as possible. Purging of vapour decrease the bomb 

temperature and can be used to load the bomb faster (creating a temperature gradient 

between the gas bottle and bomb). If the vapour purge is not used, leave the bomb 

connected to the gas bottle for 20 minutes. 

• Make sure to close the bomb valve (bottom valve) first as well as the gas bottle valve 

(second) prior to removing the bomb from the solvent gas bottle. 
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• Re-attach the gas bottle plug to ensure that no solvent is wasted when the gas bottle is 

not in use.  

• If the bomb is used for different solvents (not advisable – rather do big experimental 

blocks to avoid solvent contamination) it needs to be filled and evacuated four times 

to ensure removal of the old solvent.   

8.4.2 Initial set-up of high pressure phase equilibrium cell 

Refer to Figure 3-3 

• The extraction fan needs to be switched on.  

• Determine the total mass of solute and solvent to be loaded by evaluating previous 

measurements made. The quantity of material added is governed by the density and 

the density temperature profile. The total mass should exceed a minimum value to still 

get piston distance variability with a variation in pressure and should not exceed a 

maximum value since the piston-cylinder combination also has only a fixed maximum 

volume. The total mass to be loaded is smaller for lower mass fractions of solute. 

• A known mass of solute is inserted into the cylinder together with a stirring magnet. 

The piston head is now fastened on top of the high pressure cylinder. Tighten the 

Teflon seal by fastening the bolt which puts a tensile force on a rod which squeezes 

the Teflon seal and forces expansion. Make sure that the piston is set at a minimum 

protrusion to eliminate piston movement with initial solvent loading. At this moment 

in time, the cylinder is loaded with a known amount of solute and a mixture of air. 

The equilibrium cell needs to be flushed by some solvent to remove the air inside.  

• For loading purposes a splitter fitting (hereafter referred to as the splitter), which 

combine a slot on which the gas bomb fits, a slot for the vacuum pump suction as well 

as a slot for a low pressure sensor, is connected to the equilibrium cell via the cell 

inlet/outlet valve (hereafter referred to as the evacuation valve). Make sure to place a 

rubber o-ring between the fitting and the cell to make it airtight.  

•  Connect the gas bomb to this fitting (again inserting a rubber o-ring). Open the cell 

evacuation valve slightly (1/4 of a turn). The vacuum pump is started. The vacuum 

valve and vacuum pressure sensor valve is opened. The evacuation valve is opened 

slightly (1/4 of turn). The vacuum is now drawn until pressure inside is 0.2 barg. 

• Open and close the bomb until the pressure inside the chamber is 6 barg (this value is 

read on the electronic pressure gauge which is permanently connected to the cell). 
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With the bomb valves fully closed, the bomb is loosened slightly from the splitter. 

Solvent inside the cell is purged until pressure decreases to a value of approximately 

1.5 bar gauge, at which point the bomb is fastened tightly to the splitter once again. 

This procedure is repeated six times to ensure that all the air is removed from the 

equilibrium cell and the only vapour inside, is that of the specific solvent used. The 

evacuation valve is closed tightly.  

• The bomb is now removed and the amount of solvent (to achieve the desired mass 

fraction of solute to solvent) can be calculated. Previous phase equilibrium 

measurements give values for an evacuated gas bomb (these values vary slightly and 

are also dependant on the specific solvent used). Taking the total mass to be loaded 

and subtracting the known amount of solute, a theoretical amount of solvent required 

can be calculated. This value is then added to the evacuated gas bomb value to obtain 

a theoretical mass of the bomb prior to unloading. The bomb is weighed and solvent is 

purged until the mass of the bomb is the same as the theoretical value. The bomb is 

connected to the splitter. 

• The vacuum pump is started. The vacuum valve and vacuum pressure sensor valve is 

opened. The evacuation valve is opened slightly (1/4 of turn). The vacuum is now 

drawn until pressure inside is 0.2 barg. (If the solute is a solid at room temperature 

such as 1-dodecanol, the vacuum will not have a pronounced effect on the amount of 

solute. For liquid solutes like tetradecane, care must be taken to prevent evaporation 

some of the solute). This will show as (negative) -2 bar gauge on the electronic 

pressure gauge. The evacuation valve is now fully closed once again. The vacuum 

valve and vacuum pressure sensor valve is closed and the vacuum pump is switched 

off. 

• The bomb and splitter is now heated with hot air (1200 W industrial blower) to obtain 

a temperature gradient for the solvent to move from the bomb into the equilibrium 

cell. Heating takes approximately 2-3 minutes and can be evaluated through sensorial 

interpretation by touching the bomb with the fingertips. The cell evacuation valve is 

now opened fully and the bomb valve is also fully opened. With the valves still fully 

opened, the bomb and splitter are heated once more to completely evacuate the bomb. 

The bomb is now closed and the evacuation valve is closed until ¼ turn open. The 

splitter is heated to force all residual solvent into the cell. This heating takes an 

additional 1 minute. The evacuation valve is now also fully closed. The bomb can 
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now be removed and its mass determined. The amount of solvent is then calculated as 

the difference from the initial and final mass values of the bomb.  

• The splitter is removed and replaced by a screw-on cap. The cap minimizes leakage 

trough the valve. The temperature sensor is inserted into a slot on the side of the 

equilibrium cell (The PT100 sensor is treated with vacuum grease to increase heat 

transfer). The cell is covered with insulation (fibre glass insulation) and the magnetic 

stirrer is placed under the cell. The endoscope camera is switched on and a white 

balance is performed prior to positioning just outside the sight glass at the far end of 

the cell. The magnetic stirrer is switched on together with the hot plate to assist 

heating. The speed of the stirrer is adjusted to the desired level (interpret movement of 

the magnet inside the cell with an optical sensor and television monitor) 

• Connect the external gas line (nitrogen gas) to the equilibrium cell. Start the heater 

which circulates the heating medium (oil or water) around the cell through a jacket. 

Adjust set temperature to the desired value. 

• Open the nitrogen gas bottle with the regulator in fully closed position. Adjust 

nitrogen pressure to move the piston inwards half way.  

• Wait 1 hour to reach thermal equilibrium for the initial temperature set point and 45 

minutes for subsequent temperature intervals. Remember that as the temperature 

increases, so will the pressure inside the cell and care must therefore be taken into 

initial pressure setting in previous step.  

8.4.3 Measuring solute solubility 

• Solubility of solute in solvent is evaluated by visually interpreting what goes on inside 

the equilibrium cell. From a high pressure and single phase, the pressure is reduced 

until two phases start to appear. A bisection method is employed whereby a pressure 

and density (piston position) measurement is done firstly in the single phase region 

and then in the two phase region with subsequent readings converging to the mixture 

critical point. The solubility pressure is judged to be 0.1 bar below the lowest single 

phase pressure achieved. The piston position is measured to an accuracy of 0.1 mm. 

• After a measurement at a specific temperature is performed, the cell pressure is 

increased to a value well above the measured solubility pressure (15 - 30 is normally 

sufficient, but care must be taken not to exceed the prescribed maximum pressure). 

The set temperature can then be adjusted to subsequent values for the specific 

experimental run.  
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• The optical sensor and monitor is kept on during the duration of the experiment as to 

ensure prolonged life. 

8.4.4 Cleaning of equilibrium cell 

• After an experiment is performed, the heater is switched off, the optical sensor and 

monitor is switched off, the magnetic stirrer is switched off and insulation material is 

removed and the heat sensor (PT100) is also removed. 

• The nitrogen gas bottle and regulator is closed. Nitrogen gas is now purged to reduce 

the pressure inside the cell by opening the purge valve next to the regulator. 

• Move the extractor fan input foil tube close to the cell evacuation valve. 

• The screw on cap is removed. It is opened slowly as there might be some pressure 

build-up owing to higher temperature at the latter part of the experiment than in the 

initial set-up. The cell evacuation valve is opened very slowly as the pressure in the 

cell can be up to 100 bar even with nitrogen closed. The solvent is now carefully 

purged until pressure inside the equilibrium cell is similar to ambient conditions. 

• The piston and head can now be removed. Firstly loosen the Teflon tightening rod. 

Then carefully remove the piston head. The wear of heat resistant gloves is 

recommended. 

• The solute is removed. The cell is now washed with xyleen or cyclohexane to remove 

any residual solute (repeat three times). The cell is then washed with methanol to 

remove the xyleen or cyclohexane (repeat three times). Finally the cell is blown dry 

with compressed air. 

• The Teflon seal need to be wiped clean of solute and copper compound (lubrication is 

used for the copper piston in the stainless steel cylinder). 

8.4.5 Routine maintenance and inspection 

• The rubber o-ring needs to be examined for cracks and replaced when necessary. This 

is done for the space between the splitter and cell, and between the splitter and gas 

bomb. There is also an o-ring between the fitting for the nitrogen gas line and the 

piston head. 

• The Teflon seal need to be examined for deformation and integrity. 

• The copper compound used for lubrication need to be maintained by applying a 

miserly layer to spots on the piston not protected. 
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8.5 Appendix E:  Pilot plant operating procedures and safety 

8.5.1 The following is important when starting the pilot plant 

• Switch on the main power supply to the pilot plant (black 3-phase plug on wall) 

• Switch on the cooling water (in pump chamber; green button plus name tag to prevent 

someone from stopping the water pump) 

• Switch on heaters 1 and 2 and allow the unit to reach thermal equilibrium. This must be 

done 3 hours in advance to allow sufficient time for the pilot plant to heat up thoroughly 

• Switch on the refrigeration unit. Make sure that the settings correspond to the specific 

solvent used. The refrigeration unit should run for 40 minutes before the system is started. 

• Check that the following valves are in a fully open position:  V1, V3, V6, V8, V9/V10 

(depending on what feed position). 

• Check that the following valves are in the fully closed position: V2 (batch extractor 

bottom), V4, V5, V7, V9/V10 (depending on what feed position). V10-15 (always closed) 

• If a new cylinder is used, close V1. Open V7 very slowly. The bottle pressure can now be 

viewed on P4 which indicate the solvent pressure in the buffer vessel. Now open valve 

V1 slowly. 

• If a new solvent is used, vent the column and the separator. This is done through V11 (for 

column – one of the feed lines must be open), V13 (solvent removal after separator), V12 

(solvent removal  before buffer 

• Switch on the PLC power and connect with HMI (human machine interface) or computer. 

Set the valve opening at 20% open. 

• The solvent feed pump can now be started. On the mass flow meter the solvent flow can 

be evaluated and should be above 12 kg/h, otherwise the solvent bottle is empty and 

needs to be replaced. The solvent is allowed to recycle for 1 hour to ensure liquid hold-up 

and movement towards steady state. The stroke of the solvent pump is maintained at 65. 

Monitor the gas feed pressure.  If there is a significant increase above the normal bottle 

pressure then the solvent pump needs to be switched of immediately. 

• Two liquid levels are monitored:  column bottoms and separator. If liquid level in the 

column bottoms is too high, solute may be entrained with solvent to the separator, in the 

process upsetting the equilibrium. With to high levels in the separator, solute may escape 
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to the solvent buffer vessel and solvent heat exchange (cool solvent to liquid) and 

blockages can occur since solute solidifies at low temperatures. 

• Make sure that the solute feed box contains enough solute to last a full experiment. Solute 

feed is made up daily combining overheads and bottoms from previous experimental run, 

determining the ratio of tetradecane and 1-dodecanol and finally making up a 50% mass 

fraction of feed by adding some additional alcohol or alkane depending on the gas 

chromatograph analysis of stream constituents. 

• Start the solute feed pump briefly with valves V9 and V10 closed. Monitor the solute 

pressure. Switch of the pump if feed pressure exceeds column pressure. Open the valve 

for desired feed position (top- or mid-feed – V9/V10). The solute pump can now be 

started. Adjust stroke to desired level of solute mass flow rate. 

8.5.2 Operational procedures during an experimental run 

• The fixed valve opening setting is now changed to a pressure control setting. The desired 

operating pressure is adjusted on the numeric pad on the HMI by clicking on the Pressure 

Set Value button.  

• The extraction set pressure is slowly increased to the required extraction pressure. Once 

the extraction pressure is reached for the first time, the extraction cycle begins. 

• Depending on the quantity of solute that need to be extracted and the split (extract to feed 

ratio) achieved, the bottoms and overheads may have to be discharged periodically. 

• The system is allowed to reach steady state. Conditions of steady state are suggested by 

temperature that remains constant, steady mass flow through the mass flow meter and 

sequential mass calibration of bottoms and overheads producing repeatable results. This 

takes approximately 3 hours 

• Since the feed consist of 1-dodecanol and n-tetradecane at equal mass fractions, an ideal 

separator will produce an extract to feed ratio of 0.5 with 100% purity of the light 

component. Pressure thus needs to be adjusted to obtain an extract to feed ratio of 0.5.  

Mass flow of overheads and bottoms are calculated for 20 minute intervals. There is a 1 

minute lag between the bottoms and overheads since both cannot be removed 

simultaneously.  If the extract to feed ratio is similar for to mass flow calibration done 60 

minutes apart, steady state conditions is assumed. 

• When using reflux, a liquid level in the separator needs to be present otherwise it cannot 

be judged whether there is liquid hold-up or diminishing liquid which can lead to the 

reflux pump running dry. 
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8.5.3 Procedure upon completion of extraction run 

• Switch of the reflux pump (if reflux used). Close valve V4. 

• Switch the solute pump of 

• Reduce the set pressure in incremental values to 10 bar above the solvent storage vessel.  

• Empty the column bottoms by opening V2 

• Empty the separator bottom discharging through V5 

• Close V7 and solvent gas bottle 

• Stop the solvent feed pump 

• Close valves V1, V3, V6, V8 

• Switch of heaters H1 and H2 

• Switch of the cooling unit 

• Close the cooling water recirculation water (red valve on wall next to pump motor 

overload electronic box) 

• Switch of the main cooling water pump in pump room  

• Switch main power of to plant and other electronic devices. 

8.5.4 Safety requirements concerning pilot plant experiments 

Safety around the pilot plant revolves around the following: 

• High operating pressure 

• High temperature of the process 

• Properties of the solvent 

8.5.4.1 High pressure 

The entire pilot plant was designed and tested for pressures exceeding working pressures. 

Individual units are rated as follows: 

• Column:  Maximum 300 barA 

• Separotor:  Maximum 220 barA 

• Batch Extractor:  Maximum 320 barA 

• Solvent gas tank 100 barA 

• Solvent diaphragm metering pump: Maximum  260 barA 

• Solute diaphragm metering pump: Maximum 260 barA 

• Reflux diaphragm metering pump:  Maximum 300 barA 
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For safe operation, it is imperative to operate individual units according to their 

specifications. Pressure should be monitored constantly. There is no automatic emergency 

shut down or control procedure and therefore the pilot plant may not be left unattended 

during operation. Critical points that require continuous monitoring are the gas feed pressure, 

the column pressure and the separator pressure. Separator pressure should only be marginally 

above the gas bottle pressure. 

 

Should any pressure build-up occur, the solvent pump should be switched off immediately 

and valve V3 closed to prevent the column discharging to the separator. Excess pressure is to 

be vented and the cause established before continuing. 

Solute with low melting temperatures poses a threat of pressure build-up as a result of 

blockages from solidification. Heaters should be set at a value higher than these melting 

points and the plant allowed reaching thermal equilibrium before any pumping of solvent  

8.5.4.2 High temperature 

Operational temperature does not exceed 373 K. Care must be taken however with taking of 

samples from bottoms and overheads at these temperatures and accidental touching hot 

surfaces.  

Heaters can use either water or heating oil as the heating medium. When using water, care 

must be taken to not exceed 90 oC, since water evapouration can cause shell and tube heat 

exchanger to rupture (designed for liquid flow through tubular heat exchanger and boiling 

water may result in unwanted pressure increase on the shell side). 

8.5.4.3 Properties of the solvent 

Ethane is highly flammable. Pilot plant operation circulates the solvent in a closed circuit, but 

small leaks may occur. Precaution should also be taken in the event of loss of containment. 

• Keep air circulation fans on in the lab. Air in at top and out at the bottom. Big door 

should be kept closed to prevent air circulation to shortcut. Small door is opened 

marginally to assist ventilation. 
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• There should be no welding in the big lab and for approximately 90 minutes after an 

experiment. 

• The use of electric hand held equipment like grinders and drills may not be performed on 

the ground floor of the big lab and for 90 minutes after experiment 

• No vehicles are allowed in the lab. 

• Experiments are scheduled not to coincide with practical on the ground floor. 

• No experiments with deliveries of gas and steel. 

• Know where fire extinguishers are and how to operate them in case of an emergency 

 

Carbon dioxide is not flammable but poses a suffocation hazard when exposure is in 

confounded place. 

• Same ventilation as for ethane 

• Symptoms of suffocation are experienced when inhaling to large concentration of carbon 

dioxide. Care should be taken when sampling to prevent suffocation. Bottoms and 

overheads should be discharged slowly, maintaining a position away from this heavy gas 

tends to go 

• Carbon dioxide may solidify when expanded at high rates. This may cause blockages or 

valves that do not completely close. Care should be taken in the removal of gas, bottoms 

and overheads. 

8.5.4.4 General safety precautions 

• Pilot plant experiments should not be conducted alone or after hours 

• Emergency shut-down procedures need to be available at the pilot plant 

• Liquid levels should be monitored regularly. The most important being that of the 

separator to prevent solute exiting the separator to the solvent feed pump. The solute feed 

box should also be monitored periodically to prevent the solute pump from running dry. 

• Do not eat or drink when operating the plant. Reagents can be toxic for human 

consumption and might cause disease or illness.  Solute can come in contact with skin 

while discharging bottoms and overheads or sampling. 
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8.5.5 Emergency shut down procedure 

8.5.5.1 Pressure build-up 

In the event of pressure build-up occurring, the solvent feed pump needs to be switched off 

immediately and V3 should be closed to prevent column discharge to separator. The heaters 

should also be switched off. 

8.5.5.2 Loss of containment 

In the event of solvent containment being lost the following need to be done 

• Close the solvent container 

• Switch of all pumps 

• Close V7 

• Switch of the heaters 

• Leave the cooling water and chiller on 

• Open doors to maximise ventilation 

8.5.5.3 Fire 

The following should be done in the event of a fire. Actions should not be done at the 

expense of the safety and precaution. 

• Switch of the main power supply 

• Close the solvent bottle 

• Use an ABC fire distinguisher to extinguish the fire. 

8.5.5.4 In the event of a power failure 

The following actions should be taken in the event of a power failure. 

• Switch of the heaters 

• Close valves V1, V3, V6, V8 

• Release some pressure from column and separator. 

• Switch of the main power supply to the plant to prevent problems with the return of 

power 

8.5.5.5 In the event of cooling water failure 

Follow normal shut down procedure. 
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